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ABSTRACT 

The synthesis of middle distillate hydrocarbons via Fischer-Tropsch (FTS) 

is a proass strongly influenced by intra-catalyst mass transport limitations. This 

is due to the slow diffusion of high-molecular-weight paraffins inside the catalyst 

pores. 

The present study considen 'eggshell" catalysts reducing transport 

restrictions and therefore increasing reaction rates and Cc selectivity. Cobalt- 

zirconium eggshell catalysts were prepared, characterised and tested for the 

production of heavy paraffinic ails via FTS. A standard (uniformly impregnated) 

catalyst was also wnsidered as a reference. Characterization was performed 

using BET surface ana, Temperature Programmed Reduction (TPR), Atomic 

Adsorption (AA), and Optical Microscopy. Reaction testing was developed in an 

intemally recycled Berty reactor at 210 O C  and 1.52 MPa, using a stoichiometric 

feed of H2/C0 = 2.0 with a gas hourly spaœ velocity (GHSV) of about 350 hm'. 

Evaluation of eggshell catalysts revealed a higher carbon monoxide conversion 

(per metal site) than the standard catalyst. There were also signilcant gains in 

produd hydrocarbon distribution within the CIO-Czo paraffin hydrocarbon range. 

Following this, the effect of various operating conditions such as 

temperature, pressure, GHSV and H21C0 inlet ratio on the eggshell Co-Zr 

catalyst performance was evaluated. It was found that the type of catalyst 

selected and the operating conditions have an important effect on CO 

conversion, product seledivity and hydrocarbon distribution. On this basis a 

iii 



suitable kinetic model was developed. This kinetic model was further applied to 

the simulation of a multi-tubular fixed-bed reactor for converting synthesis gas via 

FTS process. 

The FTS is a highly exothermic reaction requiring efficient heat removal. 

The present study considers the Pseudo-adiabatic operation (PO), a new mode 

of operation for multi-tubular fixed-bed catalytic readors. With this end in view, a 

one-dimensional pseudo-homogeneow model was solved numerically for 

various reactant and coolant temperatures, coolant and reactant flows and total 

pressures. Two characteristic regimes were identified: a) temperatures showing a 

maximum at a finite axial reactor position (hot spots inside the unit or MFARP), b) 

temperature always increasing with the axial reactor coordinate (PO). Simulation 

results demonstrate that the PO is a viable operation regime for a FTS based on 

the use of an 'eggshelln catalyst. 
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CHAPTER 1 

INTRODUCTION 

In 1973, the oil crisis prompted considerable world interest in the 

production of liquid fuels. A major reason for this was the vital importance 

of reliable supplies of liquid hydrocarbons to the industrialized world. As a 

result, the Gulf crisis accelerated the search for alternate and economic 

energy sources. 

Coal and natural gas world reserves are far in excess of those of 

crude oil and this creates an incentive for the conversion of coal and 

natural gas into transportation fuels. 

Because of the vast coal reserves, much attention was initially paid 

to the development of indirect coal liquefaction, coal gasification followed 

by hydrocarbon synthesis. However, the high level of capital investment 

involved and the environmental problems associated with are still major 

barriers on the commercial application of the process. 

On the other hand, natural gas is well known as a clean, efficient 

energy source. As well the evolution of proven natural world gas reserves, 

about 4000 trillion cubic meter (Wender, 1996), shows an expected shift 

towards the use of natural gas as a feedstock for manufacturing 

transportation fuels and even petrochemicals on a large scale. 



Recognition of this situation led to an increased interest in new 

emerging technologies, which can efficiently convert natural gas into liquids 

and higher added-value-products. Most of these technologies involve the 

initial conversion of natural gas into syngas, a mixture of hydrogen and 

carbon monoxide, followed by additional processes to obtain the desired 

liquid products. 

The principal uses of syngas are given in Figure 1.1. The major 

commercial, near commercial and potential commercial chemical uses of 

syngas are outlined in Figure 1.2. 

Figure 1.1. Principal commercial uses of synthrsis gas (Maxwell and 
Naber, 1992) 
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Figure 1.2. Commercial, near commercial and potential chemicals 
from synthesis gas (Wender, 1996) 

For more than sixty years, hydrocarbons synthesis via FTS has been 

considered as an attractive technological option for fuel production. 

Following the 1973 and 1987 oil crises, FTS has been revitalized given it 

provides one of the best alternatives for clean fuels (Siri et ai, 1993). 

The FTS is usually carried out using iron, cobalt or ruthenium 

catalysts. In cases where Fischer-Tropsch has been used at the industrial 

scale, iron (or cobalt) is the essential catalyst component. Hydrocarbons 

are formed by a chah growth mechanism, which follows the Anderson- 

Schultz-Flory (ASF) distribution. 



It has to be mentioned that recent developments, in the Fischer- 

Tropsch technology, are focused on the production of high molecular, 

straight chain waxes, which in turn can be hydrocracked to products in the 

middle distillate range. A key element in this innovation is the development 

of new and more active cobalt catalysts (Wender, 1996). 

It has been apparent that, in the Fischer-Tropsch synthesis 

conducted in the solid-catalyzed gas-phase reaction systern (fixed bedlgas 

phase reactors), the iron (or cobalt) based catalysts operate under diffusion 

limitations. This is presumably due to the formation of condensed 

hydrocarbons. This condensed phase fills the pores of the catalyst and 

limits intraparticle rnass transfer (Post et al., 1989). Liquid diffusivities are 

typically l o 3  to lo4 times smaller than gas diffusivities (Reid et al., 1987). 

Several experirnental studies (Iglesia et al., 1991 ; Sie et al., 1991 

and Post et al., 1989) describe the role of transport restrictions on FTS. 

These studies indicate that transport limitations influence considerably 

hydrocarbon synthesis rates and selectivity with two major diffusional 

effects identified: a) slow removal of reaction products from catal yst pellets, 

b) delayed arriva1 of reactants to the catalytic sites. 

Thus, design of catalysts able to prevent or minimize these effects is 

a rnost interesting research subject. Eggshell catalysts, where the active 

metal (Fe or Co) is located preferentially near the outer pellet surface can 

be a solution to this problem. The eggshell catalyst reduces the severity of 



these transport limitations and leads to higher synthesis rates and Cs+ 

selectivity. Note that the benefits of non-uniform intrapellet site (catalytic 

site) distributions have been previously reported for other catalytic 

reactions (Lee and Aris, 1984; lglesia et al., 1995). 

Another important matter concerning FTS is given by the very 

exothermic character of this reaction taking place in a relatively narrow 

temperature range (Senden et al., 1992). Sol when the FTS is conducted in 

a solid-catalyzed gas-phase reaction system, the FTS is accornpanied by 

local overheating of the catalyst. Local overheating of the catalysts may 

lead not only to catalyst deactivation but also to an increase in methane 

selectivity (Adesina, 1996). Thus, an efficient and rapid system for the 

removal of the large heat of reaction (-AH = -(165 - 240) kJlmol) is a major 

factor in the design of FTS reactors. 

Some of the earliest FTS processes employed a multitubular fixed 

bed reactor with a hot gas recycle, sirnilar to those employed for ammonia 

production. These reactors usually have 'hot spots", which may lead to 

'runawayn reactions producing catalyst attrition and carbon deposition. 

A mode of operation for exotherrnic reactions the so-called 

Pseudoadiabatic Operation has been developed in order to control, in 

multitubular fixed bed reactors, runaway behavior (de Lasa et. al., 1982). 

The Pseudoabatic Operation (PO) is a mode of operation for packed- 

bed catalytic reactors where a gradua1 increase of the axial reactor 



temperature takes place while the reactor is being cooled concurrently. This 

reactor design was invented by UWO researchers (de Lasa, 1990; de Lasa, 

1987; de Lasa, et al., 1986; Soria Loper et al., 1981) and successfully 

tested for methanol-to-gasoline (MTG) reaction (de Lasa, et al., 1989; 

Ravella, et al., 1989; Ravella, 1987; Ravella, and de Lasa 1987b; Ravella, 

and de Lasa, 1987a) and for the conversion of synthesis gas into gasoline 

range products (Simard et. al., 1991 ; and Simard, 1991). 

This type of operation has demonstrated intrinsic advantages, such 

as a) better control of temperature distribution, b) thermal syrnmetry (al1 

tubes in the multitubular unit have the similar temperature profile), c) less 

parametric sensitivity, and d) adequate product distribution. 

Given these facts it is the goal of this study to examine the suitability 

of the PO reactor for FTS using eggshetl catalysts. Kinetics models, to be 

used in the simulation, are going to be the ones developed in the context of 

the present research. 



CHAPTER 2 

SCOPE OF THE RESEARCH 

A main goal for this thesis is the demonstration of the viability of the 

Pseudoadiabatic reactor for the conversion of syngas (carbon monoxide plus 

hydrogen) into middle distillate hydrocarbons (C10-C20) using a Fischer-Tropsch 

Synthesis catalyst based on the eggshell design. 

Wth this end in view the present thesis was organized as follows: 

Selaction and Developrnent of the appropriate catalytic materials for FTS. 

It was expected this task should include the methods for preparation and 

characterization of the selected eggshell catalysts based on cobalt/zirconium 

supported on silica. 

Study of the influence of operating conditions on the performance of the 

eggshell cobalt-zirconium catalyst using a Berty reactor. 

It was planned that this readion testing could provide information about CO 

conversions, product and hydrocarbon distribution. It was also envisioned that 

this data could help clarify the ability of the eggshell catalyst to yield 



signifiant fractions of paraffinic hydrocarbons in the middle distillate range 

(C10-C20). 

Design and development of an experimental plan. Kinetic Modelling. 

There was expectaüon that the experimental plan of the present study was 

going to be suitable for the development of a kinetic expression adequate for 

the calculation of reaction rates and reaction rate parameters for eggshell 

catalysts. 

Computer modelling of the pseudo-adiabatic reactor using an egg shell 

catalyst. 

For this topic of the study, there was the intent that a numerical simulation of 

a continuous fixed bed catalytic reactor based on a pseudo-homogenous 

model was going to confim the value of the pseudo-adiabatic regime for FTS. 

It was also part of this plan to incorporate kinetic models, also developed in 

the present study, as main tools for reador modelling and reactor simulation. 



CHAPTER 3 

LITERATURE SORVEY 

3.1. Introduction 

The conversion of synthesis gas to hydrocarbons (higher paraffin) has 

been extensively covered in the technical literature during the last ffteen years. 

In this respect, particular emphasis has been given to the matters concerning the 

Fischer-Tropsch synthesis (FTS) proœss in fixed bed catalytic reacton. 

In the first section of this literature review, the Fischer-Tropsch synthesis 

(FTS) , its selectivity problems and the Fischer-Tropsch processes will be briefl y 

reviewed. Following this, the important questions of reactor configuration, non- 

adiabatic reactor designs and the specific pseudoadiabatic reactor will be 

discussed. Finally, a review on the modeling and on the simulation of a fixed-bed 

reactor under pseudoadiabatic operation will be presented. 

3.2. Historical Background 

The Fischer-Tropsch (FT) process was the first one used to convert 

syngas to liquid fuels in a commercial scale. In 1902, Sabatier and 

Senderens reported the synthesis of methane frorn carbon monoxide and 

hydrogen in the presence of nickel and cobalt catalysts. In 191 3, BASF 

obtained patents for the manufacture of liquid hydrocarbons from synthesis 

gas at high pressure, mostly on oxide catalysts. In 1923 Franz Fischer and 



Hans Tropsch synthesized higher hydrocarbons using iron and cobalt at 

low pressure. Several countries, including England, Japan and United 

States, initiated studies on the F ischer-Tropsch Synthesis (FTS) as early as 

1926 (Wender, 1996). 

In 1931, Fischer and K. Meyers developed Ni-Tho2-Kieselguhr and 

Co-Tho2-kieselguhr catalysts for FTS. Frorn 1935 to 1945 the FTS was 

operated commercially in Germany using Co catalysts. It was found that the 

best performance of the catalysts was achieved when the reactor was 

operated in the middle pressure range, 0.5-2.0 KPa. After World War II, 

cobalt catalysts were replaced however, with alkalized iron catalysts for 

economic reasons (Anderson, 1984). 

The manufacture of FT products, in Germany, during World War Il, 

reached a maximum development in early 1944, mainly in the form of motor 

fuels. After the war the process was further developed and especially on its 

medium-pressure version using fixed-bed reactors (ARGE). In 1950, a 

fluidized-fixed bed process for the FTS, developed by Hydrocarbon 

Research, was installed in Texas. Syngas was obtained by reforming 

natural gas. The plant operated only briefly as the increase in natural gas 

prices made it uneconornical (Anderson, 1984). 

At about the same time, in South Africa, the Sasol FT plants were 

built and their commercial operation started in 1955. Two types of reactor 



were used: ARGE fixed-bed and Kellog's circulating-fluid bed reactors 

(Anderson, 1984). 

The oil crisis of 1973 initiated quite a number of new developrnents 

to convert unconventional feedstocks to hydrocarbon products. As a result 

of that, in the late 1970s Sasol started building two new plants, which 

becarne operational in the early 1980s. 

In 1985, Shell announced the development of a two-step process for 

middle distillate synthesis (SMDS). In the first step, the Fischer-Tropsch 

synthesis was carried out in a fixed-bed reactor using a cobalt based 

catalyst. The FTS was operated under conditions where production of 

higher hydrocarbons (waxes) were favoured. The second step was a mild, 

trickle-flow hydrocracker handling the wax fraction and producing middle 

distillates (Sie et al., 1991). 

In New Zealand, a methanoi plant operating on natural gas and 

based on Mobil's MTG technology (Mobil methanol-to-gasoline) came on 

stream in 1985. First the syngas produced from natural gas is converted to 

methanol. Following this, methanol is transformed into gasoline via the 

MTG process (Wender, 1996). 

3.3. Synthesis Gas Conversion into Higher Paraffins. 

Synthesis gas (syngas), a mixture of hydrogen and carbon monoxide, can 

be rnanufactured mainly from coal, natural gas and petroleum. Syngas is, at the 

present time, increasing its importance as a source of environmentally clean 



fuels and chernicals. Different alternatives have been considered for the effective 

utilization of syngas: methanol manufacturing and FTS (Wender, 1996). 

The Fischer-Tropsch synthesis is essentially a polymerization process. 

Perhaps a better definition is to consider FT as an oligomerization, since in most 

cases the average rnolecular weight of the product is not very high. Carbon- 

carbon bonds are formed between C atoms proceeding frorn carbon monoxide, 

under the influence of hydrogen and a metal catalyst. This also leads to the 

formation of water by an elimination reaction. 

Wthout willing to provide a detailed discussion of the reaction mechanism, 

the main reaction of the Fischer-Tropsch (FT) sy nthesis may be represented as: 

Proper selection of catalysts (iron, cobalt, nickel, and ruthenium) and 

reaction conditions, yields a variety of products such as: parafins, olefins, and 

oxygenates (alcohols, aldehydes, ketones, acids, and esters) (Roper, 1 983). 

Fischer-Tropsch liquids obtained using cobalt catalysts can be considered 

equivalent to very paraffinic natural petroleum fractions. However, the FTS 

products are not a so complex mixture. Straight chain saturated aliphatic 

molecules and monoolefins are typical FTS constituents with alcohols, fatty 

acids, and other oxygenated compounds representing less than 1% of the total 

liquid product (Kirk-Othmer, 1986). 



The molecular weight distribution of FTS products can be described 

with relatively simple equations, originally developed for polymerization 

processes. These equations consider the probability of chain growth and 

chain termination (Snel, 1987). Roper (1 983) postulated a mechanisrn in 

which after each incorporation of a Ci monomer, derived from CO, a further 

propagation step rnay occur. These two steps, propagation and termination, 

may occur with different rate constants, kl and k2, as illustrated bellow: 

In this simplified scheme it is assumed that under steady-state 

conditions, k1 and kz are independent of chain length with Cl being the 

rnonomer inserted (Roper, 1983). 

Under these conditions the carbon-number distribution of FT 

products can be described by the so-called Anderson-Schultz-Flory (ASF) 

distribution in which Wn, fraction of molecules having n carbon atoms, 

decreases according to a geometric progression. 



Note that the distribution function (Eq. 3.2) contains a simple a 

parameter which is equal to kll(kl+k2). 

Moreover. Eq. (3.2) can also be written in the logarithmic fomi as: 

Wn (7 - a>' log- = nloga + log- (3.2a) 
n a 

Therefore, the slope of a plot of log (Wnln) versus "nn gives the "log 

a" or a, the chain growth probability (Iglesia et a1.,1992). This relationship 

is illustrated in Fig. 3.1 for a variety of industrial catalysts. 

It is important to mention that the ratio kllk2, which can be obtained 

from the slope log a of Fig 3.1, provides an indication of the distribution of 

molecular weights synthesized. If kl k2. a + O and correspondingly 

(- log a) is very large, then essentially low molecular weight products 

such as methane or C2-C4 are formed. On the other hand, if kr J k2, a + 

'/a and (- log a) is in the middle range. This yields oligomers with a wider 

distribution, e.g. Cl .... CiS. Finally, if kz k ~ ,  then a + 1, and (- log a) -, 

O. In this last case the reaction produces a very wide distribution including 

high molecular weight products like paraffinic oils and waxes. 

An important consequence of the sequential chah-growth 

mechanism is that is not possible to exclusively synthesize a paraffin of a 

particular carbon number or to synthesize a paraffin fraction of a specified 

narrow range of chain lengths (refer to Fig. 3.2). The only exceptions to this 



rule are the single-carbon products methane and methanol, which can be 

obtained with high selectivity. 

It is important to mention that once the a parameter or (-log a) is set, 

the whole product distribution is determined (Roper, 1983). 

Figure 3.1. Product distribution found for industrial catalysts tested 
under FTS conditions (RBper, 1683). 



DEGREE OF POLYMERtZATlON 

Figure 3.2. Selectivity limitations on Fischer-Tropsch synthesis as 
determined by the ASF distribution function (Roper, 1983). 

Thus, the FT reaction invariably gives rise to a product, which is a 

complex mixture of light and heavy hydrocarbons. However, this product 

distribution can be changed within the constraints of this model (ASF model) by 

the appropriate choice of catalyst, reactor and operating conditions. Therefore, 

the value of the 'd parameter can be shifted, and accordingly different 

hydrocarbon product ranges can be obtained. 

As illustrated in Fig. 3.3, it is possible to obtain, using different catalytic 

formulations and operating conditions, a-values varying from 0.71 to 0.93. 
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CARôON NUMBER 

Figure 3.3. Typical carbon number distributions for various catalytic 
systems and operating conditions. (Sie et al., 1991). 

Deviations from the ASF distribution are possible if secondary reactions, 

such as cracking on acidic supports or insertion of product olefins into the 

growing chain, occur. This behavior (Fig. 3.4) has been explained considering 

two possible types of catalytic sites leading to different hydrocarbon chain 

formation, each one with a slightly different value of the chain growth probability 

(Huff and Satterfield, 1964). As a result superposition of distributions wiai 

different a parameters creates a deviation from the classical ASF. 

Recently, using Ru (and Co) catalysts, a non-ASF distribution has been 

associated to diffusional problems. It is believed that the transport-lirnited 



removal of a-olefins from catalyst pellets enhances re-adsorption rates (Iglesia 

et. al, 1991). In this respect, it has been suggested that the long chains aslefins 

are re-adsorbed with only a negligible amount of the short a-olefins following re- 

adsorption steps. All this yields a net chain growth probability, which is higher for 

high carbon numbers and causes as a result a larger CIO' selectivity than the 

ones predicted by a simple ASF distribution (Kuipers et al., 1995). 

Figure 3.4. ASF distribution for a nitride fused-iron catalyst (Huff and 
Satterfisld, 1984) 

3.4. Geneml Aspects of the Fischer-Tropsch synthesis 

3.4.1. Stoichiometry and Themodynamics 

A large number of reacüons ocwr during FTS. These reactions can be 

represented by a number of stoichiometric equations whose relative importance 

depend on catalysts used and reacüon conditions adopted (Roper, 1983). 



Hydrogenation of carbon monoxide in the presence of cobalt or nithenium 

catalysts can be represented by eq (3.3). Note that the hydrocarbon synthesis is 

generally accompanied by the production of water: 

C0+2H2 -+ -(CH2)-+H20 (AH ~ ( 2 2 7  = -1 65 kJ) (3.3) 

In the presence of iron catalysts, however, carbon dioxide formation 

becomes more significant, 

2CO+H2 + -(CH2)- + COz (AH ~ ( 2 2 7  .CI = - 205 kJ) (3-4) 

In practice, eqs (3.3) and (3.4) are linked via the water gas shift reaction: 

CO + H20 -+ COz + H2 (AH ~ ( 2 2 7  OC) = - 40 kJ) (3-5) 

Linear combination of eqs. (3.3), (3.4) and (3.5), gives two equations as 

follows: 

3CO+ H20 + -(CH2)- + 2C02 (AHRcur .ci = - 245 kJ) (3-6) 

C02+3 H2 + -(CH2)- + 2 H20 (AHR(227 = - 1 25 kJ) (3-7) 

Eq (3.6) describes the hydrocarbon synthesis from carbon monoxide and 

water vapor, also known as K6lbel-Engelhardt synthesis, while eq (3.7) 

represents the hydrogenation of carbon dioxide. 

Morever, the undesired formation of methane and carbon deposition 

(Boudouard equilibrium) can also contribute to the FT synthesis. 



It is known, however, that in the temperature range commonly used for 

FT synthesis, the selectivity, found in practice, is quite different from the one 

expeded from themodynamic calculations (Dry, 1981 ). Consequently, these 

reactions are obviously kinetically controlled and the produd distribution may be 

strongly influenced by catalysts selected as well as by reaction conditions 

adopted. 

The synthesis of hydrocarbons from CO and H2 is, under the usual 

reaction conditions, a strongly exothennic reaction, generating in the range 146- 

176 kJ per mole of CO (Storch et al., 1951). Since the product distribution 

depends significantly on the reaction temperature, heat removal is a very 

important factor in reactor design. Also, excessive catalyst temperatures can 

lead to undesirable products, carbon deposition, and catalyst deactivation or 

even catalyst disintegration. 

Anderson (1984) has given an excellent summary of the thermodynarnics 

of the FT synthesis. The following major conclusions can be drawn as follows: a) 

Methane production is always thermodynarnically preferred over reactions 

producing alcohols, alkenes, and higher alkanes; and b) Selecüvity towards 

these products follows generally the order: alkanes > al kenes > alcohols. 

3.4.2. Fischer-Tropsch Mechanisms 

A basic problem of the Fischer-Tropsch synthesis is the control of product 

selecüvity and this is closely related to the reaction mechanism. One of the 

earliest mechanisms proposed in 1926 is the surface carbide hypothesis by 



Fischer and Tropsch (Storch, et al., 1951). It was argued that the formation of 

olefinic and paraffinic hydrocarbons occurs by polymerkation of methylene 

radicals, via hydrogenation of the surface carbides. This mechanism was, 

however, disregarded given that it cannot explain the hydrocarbon synthesis with 

catalysts of the iron group (Storch, et al., 1951 ). 

Another mechanism proposed (Vannice, 1975; Storch, et al., 1951) 

involves surface intemiediates of the type RCOH. These species polymerize by 

hydrodacondensation to form oxygenated or olefinic and saturated 

hydrocarbons. Pichler and Schulz in 1970 also suggested another mechanism 

involving repeated insertion of CO in the metal alkyl bond (Dry, 1996). 

In any extent. mechanistic postulations (Zagli, et al., 1979; Dwyer, and 

Somojai, 1979; Biloen, et al., 1979; van Barneveld, and Ponec, 1978) 

consistently support a reaction that starts with CO dissociation. Ponec (1 978) 

and Araki and Ponec (1976) concluded that HZ and CO are adsorbed 

dissociatively on the catalyst surface and this is the main route to the formation of 

methane. 

Furthemiore, over the last twenty yean, with the development of new and 

sophisticated surface analytical techniques, it appears there is general 

consensus that carbene (=CH2) species are involved in the chain growth 

mechanism with CO insertion accounting for the formation of oxygenates (Dry, 

1 996). 

In summary, while there are different possible reaction mechanisms 

proposed to explain the FTS, the subject still remains controversial. Among these 



the most relevant mechanistic formulations are: a) the CH2 insertion, b) the CO 

insertion, c) the enolic mechanism, d) the alkoxy mechanism (Adesina, 1996) 

However, it is being hypothesized that FTS has to be seen as a network 

of physical and chemical steps, with the following being suggested: (i) reactant 

adsorption, (ii) chain initiation, (iii) chain growth, (iv) chain temination, (v) product 

desorption and (vi) re-adsorption and further reaction. It is important to highlight 

that chain growth (Fig. 3.5) and termination could proceed in various possible 

ways with the type of catalyst and process conditions playing an important role. 

+ CO, Hz + CO, H2 ----+ CF, + CO, Hz 
CO + HZ c; O ' 

Figure3.5. Simplified reaction mechanirm for Fischer-Tropsch 
synthesis. (Bub and Baerns, 1980) 

While trying to elucidate the readion steps, a vaflety of active species 

have been detected on the surface of the FTS catalysts, namely: C, CO, CO2, Hl 

HCO, OH, H20, O (Sarup, and Wojciechowski, 1989). These species may be al1 

present on the catalyst surface and may be involved in different extents in both 

the growth and the termination steps. For that reason, it is generally 



acknowledged that the surface of a FT catalyst is very complex and it also has a 

heterogeneous charader. 

3.4.3. The Kinetic Rate Expression 

As stated in the previous sections of this review an appreciable amount of 

theoretical and empirical evidence has been published on the mechanism of the 

Fischer-Tropsch synthesis. However, until today a final conclusion has not been 

reached about a comprehensive readion kinetics. FTS involves a complex 

network of reactions with a plurality of reaction parameters (temperature, 

pressure, synthesis gas composition, catalyst, mass and heat transfer) . 

Vannice (1975) has summarized the most important kinetics expressions 

before 1974. In 1988, Wojciechowski (1 988) reviewed major kinetics models. 

From the analysis of these two reviews, two different general kinetics 

expressions can be advanced: 

a) Power law 

b) Langmuir-Hinshelwood-Hougen expression 



where, km, in the eq.3.10 represents an empirical rate constant and m and n the 

reaction orden with respect to H2 and CO partial pressures, respectively. 

In the case of eq. (3.11), 'a" and 'Kin are kinetics and adsorption 

equilibrium constants respectively. Parameters m and n are related to the 

molecularities of the rateiletermining step and q and di represent the surface 

coverage related parameters. 

Another interesting observation on the kinetic model is the general 

agreement that the rate-controlling step is a bimolecular surface reaction, as 

evidenced by the power two in the denominator of the rate equation. 

In general, the kinetic data consistently shows that over a wide range of 

conditions, and with a wide variety of catalysts, the rate of CO conversion in the 

Fischer-Tropsch reaction displays a linear dependence with respect to the 

hydrogen partial pressure. The influence of CO partial pressure could Vary from 

negative (-1) to mildly positive (0.5) or positive (1) with this order depending in 

some cases on the H2/C0 ratio. 

Thus, there is a divenity of reaction orden and this may be partially 

assigned to the different specific surface area of the catalysts studied, in many 

cases not measured. In addition to this there are differences between 

laboratones in methodologies for data interpretation and differences on synthesis 

gas conversion, and catalyst pretreatment. All this makes direct comparison of 

kinetic models rather difficult. 



Proposed rate expressions for FTS display a wide range of rnathematical 

forms and this may be partly the result of the considerable variation in reaction 

conditions studied. Many of the earlier work, were perfomed in integral Cxed-bed 

reactors. lntegral kinetic data for complex reactions, case of Fischer-Tropsch 

synthesis, are difficult to be analyzed given the problems of rnaintaining 

isothemial conditions. More specifically over cobalt catalysts, a significant 

number of kinetic studies of the Fischer-Tropsch synthesis have been developed 

(Storch et al., 1951; Anderson, 1956; Yang et al., 1979; Bub and Baems, 1980, 

Pannell et al., 1980;; Rautavuoma and van der Baan 1981; Dixit and Tavlarides 

1 982; Wojciechowski, 1 988; Sarup and Wojciechowski, 1989; Post et al., 1 989; 

Yates and Satterfield 1991; lglesia et al., 1993). A consistent result, however, is 

given by the fad that rate equations show that carbon monoxide inhibits the FTS 

synthesis rate. 

3.4.3.1. Power Law Rate Equations 

Pannell et. al. (1980) studied the Fischer-Tropsch produd distribution over 

cobalt catalysts in a intemal recycle reactor. These authors found a power rate 

eqwtion with the following mathematical fom, 

In an agreement with this, rate expressions developed by Yang et.al. 

(1 979) and Wang (1987) using cobalt-based catalysts postulate the following: 



Note that in eqs (3.12), (3.1 3) and (3.14) there is a negative power 

assigned to the carbon monoxide partial pressure and this suggests, as 

advanced, inhibition by adsorbed CO. 

Furthemore, a kinetic rate equation developed by Post et. aL(1989) using 

a cobalt catalyst on silica, 

rn n - rco = ~COPHZPCO (3.1 5) 

displays a first order in hydrogen gas-phase concentration (m = 1) and zero order 

in carbon monoxide gas-phase concentration (n = O). The value of n = O 

suggests that inhibition exactly compensates an expected order of one for CO. 

3.4.3.2. Langmuir-Hinshelwood-Hougen Models 

A typical exampfe of the Langmuir-Hinselwood-Hougen models is the one 

of Anderson (1 956) where the FTS rate is proportional to the desorption of chains 

with the concentration of growing chains on the catalyst being empirically related 

to p2,,p, : 

Rautavuoma and van der Baan (1981) studied the kinetics of the Fischer- 

Tropsch reaction using a cobalt catalyst supported on alumina. These authon 



examined five possible rate determining steps. The expression most favoured to 

fit their data best is the following: 

Note that the kinetic rate given by eq. (3.17), is consistent with a 

rnechanism in which the FTS reaction proœeds via CO dissociation and 

formation of a " -CH2-" surface intenediate with the formation of these surface 

intemediates as the ratedetennining step. This model also allows for hydrogen 

adsorbed dissociatively, with dissociated CO being however the predominant 

surface species. Therefore, the terrn for dissociated H2 is not included in the 

denominator of the rate expression: 

In other published work, Sarup and Wojciechowski (1989) described six 

difierent possible mechanisms for the Fischer-Tropsch reaction on cobalt 

catalysts. Four of the proposed expressions hypothesize that dissociated CO 

participates in the reaction, while the other two postulate that CO is adsorbed but 

not dissociated. 

In spite of these differences al1 of the hypothesized reaction mechanisms 

considered by Sarup and Wojciechowski (1989) involve a bimolecular surface 

reaction, and thus the denominator of the rate models is consistently squared: 



with: a, b, c and d being model-specific temperature-dependent constants. 

More specifically, Model 1 (eq. 3.19) requires that the hydrogenation of 

surface carbon or of surface oxygen be rate limiting. This demands reversibility in 

the dissociative adsorption of CO. Model 5 (eq. 3.20) however implies 

revenibility of molecular CO adsorption only. Note that Model 5 (eq. 3.19) 

appears to be in agreement with the general concept that CO dissociates 

irreversibly on Fischer-Trospch catalysts. However, based on the experimental 

data, Sarup and Wojciechowski (1989) state that they were unable to distinguish 

between Models 1 and 5. 

Another kinetic expression, in ternis of Langmuir-Hinshelwood-Hougen 

fom, which only contain h o  adjustable parameters was developed by Yates and 

Satterfield, 1991 (eq. 3.21). One of these parameten represents a surface rate 

constant and the other an adsorption coefficient. These authors considered that 

additional adjustable parameters make the kinetics expression unnecessarily 

complex without adding to it significant physicochemical information. 



3.5. Catalyst design and development 

A key element in the Fischer-Tropsch processes is the developrnent of 

active catalysts. A Fischer-Tropsch catalyst usually consists of an active metal, 

oxide promoter(s) and a support. 

3.5.1. Catalyst metals. 

As early as 1902 Sabatier and Senderens reported the first catalysts 

developed for the CO hydrogenation. These authors observed the production of 

methane over a nickel wire. Subsequent studies showed that Co and Fe were 

also good metals for FTS. These studies were particularly valuable to 

demonstrate the production of higher hydrocarbons. Nowadays, it is generally 

accepted that most of the Group Vlll metals have rneasurable CO hydrogenation 

activity yielding different product distribution (Adesina, 1996). 

It has been observed that the specific activity for CO hydrogenation of 

Group VI1 metal can be ranked as follows: Ru > Fe > Ni > Co > Rh > Pd > Pt. 

However, the average hydrocarbon molecular weight decreased in the following 

order: Ru > Fe > Co > Rh > Ni > Ir > Pt > Pd (Vannice, 1975). Although several 

metals are active for the FTS, only iron and cobalt catalysts appear economically 

feasible on an industrial scale (Biloen and Sachtler, 1981). Moreover, while it has 

been deterrnined that nickel is very active for FT synthesis, too rnuch methane is 

formed making Ni unsuitable. On the other hand, Ru is too expensive and this is 

because of its very limited availability (Dry, 1996). 



Regarding Fe-based catalysts one of its main advantages is that iron is 

relatively cheap, and this was one of the reasons of its selection in pioneering 

research studies in Gemiany. 

The Fe-based catalysts have to be used, however, at higher pressures 

than the Co-based catalysts and this implies a major cost in the gas compression 

system. Additionally, under TT synthesis conditions, Fe readily fomis oxides, 

carbides, nitndes and carbonitrides which are also al1 active for FT synthesis 

(Anderson, 1984). 

Furthemore, as Fe-based catalysts work at higher temperature than Ni 

and Co-based catalysts they display a stronger tendency to produce elementary 

carbon (Boudouart reaction) and this leads to catalyst deadvation. In fact, the 

formation of Co and Ni carbides is themodynamically unfavoured at FT 

synthesis conditions (Adesina, 1996). 

Regarding the Fischer-Tropsch readion with cobalt-based catalysts, 

readion products consist of a broad spectrum of linear saturated hydrocarbon 

molecules containing from 1 to over 40 carbon atoms. It has been established 

that cobalt is not very adive for the water gas shift reaction, (Bruce et al., 1993) 

and this is in sharp contrast with the performance of iron-based Fischer-Tropsch 

catalysts. Note that with cobalt catalysts only a small fraction of the water 

produced is subsequently converted to carbon dioxide. 

Under reaction conditions the metallic state has been assumed frequently 

as essential for the catalysts of the FT synthesis. Also another state (oxydic or 



carbidic) may be present and in al1 these states physisorption andlor 

chemisorption of the CO or Hp is possible. 

The nature of CO and H2 adsorption and the resulting interaction on 

Group Vlll metals apparently detemiine the effectiveness of FTS catalysts. It has 

been shown that with these metals both CO and H2 compete for the same sites 

with CO adsorption k ing  several times stronger than Hz adsorption (Adesina, 

1 996). 

3.5.2. Supports 

The most popular supports for the FT catalysts are silica, alumina, 

magnesia, titania and zirconia. Recently, zeolites have been incorporated as 

supports for FT catalysts specially when the target of the synthesis are 

hydrocarbon fractions rich in light olefins. 

Seledion of the appropriate support for FT catalysts depend of several 

factors. Arnong them basicity, dispersion, electronic modifications and strong- 

metal support interactions are important parameters that affect their overall 

performance. In this respect, previous studies (Reuel and Bartholomew., 1984; 

Bessel, 1995 and Zowtiak and Bartholomew, 1983) demonstrated that different 

supports significantly influence the rnorphology, adsorption and activity/selectivity 

properties of cobalt. 



3.5.3. Promoters 

Catalyst promoters can be divided into two groups according to their mode 

of action. In the first group there are oxides, which are difficult to reduce, such as 

Sioz, AI2Oa Thoz, and ZnO. These oxides are frequently called structural 

promoters, since they provide a large surface area and prevent transferring and 

sintering of the active catalyst. 

In the second group, chemical promoten, such as alkalis and their salts 

can be cited. These promoten work by mechanisms still not clearly understood 

transfering electrons to the catalysts or even blocking pores (Wender, 1996). 

The increment of the advity of FT catalysis caused by the incorporation of 

promoters have been explained by Ali et al, (1995) according to the following 

functions: 

Promoters enhancing the CO dissociation and the overall rate of synthesis, 

Promoten shifting the selectivity in FT synthesis to higher hydrocarbons, 

Promoters favoring the formation of unsaturated products, 

Promoters affecting selectivity or in other words detenining in which extent 

the FT synthesis of hydrocarbons are accompanied by other reactions. 

3.5.4. Preparation method 

Fischer-Tropsch catalysts are often prepared by precipitation, 

impregnation, ion exchange, synthesis from organometallic compounds and 



vapour phase deposition in which the metal precursor is loaded ont0 the support 

metal (Adesina, 1996). Nomally, after support impregnation, catalyst drying and 

calcination are carried out. 

Catalysts activation by reducüon of the metal precursor to the metallic 

phase is required to perfom the FT synthesis. Obviously, the interrelations of 

catalyst composition and preparation conditions detenine the activity and 

selectivity behavior for a given set of process parameters. 

Recently, lglesia and coworkers (1993) have considered a catalyst 

preparation methodology, where the active metal has a non-uniform distribution 

into the support. They proposed an eggshell catalyst, in which the active metal is 

preferentially located near the outer pellet surface. 

It is known that transport restrictions are cornmon during the FT synthesis 

due to the presenœ of liquid products within the porous support. This 

phenornenon diminishes the rate of reactant reaching (and product removal) at 

catalytic sites and consequently controls reaction rates and selectivity. It appears 

that eggshell catalysts can reduce the severity of these transport restrictions and 

lead to higher reaction rates and CS4 selectivity (Iglesia, et al., 1 993). 

3.6. Fischer-Tropsch Procerses. 

In 1955, in South Africa, the Sasol 1 plant with a capacity of about 

700.000 Va went into operation. The syngas was produced from coal (Lurgi dry 



ash gasifiers) and both fixed bed (RuhrchemielLurgi) and circulating fluidized bed 

(Kellog) FT reactors were used. The fixed bed tubular reactor, ARGE reactor, still 

in operation is a rnultitubular reactor (Figure 3.6a). Each reactor consists of 2050 

tubes, 5 cm ID and 12 m long. The heat of reaction is rernoved by water 

circulating around the tubes. A precipitated iron catalyst promoted with copper 

and a potassium salt such K2COa is used to fiIl the reactor tubes. The Sasol 1 

fixed bed reactors are generally operated at medium pressures (about 2.6 MPa) 

and 225 O C .  About 50% of the products consists of linear waxes which are 

selectively hydrocracked to diesel (Dry, 1996). 

The other type of reactor used in Sasol 1 is an entrained fluidized bed 

reactor, sa-called Synthol reactor (Figure 3.6b). This circulating fiuidized bed 

(CFB) reactor was developed by the Kellog Company. These CFB reacton offer 

efficient heat transfer and provide higher gas throughputs than fixed bed 

reacton. Synthol reacton are operated at about 340 O C  and 2.5 MPa. The gas 

fed into the reactor zone entrains the hot catalyst coming from a standpipe. The 

heat of reaction is transferred to heating coils. Although these CFB readon have 

performed very successfully, they are complex to operate. The Synthol reactor 

produces more light hydrocarbons, more olefins, more oxygenated compounds, 

more gasoline and less heavy oil and waxes (Wender, 1996). 
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Figure 3.6. a) Fixed-bed Sasol reactor, b) Synthol reactor (Dry and 
Hoogendoorn, 1981). 



An alternative to the CFB reactors is a conventional fixed fluidized reactor 

developed by Sasol (Figure 3.7). This reactor is called the Sasol Advanced 

Synthol (SAS). The SAS reactor was incorporated into Sasol 1 and 2 plants and 

used mainly for the production of heavy hydrocarbons. In the SAS reactor, the 

gas enters the reactor via a distributor and bubbles through the catalyst bed. 

Note that while the SAS reactor is referred to as "fixedn since in reality the bed, 

although fluidized, is not transported as in the CFB reactor (Wender, 1996). 

Figure 3.7. Sasol advanced fluidized reactor (Wender, 1996) 

A variation of the SAS, as present in Fig. 3.8, is the newest type of reactor 

incorporated into Sasol units, so-called the SSBP (Sasol Slurry Bed Process). It 

resembles a SAS reactor except that the catalyst is suspended in a liquid, usually 

a FT wax. Several advantages has been claimed for this reactor design including 



a low pressure drop, isothermal behavior, good scale-up potential, on-line 

catalysts removal, improved catalysts economy and low tumdown ratio (Jager 

and Espinoza, 1 895). 
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Figure 3.8. Sîsol slurry bed reactor (Jager and Espinou, 1995) 

3.6.2. Shell Middle Distillate Synthesis 

The Shell Middle Distillate Synthesis (SMDS) process developed by Shell 

Petroleum International, uses remote natural gas as the feedstock to produces 

high-quality middle distillates via synthesis gas and a hydrocarbonlcracking step 

(Senden et al., 1992). The SMDS process consists of three stages: syngas 

manufacture (SGP), heavy paraffin synthesis (HPS) via the FTS and heavy 

paraffin conversion (HPC). A simplified flow scheme is given in Figure 3.9. 



Figure 3.9. Schemrtic of the Shell Middle Distillate Synthesis (SMDS) 
process (Senden et al., 1992) 

The paraffinic hydrocarbons produœd via the FTS in the second stage are 

highly linear, thus the distillation products (mainly kerosene, gas-oil and some 

naphtha) obtained from the HPC stage are high quality products. 

It should be mentioned that the syngas manufacture (SGP), the first stage 

of the SMDS process, uses a non-catalytic autothemal partial oxidation of 

methane operating at 1300 to 1500 OC and pressures up to 7.0 MPa; with a 

carbon effciency of over 95%. One of the advantages of SGP over steam 

reforming of methane (SMR) is that a H&O ratio of about two can be produœd. 



As the H2/C0 usage ratio of the FT reaction amounts to about 2.1 mol/mol. Thus, 

only a little adjustment of the desired 2 1  H2/C0 is required (Senden et al., 1992). 

In the last step, the heavy paraffin synthesis (HPS), converts syngas 

(hydrogen and carbon monoxide) into heavy paraffins by the FTS. The reaction is 

catalyzed by cobalt plus a noble metal in a highly energy efficient fixed bed 

tubular reactor. The ASF polymerization kinetics determines the products 

distribution, which is characterized by the probability of chain growai and chain 

termination (van Burgt et al., 1988). 

In the HPC, the waxy product of the HPS is hydro-isomerized and hydro- 

cracked to give a high yield of middle distillates. The HPC is a mild trickle flow 

hydrocracking process using a Shell catalyst operating a typically 3.0-5.0 MPa 

total pressure and at a temperature of about 300-350 OC (van Burgt et al., 1988). 

3.7. Fixed-bed Catalytic Reactors for Exothermic Reactions 

The fixed-bed reactor has been for many years one of the most important 

and useful units in the chernical industry. For that reason many solid catalyzed 

gas-phase reacüons are carried out in them. Fixed-bed reactors are generally 

classified in three categories: isothermal, adiabatic and non-isothermallnon- 

adiabatic (Tathan, 1983). For the case of highly exothermic reactions, a very 

important design consideration is the control of the temperature rise. 

A typical packed bed reactor design is the adiabatic reactor (Figure 3.10). 

The main consideration in this design is the minimization of the heat transferred 



through the reactor towards the outside the wall. Thus, the heat evolved in the 

chernical reaction (released or absorbed by the catalytic bed) is much bigger 

than the heat transferred. The fluid moves through the unit in a nearly plug flow 

pattern, and the temperature rise is close to proportional to the percentage of 

reactant conversion (Froment and Bischoff, 1979; Rase, 1990). 

Adiabatic reacton are adequate for slow and moderately exothermic 

reactions given they are relatively inexpensive and designs are well known. 

However, when an exothemic reaction takes place in an adiabatic reactor some 

operational strategies have to be considered to ensure a small temperature 

change through the reactor (Doraiswamy and Sharma, 1984). Among others, the 

following can be mentioned: 

A partial recycle of the produd and mixed with fresh feed. 

One reactant may be used in excess. 

An inert gas may be added to dilute the feed. 

In al1 these cases, the reactor is used only partially and there are 

important drawbacks. 
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Figure 3.10. Typical design of an adiabrtic fixed-bed reactor (Rase, 
1990). 



For al1 the reasons already cited, for rapid and highly exothermic 

reactions, the adiabatic unit is not recommended (Froment and Hoffman, 

1987). An excessive increment of temperature may negatively influence 

catalyst performance (e.g. selectivity). Besides, catalyst deactivation can 

be the result of temperature runaway. 

An alternative reactor for highly exothermic processes is the so- 

called non-isothermal, non-adiabatic fixed-bed reactor also known as the 

heat exchanger or multi bular fixed-bed reactor (Tarhan, 1983). 

Different configurations have been considered in the design of 

multibular fixed-bed reactor. However, the most usual one (Figure 3.1 1) 

consists of a unit mounted vertically with down-flow reactant circulation: 

reactants are fed from the top of the reactor. This kind of arrangement 

facilitates catalyst handling and prevents potential problems with 

fluidization and instabilities of the catalyst bed. These reactors consists 

usually of large capacity units with tens of thousands of tubes operating in 

parallel. 

In these units the heat of reaction, or a certain fraction of it, is 

transferred from the reacting stream to a cooling Ruid through the walls of a 

packed bed. With this end, different kinds of cooling fluids can be 

considered: the reacting mixture, water, or a heat transfer fluid. 

Note that the specific option chosen depends of the specific type of 

process under consideration. For very exothermic reactions, the use of a 



heat transfer fluid is highly recomrnerided, given water-cooled heat- 

exchanger reactor present several problems of operation, safe design and 

cost (Nelson. 1987). 

Furthermore, special attention has been devoted to study the 

circulation of coolant fluids in a multitubular fixed-reactor. Coolant fluids 

can be circulated with different flow patterns (Figure 3.12): fully 

countercurrent, fully concurrent and cross flow. Note that the cooling flow 

pattern has an important influence on the coolant temperature, which is 

in turn a design parameter of special importance. 

Because of the nature of the process good dynamic control of the 

reactor temperature is obtained when the temperature difference 

between reactor and coolant is small (Ravella, 1987). In the ideal case, 

the conditions of heat removal could be close to identical for al1 catalytic 

tubes, which creates conditions of so called "thermal-symmetry", 

(Simard, 1991). In this particular condition, various tubes of the bundles 

will have very similar temperature profile. 

Most multitubular units present a temperature profile characterized by a 

hot spot (Froment and Hoffman, 1987). When the hot-spot regime, in a multibular 

fixed-reador, is reached the system become very unstable and extremely 

sensitive to small changes in the process variables. Additionally, the axial 

position of the hot spot inside the tubes can Vary significantly, resulting in 

changes of activity of the catalyst. This phenornenon is called parametric 



sensitivity and has been discussed by a number of authon (Froment and 

Hoffman, 1 987; Froment, 1984; Soria Lopez et. al., 1981 ). 
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Figure 3.1 1. Typical design of a multitubular fixed-bed reactor (Rase, 
1990). 





3.8. Pseudoadiabatic operation of a fixed-bed reactor 

As mentioned earlier, the flow and temperature of the wolant have an 

important influence in the design and operation of multitubular fixed bed catalytic 

reactors. Borio et al. (1989a and 1989b) have demonstrated that, for equivalent 

production rates, the fully concurrent operation is the one which leads to the 

lowest values for the maximum temperature and parametric sensitivity. Under the 

fully concurrent scherne and adequate operating conditions in a fixed-bed reactor 

seven different thermal regimes can be found with the Pseudoadiabatic operation 

(PO) being one of these regimes (Arandes and de Lasa, 1995; de Lasa et. al., 

1981 ; de Lasa, 1982, 1983; Soria Lopez et al., 1981). The PO regime is reached 

by changing the inlet temperatures of the gas and coolant streams, as well as the 

coolant flowrate in a fully concurrent regime. Adequate changes of these 

operating parameters lead to axial thermal profiles very different from the hot- 

spot profiles usually found in these units. 

The PO regime of a catalytic fixed bed reactor for exothemic reacüons is 

by definition a regirne where the axial temperature increases steadily with the 

bed length so that the highest temperature in the unit is reached at the reactor 

outlet. The PO regime takes place when a non-boiling fluid is CO-currently 

circulated with respect to the reactants and when at the sarne time the operating 

parameters are such that the heat generated is always greater that the heat 

removed by the coolant (de Lasa, 1982 and 1987). 



The PO concept modifies substantially the design and the operation of 

exothermic multitubular reactors (de Lasa, 1982, 1983, and de Lasa et al., 1985). 

The simplicity of the PO contrasts with the more complex instrumentation and 

control strategies required to sense and control conventional "hot-spots" 

(temperature maxima in the axial direction) that develop under non-PO regime. 

In fact, the prediction of the magnitude and of the exact position of the "hot 

spot" in non-PO readon is quite uncertain, making the design of highly 

exothermic fixed bed reacton susceptible to important errors. These important 

errors can influence both the seledivity prediction and the assessrnent of reactor 

runaway conditions. The problem of sensing "hot-spots" becomes a critical issue 

in multitubular reactors when a non-boiling codant is circulated under cross flow 

conditions (de Lasa et al., 1981). All these problems are eliminated under the PO 

regime because al1 the tubes in the reactor have the same temperature profile 

(thermal syrnmetry) and besides al1 "hot-spots" are located at the exit of the 

reacto r. 

Computer simulations using: a) one- and two-dimensional 

pseudohornogeneous and heterogeneous models, and b) experimental runs in a 

pilot plant facility at the University of Western Ontario were performed to confinn 

these observations. Two different processes were simulated, the first one, a 

reactor to convert methanol into gasoline (de Lasa, et. al.. 1984; 1985, and 1986; 

Ravella, 1987) and the second one a reactor to convert synthesis gas into 

hydrocarbon (gasoline range) (Simard, 1991; Simard et al. 1991). These studies 



confirmed the application of the novel Pseudoadiabatic operation for both 

processes. 

3.9. Modeling of fixed-bed reactors 

Although the PO concept brings forth a substantially novel approach to the 

design of fixed-bed catalytic reactors, most of the fundamentals used in its 

development were based on conventional methods of reactor simulation. 

A widely accepted classification of the available models is the one 

introduced by Froment 1972a, 197213, 1974, and 1984. This classification can be 

used for pseudo-homogeneous or heterogeneous models. The most important 

characteristics of these models are presented in Table 3.1. 

The one-dimensional model considers only the changes that occur in the 

longitudinal direction of the reactor, and the two-dimensional model provides 

information on the conditions at every physical point of the reactor, as opposed to 

the one-dimensional model that describes only "slices" of the bed. 

Table 3.1. Classification for modeling of fixed-bed reactors. 

Pseudo- Heterogeneous 
hornogeneous 

One-dimensional Al = Basic model, BI = Al + interfacial gradient 
model ideal BI1 = BI + intraparticle 

Al l = Al + axial mixing gradient 

Twodimensional AU= Al + radial 8111 = BI + radial mixing 
model mixing 



M i l e  pseudo-homogeneous moâels consider the reactor as a continuum 

by using average transfer parameters, heterogeneous models distinguish 

between solid and gas phases. Note that, as will be discussed later. only the 

basic pseudo-homogeneous model (Al) has been used in the context of the 

present work. 

3.9.1. Pseudo-homogeneous one-dimensional model 

The basic pseudohomogeneous model (Al) is generally used for the 

majority of reactor simulations (Froment, 1984) because it is easy to solve and 

manipulate. Since concentration (or partial pressure) are considered to occur in 

the axial direction only, it is hypothesized mass transport takes place as a result 

of the overall fiow nation (Froment 1972a). Thus, this model simulates a "plug 

flowt' reactor. Mass and energy conservation equations for this model may be 

written as follows: 

The four parameters appearing in Eqs. 3.22 to 3.24 are defined as follows: 



The most important assumptions while using a one-dimensional model are 

the following: 

Temperature is constant across the section of reactor with the only exception 

of the region close to the wall. 

Mass and thermal axial dispersion effects may be neglected. This assumption 

is consistent with the finding of several researchen for the range of conditions 

usually encountered in industnal applications of fixed-bed reactors (Froment, 

1972a, 1979b; Froment and Bischoff, 1979). 

The concentration and the temperature differences between the solid 

catalysts and the gas phase may be considered negligible. 

The axial pressure drop in the bed is comparatively small with respect to the 

total pressure, so this change can be neglected. 

The kinetk rate equation used in aiis model should be obtained at the same 

conditions and using the same catalyst pellets than the process being 

simulated. 



In addition, a pseudo-homogeneous one-dimensional representation 

requires the evaluation of the overall heat transfer coefficient, U. The importance 

of the heat transfer parameter in the simulation has been thoroughly reviewed in 

the open technical literature (Stankiewick, 1089, Feyo de Azevedo et al ,  1990). 

The overall heat transfer coefficient was first evaluated with the following 

equation derived from data surnrnarked by Froment and Bischoff (1 979) 

Various parameters involved in eq (3.29) were calculated with the 

following correlations, as recommended by Froment and Bischoff (1 979a): 

4 with: Pe,, = us x - (3.32) 
Der 

Eq (3.29) provides good modeling of U in an ample range of conditions 

(flow rates, particle and tube diameters, type of packing). 



It has to be mentioned that the pseudo-homogeneous one-dimensional 

model, as such, generates a predicted temperature profile representing the 

average ternperature in the cross- section. 

In order to estirnate the temperature at the reactor centerline, r=O. eq 

(3.34) can be adopted: 

Eq. (3.34) (Beek and Singer, 1951) relates the average temperature and 

the centerline temperature by means of the Biot number. The basic assumptions 

of eq (3.34) are that the temperature is a quadratic function of the radial position 

and that the average rate of the reaction is equal to the reaction rate 

conesponding to the average ternperature. Eq 3.34 norrnally apply for mild radial 

temperature changes. 

3.10. Conclusions 

The present chapter reviews the technical literature conceming Fischer- 

Tropsch and particularly synthesis of hydrocarbons using cobalt supported 

catalysts. Various relevant aspects regarding reactor rnodeling such as 

probability growai, chah parameter, readion stoichiometry and kinetic rates are 

reviewed. 

This review expands on the various possible available kinetic models and 

the interrelation of these models with various mechanistic steps. 



The literature review is completed with a description of the FT reactors 

and the modeling aspects of fixed bed reactors operating. Also the 

pseudoadiabatic regime, a desired operating condition to be studied in the 

context of the present study, is reviewed in significant detail. 



CHAPTER 4 

EXPERIMENTAL APPARATUS 

4.1. Catalyst testing apparatus. 

Figure 4.1 reports a schematic diagram of the experimental set-up used to 

evaluate the catalyst for the production of paraffins by the Fischer-Tropsch 

synthesis. This set-up includes a pressurized cylinder containing the reactants 

mixture (H2/C0 ratio of 1, 2, and 3), hydrogen gas (Hydrogen 99.99%), and inert 

gas (nitrogen). The inert gas was used to purge the system and to test the 

system for any leaks. Traps of molecular sieves were used to remove O*, H20, 

and any metal carbonyl (Ni, Fe) impurities present in the reactant gas. 

The flow-rates were measured and controlled using a Brooks 5850 series 

mass flow controller. A detailed explanation about the calibration procedure of 

the mass flow controller is given in Appendix A. 

A check valve is placed immediately after the mass controller ta prevent 

back flow. A relief valve is also included for safety measures in order to prevent 

any undesirable increment of the system total pressure. A three-way valve is 

used to direct the flow of gas either to the reactor or to bypass the reactor. 

During a typical experirnent the reactants mixture was circulated through 

the reactor, a 7.62 cm (3") I.D. Berty recirculation reactor manufactured by 

Autoclave Engineers. Pmducts and unreacted synthesis gas exited the reactor 

via two condensen. The first of these two condensen was operated at 60°C, to 



collect most of the liquid products. The second condenser was operated at 3 O C  

(ice trap) to trap the rernaining fraction of any remaining condensable 

hydrocarbons. 

The reactor pressure was control led by a Tescom back-pressure 

regulator series 26-3200 provided with a high temperature polyamide seat. An 

additional valve was installed just before the back-pressure regulator to 

prevent the flow of feed returning into the reactor through the bypass loop. 

These two valves were set inside a heated box. 

A three-way valve was installed after the backpressure regulator to 

direct the product gas flow (unreacted gas and uncondensed products) either 

to the wet test meter or to the gas chromatograph. A wet test meter (Precision 

Scientific Co.) was used to meter the gas flow. Periodic calibration of the wet 

test meter was performed using a bubble flow meter located at the outlet of 

the apparatus. 

On-line gas chromatograph injection was performed in a Hewlett- 

Packard 5890 Series gas chromatograph. A heated six-port valve with a 1 ml 

loop with an additional one-way valve and a manometer at the outlet of the 

loop were used to keep constant both the volume and the pressure of the 

injection. 





All lines from the outlet of the Berty reactor until the six-port valve were 

wrapped with heating tapes to keep temperatures around 75 O C .  This was 

done to prevent any possible gas condensation or solidification of higher 

hydrocarbons (waxes). 

Finally, the reactor outlet stream, after it circulated through the wet test 

mater, was sent outside the building through a ventilated exhaust. 

4.2. Berty Reactor 

All experimental runs were performed in a Berty reactor with intemal 

recirculation manufactured by Autoclave Engineers. Details about the reactor and 

its configuration are shown in Figure 4.2. The Berty reactor used includes a 7.64 

cm (3") inner diameter stainless steel body with an original basket volume of 2.54 

cm (1") diameter and 5.08 cm (T) height. The basket volume was reduced by 

means of an aluminum insert. This was done to facilitate the testing of srnaller 

sam ples. 

Three heated zones (two at 1.1 kW and one at 0.8 kW) constitute the 

reador heating system. The reactor temperature was controlled within I 1°C by a 

proportional temperature controller. The temperature of the system was 

monitored by two thenocoupies, the first one located in the upper reactor 

section and the second one inside the catalyüc bed. The themiocouples were 

connected to an electrical circuitry, which enables the measurement of 

temperature gradients in the gas film surrounding the basket and the temperature 

gradients inside the catalysts. 



A magnetically driven impeller induces intemal gas recirculation: upflow in 

the circumferential area around the basket and downflow in the catalyst bed 

(located in the basket). Bub and Baems., (1980) reported that a gradientless 

operation is achieved with this unit at the speed of 1450 rpm of the impeller. 

~ u p l s  Port 

S a d  Shaft Housing 

\ Water Caoled Jaclut 

Tachorneter Pick-up 

Figure 4.2. Berty fixed bed reactor, manufactured by Autoclave 
Engineen. 

The Berty reactor reproduces reaction rates and mass velocities 

occurring in commercial fixed bed reactors. This unit operates, in fact. under 



a kinetic regime and heat and mass transfer conditions between the catalyst 

and the reactant close to industrial catalytic units (Berty, 1974). 

It is interesting to mention that the Berty reactor has already been 

ernployed by several researchers to get kinetic measurements for the Fischer- 

Tropsch reaction. Bub and Baerns (1980) used a Berty reactor with a iron- 

manganese catalyst to get a kinetic expression to predict the performance of 

catalytic fixed bed readors for the FTS. Dixit and Tavlarides (1983) proposed 

several kinetics models for the FTS having as a starting point experimental 

runs performed in an internally recycled Berty reactor. 

4.3. Startup procedure 

A standard catalyst activation pretreatment was used in al! experiments. 

The catalyst (10cc) was reduced in a Berty reactor at 1.6 MPa on a stream of 

pure hydrogen (40 cclmin). The reduction process was carried out in three 

steps using three different heating ramps and dwelling times. Details about 

the conditions employed during the reduction ptocess are summarized in 

Figure 4.2. 

After the reduction was completed, the reactor was cooled down under 

hydrogen flow. When the reactor temperature reached about 180 OC the 

hydrogen flow was cut off, and synthesis gas (H2/C0 = 2:l) was circulated at 

a gas space velocity of about 500 ho', with the space velocity being defined in 

STP cm3/cm3 catalyst h. Moreover, the reactor temperature was gradually 

increased to 220 OC over a period of 24 h (conditioning period). This 



conditioning is required not only to prevent the formation of hot spots but also 

to achieve nearly isothermal conditions. 

T =370 O C  

time = 2h 

T 1230 OC 
time = 2h 

T =IO0 O C  

time = 2h 

T =25 OC 

Figure 4.3. Operating conditions for activation process. 

During the first 36 hours of operation an initial unsteady-state behavior 

(catalyst initial deactivation) was observed. Thus, the first mass balance was 

effected after having the catalyst 48 hours on stream. This ensured that 

steady state had been reached. Also after any change of process conditions, 

the reactor was allowed to operate undisturbed for 24 hours and this in order 

to achieve steady conditions and before the next mass balance was 

performed. 

Both total mass and atomic material balances were performed with the 

special consideration that to accept a run for further analysis the oxygen 

material balance has to be closed between 97 to 103 %. Othewise the run 

was rejected. This consideration was adopted since compounds containing 

carbon and hydrogen may accumulate in the reactor in the form of high 



molecular weight hydrocarbons. This accumulation of heavy hydrocarbons 

may negativel y affect the overall mass balance. 

4.4. Gas Chromatograph Analysis. 

The quantification of the mixture composition was perfoned by using the 

External Standard (ESTD) method of calibration. The ESTD procedure reports 

the amounts of cornponents according to the formula: 

Amount of i = Ap(il x ARFOI (4-1 

where Ap(il is the area of the OC peak for sample component (i) and ARF(il 

is the absolute response factor for the sample component (i). 

4.4.1. HzlCO calibrations 

Three reactant mixtures, with different hydrogen to carbon monoxide 

ratios, were used during the catalyst evaluation. Thus, H2/C0 of 1:1, 2 1  and, 

3:l ratios were considered. These mixtures were prepared using gases 

certified by BOC Gases. A typical report of the gas certification is included in 

Appendix B. TCD calibrations for this mixture were carried out and the results 

of these calibrations are presented in Table 4.7. 



Table 4.1. Calibration of TC0 for the different H2/C0 ratios 

- -- - .. 

Corn ponent BOC &ses UWO Lab. ~esponse 
analysis Analysis factor 

H2 51.1 50.9 2.512e-3 

4.4.2. Gas Product Analyses 

The stream leaving the reactor (unreacted gas and non-condensable 

products) was analyzed on-line into a Hewlett Packard gas chromatograph (GC) 

mode1 5890 equipped with a cryogenic unit. The equipment also included a 1.83 

m long, 0.318 cm diameter (6 ft-118") Porapak Q column and a Thermal 

Condudivity Detector (TCD). 

A temperature program was set in the GC to improve separation of the 

product mixture. After the injection, the column was maintained at -30 O C  for 1 

minute, after that the temperature was ramped at 40 'Clmin to a maximum 

temperature of 240 OC where it was held for 4 minutes. Because helium was 

used as a carrier gas and as a reference gas a change of the polarity of the TCD 

was implemented, after the hydrogen peak was detected. 



4.4.2.1. Calibration with Gas Mixtures 

A gas calibration mixture prepared and certified for BOC Gases, which 

simulates the composition of the gaseous products. was used to calibrate the 

TCD. The reported composition provided by BOC Gases for this mixture is 

included in Appendix C. 

Table 4.2 presents the results of the calibration of the TCD using a gas 

mixture supplied by BOC Gases. It can be appreciated, from Table 4.2, that both 

compositions BOC Gases and UWO-Laboratory are similar. Also, the absolute 

response factor for each cornponent was calculated and reported in Table 4.2. 

Note that periodic calibrations of TCD were also perfomed in order to secure 

reproducibility of the analytical technique. 

Table 4.2 Calibration of the TCD for gaseous product. 

Component Composition Composition Absolute 
BOC Gases UWO-Lab response factor 
(%vo~/vo~) (%VOVVOI) ARFIii 

n-Hexane O. 1 06 0,111 4,8747E-5 

Propane 0.501 0.505 5.9785E-5 

Ethylene 0.782 0.80 8.948OE-5 

Methane 3.0 3.01 7.1 188E-5 

Carbon dioxide 4.99 5.04 1.441 SE4 

Nitrogen 2.89 2.86 4.2676E-5 

Carbon rnonoxide 28.0 27.91 9.8348E-5 

H ydrogen 58.7 58.13 2.180E-3 



4.4.3. Liquid Product Analyses 

During the rnass balance period the liquid products (hydrocarbons + 

water) were allowed to accumulate in the two separators (HTS and LTS; 

Figure 4.1). After that, the liquid product was collected and physically 

separated into aqueous fraction and hydrocarbon fraction. Note that in the 

present study the aqueous fraction is considered only water given that 

oxygenates compounds are rarely produced when a cobalt catalyst is used 

(Adesina, 1996). 

The hydrocarbon fraction was analyzed by using a 25m - 0.33pm HP-1 

crossed linked methyl-silicone capillary column and a flame ionization detector 

(FID). The temperature program adopted was as follows: a) the temperature 

of the column was initially maintained at -20 C for 1 min, b) the column was 

heated up to 300 C at the rate of 25 Clmin., where it was held for 60 minutes. 

4.4.3.1. Calibration with Liquid Mixture 

The identification of the hydrocarbon fraction was performed using a 

flame ionization detector (FID). For the calibration of the FI0 a Boiling Point 

Calibration Sample # 1, from Hewlett Packard, was used. This calibration 

sample, a mixture of hydrocarbons from Cg to CdO, is described in detail in 

Appendix B. 



CHAPTER 5 

CATALYST PREPARATION AND CHARACTERIZATION 

5.1. Introduction 

This chapter presents details about the apparatus and methodology 

used for the preparation and characterization of the catalysts evaluated in the 

present study. Two types of catalysts were prepared using the following 

components: a) cobalt as active phase, b) zirconium as promoter, and c) silica 

gel as a support. One of the catalysts was uniformly irnpregnated (standard) 

while the other was the so-called eggshell catalyst, in which the active metals 

were deposited on the external surface of the support. 

This chapter has been divided into two sections. The first section 

describes the materials used for the preparation of the catalysts and the 

techniques employed for their characterization. The second section reports a 

discussion about catalyst characterization results. 

5.2. Experimental 

6.2.1. Materials 

Spherical silica gel from UOP, DAR-240, was used as a support for the 

catalysts investigated in the present study. The main properties of this 

material are reported in Table 5.1. 



The impregnation of the support was effected with an aqueous solution 

of cobalt nitrate prepared with Co(N03)p6H20 from Aldrich, 99% purity. This 

solution contained about 1 wt % of an aqueous solution of 20 wt % zirconia 

added to promote the FTS. 

Table 5.1. Physical properties of the silica DAR-240. 

Property Reference 
- - - -- 

Surface area (m2/g) 

Pore volume (cm3/g) 

Apparent patticle density (glm3) 

Tnie particle density (glcm3) 

Average particle sire (mm) 

Porosity (dimensionless) 

Pore radius (A) 

Particle radius (mm) 

-- 

This work 

This work 

Supplier 

Supplier 

This work 

This work 

This work 

This work 

5.2.2. Preparation of standard cataiysts 

In the context of this work a 'standardn catalyst is defined as a uniformly 

impregnated catalyst, where the metal loaded has a nearly homogeneous 

metal distribution across the radius of the support. 

The experimental set-up used in the preparation of the standard 

catalyst is shown in Figure 5.1. The incipient wetness technique was used to 

prepare this type of catalyst. This technique is based on the quantitative 



addition of an impregnating solution: the amount of solution added depends 

on the available pore volume in the catalytic support with no excess of 

supernatant liquid allowed on top of the particles. 

syringe 

rubber cap 

1 1  / 

Figure 5.1. Experimental set-up for the preparation of standard 
catalysts. 

Following this procedure 20 g of silica gel were placed in the glass 

container (Figure 5.1) and evacuated during 20 min. After this period, the 

calculated amount of solution (cobalt nitrate + zirconium solution) was 

incorporated into the container using a syringe. In order to insure the uniform 

distribution of the solution into the support, the liquid from the syringe was 

injected in several steps. After each step, the wet support was thoroughly 

mixed with a glass rad until even distribution was visually observed. 



After impregnation, the catalysts were dried at ambient conditions over 

night. Following this. the catalyst was dried at 100 O C ,  during 2h. Finally, the 

sample was calcined during 4 hours in air at 400 OC with a heating rate of 5 

"CJmin. 

52.3. Preparation of eggshell catalyst. 

This section includes a detailed description of the methodology used to 

prepare a non-uniforrn im pregnated cobalt-zirconium eggs hell catal yst. 

Basically most of the active metal is preferentially located near the outlet 

support surface. Figure 5.2 shows a schernatic representation of the assembly 

used to prepare the eggshell catalyst. 

For the preparation of the eggshell catalyst the support (20 g) was pre- 

wet with water. The objective of this was to fiIl the pore network before 

impregnation with the metal. However, no excess water was allowed on top of 

the particles (or interparticle). After that the prewetted support was placed in 

the container for impregnation. Then, an impregnating solution in a 

solution/support volume ratio of 5 was poured on the support. After 4 seconds, 

the vacuum line was opened and the excess of solution removed from the 

container. In order to stop the advance of the impregnating solution a 

'quench-in-hotn process was employed. With this end, the irnpregnated 

sample was placed in a sand fluidized bath which was equipped with a metal 

basket to recover the catalyst. The sand (particles of 60 Fm average size) 

acted as heat transfer media to enhance fast drying of the catalyst particles 



with drying being carried out at about 90°C to prevent the collapse of the 

porous structure. 

After this quick drying process, the catalyst was heated at 5 'Clmin up 

ta 400 O C  and calcined at that temperature during 4 houn. 

Catalyst 
particles 

h!Ed Excess solution 

Figure 5.2. Experimental apparatus used to impregnate eggshell 
catalysts. 

An alternative technique for preparing eggshell catalysts was also 

attempted by CREC researchen pouring the impregnating solution in a dry 

support. More details about this type of 'eggshell" catalyst can be found in 

Galarraga (1 998). 



5.2.4. Catalyst characterization techniques 

The catalysts considered in this study were evaluated using the 

following surface characteriration techniques: a) atomic absorption (AA), b) 

BET surface area, c) temperature programmed reduction (TPR), and d) optical 

microscopy, 

5.2.4.1. Metal content 

The atomic absorption analyses were developed using the equipment of 

the Analytical Evaluation laboratories of PDVSA-INTEVEP in Venezuela. This 

technique was applied mainly to corroborate the amount of metal loaded on 

the support. The analyses were performed by dissolving the mineral species 

present on the catalysts samples. 

5.2.4.2. Surface Area Analysis (BET) 

The surface area of the catalysts was determined using a TPDKPR 

2900 Analyzer instrument, manufactured by Micromeritics. The type of 

analysis performed by this instrument is known as the single point BET since 

only one equilibrium pressure is obtained for the adsorption of nitrogen. 

For the BET surface area analysis the sample was weighed and then 

outgassed under flow of helium at 120 'C during 2 hours. After outgassing, a 

mixture of 30% nitrogen and 70% helium (vol.) was circulated through the 

catalyst. The sample container was immersed in a liquid nitrogen bath to 

refrigerate the catalyst to 77 K at which temperature nitrogen was absorbed 



ont0 the catalyst surface. lmmersing the sample in water at roorn temperature 

desorbed the nitrogen. 

Nitrogen desorption was measured by a Thermal Conductivity Detector 

(TCD). Four consecutive adsorption-desorption cycles were perfomed to 

assure reproducibility of the systern and to determine the total amount of 

nitrog en desorbed. 

In order to deterrnine unknown amount of nitrogen a calibration of the 

TCD is required. Thus pulses of known volumes of nitrogen were injected 

directly to the TCD. The calibration cuve obtained using this method is 

reported in Appendix D. The total amount of nitrogen desorbed was correlated 

with the total surface area by employing the BET model. A sample calculation 

is also presented in Appendix D. 

5.2.4.3. Temperature programmed reduction (TPR). 

The temperature programmed reduction (TPR) was also carried out on 

the TPDKPR 2900 Analyser instrument. During the development of this 

analysis the sample is exposed to a mixture of hydrogen (1 0% vol.) in argon 

(carrier gas) with a flowrate of approximately 45 cdmin. In the meantime, the 

temperature of the sample was increased at a rate of 10 'Clmin. As the 

catalyst was heated up, changes in the composition of the gaseous mixture 

were detected using a Thermal Conductivity Detector (TCD). Mainly, these 

changes were due to the hydrogen consumption by effect of the reducibility 

and reaction of the cobalt species on the catalyst. 



5.2.4.4. Optical microscopy 

This technique was used to confirm the formation of the so-called 

"eggshelln catalyst. The apparatus consists of: a) and stereomicroscope WlLD 

model M3Z, b) a colour camera 3CCD from Hitachi, model HV-C20, and c) a 

colour video printer Mavigraph model UP-3000 from Sony. Direct 

micrographies were collected at the laboratories of Surface Science Western, 

by taking pictures of cross sections of eggshell catalysts. Pellet cross 

sections were prepared with the aid of he Department of Earth Sciences, The 

University of Western Ontario. 

5.3. Results and Discussion 

5.3.1. Metal content 

Table 5.3 sumrnarizes the results from the analytical evaluation of 

"standardn and "eggshelln catalysts. The table includes the elemental 

percentage for cobalt and zirconium. It can be appreciated that the "eggshell" 

catalyst has only 35% of cobalt and 25% of zirconium of the total amount 

loaded in the standard catalyst. 

6.3.2. BET surface area. 

Regarding the surface area for the "standard' and the "eggshell" 

catalysts (Table 5.3) it was found that the impregnation methodology has an 

important effect on the final surface area of the catalysts when compared with 

the surface area of the support (372 m2/g). It was observed that the "standard' 



catalyst displays a lower surface area (295 m2/g) than the "eggshell* catalyst 

(352 m2/g). These different surface areas for these catalysts may be explained 

given some plugging of pores occurs as metal is dispersed in the structure by 

impregnation. Note that the degree of plugging depends on metal loading. 

Because more metal was added to the standard catalyst then the reduction of 

the surface area was more significant than the one observed in the "eggshell" 

catalyst. 

Table 5.2. Properties of the standard and eggshell catalysts. 

Cataiyst Surface Area Metal Content (wt %) 

Standard 

Eggshell 

5.3.3. Temperature prognmmed reduction 

Figures 5.3 and 5.4 show the TPR profiles observed for the standard 

and eggshell catalysts, respectively. For both cases two very well defined 

peaks were observed. The first one close to 300 OC (low temperature) was 

assigned to the transition of co3' to cg2+. The second peak about to 320°C 

(high temperature) is very likely due to the transition from co2' to COO. It has 

to be mentioned that Ming and Baker (1 995) and Lapidus et a l  (1 991) reported 

similar results when studying the reducibility of Co based catal ysts su pported 

either on silica or on alumina. 



However, it is interesting to mention that some differences between the 

two spectra were observed. The first difference is that for the eggshell catalyst 

the transitions occurred at lower temperatures than those observed for the 

standard one. The second aspect involves the existence of a broader profile 

found in the eggshell catalysts at temperatures around 400 O C  (Figure 5.3 

zone marked as 'a"). This behavior was not detected for the standard catalyst. 

It has been claimed that the sharpness on a TPR profile depends on both 

crystallite size and particle size uniformity (Micromeritics, 1992). Since the 

silica support employed exhibits a high uniformity between particle sizes, it 

can be concluded that the eggshell catalysts exhibits a broader crystallite size 

distribution than that of the standard catalyst. 



Figure 5.3. TPR profile for standard catalyst. 

Figure 5.4. TPR profile for the eggshell catalyst. 



5.3.4. Optical rnicroscopy 

The visual observation of the eggshell thickness was performed using 

the optical microscopy technique. Figure 5.5 shows micrographies of cross- 

sections for both the standard and the eggshell catalysts. The micrography for 

the standard catalyst (Fig. 5.5.a) shows, as it was expected, a homogeneous 

distribution of the metal in the silica gel support. 

On the other hand, the eggshell catalyst (Fig. 5.5.b) exhibits a non- 

uniforrn distribution of metal in the support with most of the metal preferentially 

located near the outer region of the support surface. A very homogeneous 

extemal annulus was observed (black circumference) which indicates a high 

concentration of metal in this zone. On the other hand, the inner core 

represented by a grey and white colour zone, shows a very low concentration 

of metal. 

From Fig. 5.5.b it can be inferred that the preparation of eggshell 

catalyst, where most of the active metal is placed in the outer surface of the 

support, was successfully achieved. 

Finally, it is worth to mention that additional characterization work on 

these eggshell catalysts has been reported elsewhere (Galarraga, 1998). This 

work also included: a) the determination of metal distribution profiles by 

means of scanning electron microscopy, b) the evaluation of metal crystallite 

sizes and metal dispersion by using hydrogen pulse chemisorption. 



Figure 5.5. Micrographies as obbined from optlcal 
microscopy: a) standard catalyst (27 x), 
b) eggshell catalyst (42 x). 



5.4. Conclusion 

The characterization techniques used in this work allow to establish the 

difference between the standard and the eggshell catalyst. The TPR for both 

catalysts shows two peaks as indication of the chernical evolution of the 

species present in these catalysts. It was also found, that 350 OC is the 

minimum temperature required to produce the desired active species. 

Various characterization techniques provided useful information about 

metal content, surface area and distribution of the metal in the support. Thus, 

it was dernonstrated that the methodology used for the preparation of the 

eggshell catalysts was adequate. 



CHAPTER 6 

RESULTS AND DISCUSSION 

6.1. General ovenriew 

This chapter reports experirnental results obtained during the course of 

this research. The fint section of Chapter 6, provides a comparison between 

two Co-Zr-Si catalysts: a) a standard (uniformly impregnated) catalyst, b) an 

eggshell catalyst. Following this, the effect of various operating conditions 

such as temperature, pressure, gas hourly space velocity and inlet H2/C0 

ratio on the performance of the eggshell Co-Zr-Si catalyst is examined. 

More specifically, to provide a comprehensive evaluation of catalyst 

performance the overall CO conversion, the product selectivity and the 

hydrocarbon distribution are considered. Finally, this data is employed to find 

a suitable kinetic model representing properly the experimental results. 

6.2. Preliminary study 

6.2.1. Introduction 

In this section a comparison of the performance of two different types of 

catalysts, a) Standard (uniformly impregnated) Co-Zr-Si catalyst, and b) 

Eggshell Co-Zr-Si catalyst, is analyzed on the basis of the CO conversion, the 

product selectivity and the hydrocarbon distribution. Details about the 



procedures for preparing and characterizing these catalytic systems are 

described in section 4.4.4. 

For the reaction testing, the apparatus already described in Chapter 4 

was employed. In terms of general experirnental procedure, the one already 

presented in detail in Chapter 4, was adopted. Care was taken in order that 

the runs were developed under conditions close to steady state: catalyst time- 

on-stream > 48 h. 

Regarding the overall mass balances, rnass balances were carried out 

for these experiments every 24 hours with complete runs exceeding 120 

hours. 

Note that two digits were employed to identify each experimental run. 

The first digit represents the number of a complete experiment while the 

second one identifies the run number inside a complete experiment. To 

provide a complete description of the runs performed a detail listing of 

experiments is included in Appendix E. 

6.2.2. Corn parison between Standard (uniformly im preg nated) and - - 

Eggshell catalysts. 

In order to compare the performance of the two catalysts the standard 

(uniformly impregnated) catalyst was evaluated at two different temperatures, 

230 and 220 O C  while the eggshell catalysts was tested at 220 'C only. The 

rest of the other operating conditions were kept constant, as presented in 

Table 6.1. Details about the experimental conditions are included in Appendix E. 



6.2.2.1. Carbon monoxide conversion 

Given that the total amount of cobalt loaded in the standard (uniformly 

impregnated) catalyst is much higher than the cobalt content in the eggshell 

catalyst. a performance comparison was developed with reaction rates 

defined on the basis of the unit weight of cobalt. 

Thus, Table 6.1 reports reaction rates for these two catalysts, with rates 

in millimoles of carbon monoxide converted per unit tirne and per unit rnass of 

cobalt available. Comparison of these reaction rates shows that the eggshell 

catalyst is more active than the standard catalyst at the same operating 

conditions. For example, ai 220°C the eggshell catalysts displayed a CO 

consumption rate of -0.01435-mmolel(min gCo) while the standard catalyst 

showed a CO consumption rate of -0.00813-mmolel(min gCo). Even more, 

increasing the temperature from 220 to 230 OC, the rates increased, with the 

standard catalyst, displaying a CO consumption reaction rate up to -0.01268- 

mmolel (min gCo). This rate was still lower than the CO consumption rate 

found at 220 OC with the eggshell catalyst. 

Concerning product selectivity it was found (Table 6.1) that CO2 

formation increases from 2.58% to 8.47% when temperature was increased 

from 220 to 230 OC. In both cases, however, the selectivity towards CO2 was 

significantly higher than the one observed in the eggshell catalysts where it 

remained at 0.5%. 
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Table 6.1. Summary of operating conditions used for testing standard 
and eggshell catalysts. 

Catal ysts Standard 

Experiment number 1 3-6 14-6 

Openting conditions 

Temperature ( OC) 

Pressure (MPa) 

GHSV (h") 

H2/C0 ratio inlet 

Analytical results 

CO conversion, % 

HZ conversion, % 

-rco, (mmol CO conv. IminlgCo) 

Mass balance, % (global) 

Mass balance, % (oxygen) 

Product selectivity (%) 

Carbon dioxide 

Water 

Hydrocarbons 

Eggs hell 

1 5-6 

6.2.2.2. Hydrocarbon product distribution 

Hydrocarbon distribution is another important parameter while using the 

catalysts of the present study. Fig. 6.1 reports the various weight fractions 

within the hydrocarbon fraction. It can be observed that, in this respect, the 

standard (uniformly impregnated) Co-&Si catalyst displayed a similar 

behaviour than the one reported in the literature for other similar catalysts 



(Dry, 1990 and Dalai et al. 1992). First, it can be noticed, that an increment of 

temperature led to shifts in hydrocarbon production towards lower molecular 

products: selectivity to methane, C2-C and Cs-Cg h ydrocarbon fractions was 

increased while the Cto-Czo, and Czr' fractions were reduced. 

Moreover, hydrocarbon distributions for the standard (uniformly 

impregnated) catalyst and for the eggshell catalyst are presented in Fig. 6.1. It 

can be observed that the eggshell catalyst has an important impact on 

hydrocarbon distribution. The eggshell catalyst has a lower selectivity towards 

methane as well as toward CZ1* hydrocarbons. However, the eggshell catalyst 

favoun the formation of hydrocarbons in the Cio-Czo range (refer to Fig 6.1), a 

very interesting fraction for refining processes. This is even more relevant 

given the prevalent paraffinic character of this fraction (van Burgt et a/. , 1988). 

6.2.2.3. Anderson Schultz Flory distribution 

It is interesting to fumer analyze the hydrocarbon distribution using the 

Anderson-Schultz-Flory (ASF) distribution. Fig. 6.2 presents the changes in WJn 

as a function of the carbon number "nn for the standard catalyst at 220 OC and 

230 OC and for the eggshell catalyst at 220 O C .  Therefore, one can analyze the 

effect on the chain growth probability for two different cases: a) effect of 

temperature for the unifomly impregnated catalyst, and b) effect of impregnation 

methodology (by comparing both standard and eggshell catalysts tested at 220 

OC). 

For all the cases considered (standard and eggshell catalysts), it was 

found that there is some deviation of the ASF distribution between carbon 



numben 2 and 3 with a break point of the ASF at carbon number 8 (Fig. 6.2). 

This deviation has been reported previously by several authors (Dalai et al. 1997, 

Soled et al. 1995. Fox and Tarn 1995. Satterîield and Stenger 1984). A possible 

explanation of this deviation is the existence of at least two different a values with 

this parameter expressing the probability of chain hydrocarbon growth: one a 

represents the synthesis of the low carbon number molecules while the other the 

synthesis of high carbon number molecules. 

*O Ci Standard 220 OC 
A 

70 . I Eggshell220 'C 

Hydrocarbon fraction 

Figure 6.1. Hydrocarbon product distribution for Standard (uniformly 
impregnated) and Eggshell catalysts. Tests performed 
at: pressure = 1.52 MPa, GHSV = 342 hg', and inlet H21C0 
ratio = 2. 



In spite of this and to be able to compare in a quantitative basis the 

effect of temperature on a, the slope of the best straight line in Fig.6.2 for the 

range of was calculated. It can be observed (Fig. 6.2) that in the case of 

the standard (uniformly impregnated) catalyst a decrease in the value of a. 

from 0.9 to 0.85, arises when temperature is increased from 220 to 230 OC. 

Thus, higher temperatures tend to favour formation of lower carbon number 

molecules. Note that a similar temperature effect over a was reported by 

several authors (Singleton and Regier 1983; Stenger and Askonas, 1986; Dry, 

1 990 and Dalai et. al. lQQ2). 

Fig. 6.2 also presents the Anderson-Schultz-Flory distribution for the 

eggshell catalyst. Similar anomalies were observed for molecules with 2 and 3 

carbon nurnbers with a break point of the ASF distribution at carbon 8. 

Further, it is interesting to mention that the eggshell catalyst displayed a 

similar a parameter with respect to the standard (uniformly impregnated) 

catalyst between carbon 9 to 15. However, the eggshell catalyst yielded a 

hydrocarbon product distribution for the Cio-C20 fraction that deviated 

significantly from the one of the standard (uniformly impregnated) catalyst. As 

a result, a lower a parameter (a= 0.8) showing a narrower hydrocarban 

product distribution was obtained with the eggshell catalyst. 

For standard cobalt catalysts it has been reported that the diffusional 

problems during the FT synthesis produce consecutive reinsertions of the a- 

olefins. which are a product of the p-hydrogenation reaction (Kuipers et  a/., 



1996). A consequence of this reinsertion is that the a-olefins grow bigger and 

since the active metal exhibits a high hydrogenating activity the a-olefins end 

up as high molecular weight paraffins. On the other hand, the hydrogenolyzing 

activity of cobalt (cleavage of C-C bonds as a result of hydrogen presence) 

favours the production of  the Cll-Cls range. 

Thus, it can be argued that the eggshell catalyst exhibits such a 

balance, between hydrogenation and hydrogenolysis, that it produces a 

narrower product distribution than the standard catalyst. Furthermore, it 

appears there is reduced probability of a-olefin reinsertion in the eggshell 

catalyst venus the one observed for standard catalysts. 

6.2.3. Conclusion 

This section reports a cornparison between Co-Zr-Si catalyst based on 

a standard (uniformly irnpregnated) and eggshell formulations. Cornparisons 

are mainly developed assessing the influence of catalyst formulation on 

carbon monoxide conversion (carbon monoxide disappearance rates), product 

selectivity and hydrocarbon distribution. 

It is observed that the standard catalyst displays an increase of the 

carbon monoxide disappearance rates with reaction temperature. This 

increment of temperature also produces an important increment of carbon 

dioxide yields with a concurrent shift towards the production of lower 

molecular weight hydrocarbons. 



Moreover the prepared eggshell catalyst shows the following: a) a 

higher carbon monoxide disappearance rate, and b) a richer hydrocarbon 

product fraction in the C10-C20 range. 
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Figure 6.2. Anderson-Schulb-Flory di8tributionr and alfa parameten 
for Standard and Eggrhell catalyrts. Tests perfomed at 
P = 1.52 MPa, GHSV = 342 h" and inlet H&O ratio =2. 



6.3. Effect of the operating conditions 

6.3.1. Introduction 

Given the encouraging results obtained while cornparing the 

performance of both the standard (uniformly impregnated) and the eggshell 

catalysts it was decided to proceed to a systernatic evaluation of the eggshell 

catalyst. 

In this respect, this section describes the effect of changing various 

operating conditions such as temperature, pressure, gas hourly space velocity 

and inlet H21C0 ratio on carbon monoxide conversion, product selectivity, and 

hydrocarbon product distribution. 

The following range of operating conditions were selected for the 

studies: 

a) Temperature : 209 - 22g°C, 

b) Pressure: 0.35 - 1.52 MPa, 

C) Gas hourly space velocity, GHSV: 200-505 h-', 

d) H2/C0 ratio: 7 to 3. 

6.3.2. Experimental Procedure 

The experimental set-up, as well as the experimental procedure for these 

runs, has been already described in Chapter 4 of this thesis. The catalyst used 

was an eggshell Co-Zr supported on silica. Details about the preparation and the 

characteriration of this catalyst are reported in Chapter 5. 



During the development of these experiments, a single batch of catalyst 

(10 cm3) was employed. After reduction (refer to Section 4.3.) the syntheçis 

gas was fed to the reactor unit with the catalyst being kept under the same 

operating conditions for 120 hours. 

After completing this preparatory phase, the first experimental test was 

developed (Run 17-1). This experimental condition to be repeated frequently 

during the experimental program was, in the context of the present study. 

identified as the "reference conditionn. In addition to this, runs were extended 

in between operating conditions having the catalyst on stream , for periods 

long enough as to ensure that the steady-state behavior was reached. It was 

judged that the time for reaching steady state was than 24 h given the fact 

that the outlet gas compositions remained unchanged before that period of 

time. 

Overall mass balances were carried out for these experiments based on 

24 hours runs with various experiments being carried out over a total of 3200 

hours of reactor continuous operation. A detailed listing of experimental 

conditions considered is included in Appendix E. 

Three additional experirnents (Runs 1 7-40, 1 7-79, and 1 7-1 21 ) were 

developed at the so-called 'reference conditionn to assess periodically the 

catalyst activity, the catalyst deactivation and the reproducibility of the system 

results. Table 6.2 describes operating conditions, conversions, product 

distributions, and mass balances for these four reference runs. 



From Table 6.2, it can be observed that the carbon monoxide 

conversion, for the repeat experiments called "reference condition", were very 

close. Since all the experirnental data for the kinetics studies were carried out 

over a period of five months of continuous operation, al1 evidence indicates 

that the catalyst was quite stable and did not deactivate significantly during 

these extended runs. 

Reproducibility of experimental data was determined using carbon 

monoxide conversion as a basis. With this end in view, the standard deviation 

and the 95% confidence interval level were calculated for various repeats. 

The carbon monoxide conversion was found to range from 15.67% to 

18.58%, which gives an average of about 17.28% with a standard deviation of 

k 1.4%. This represents an error close to 8% value which is commonly found 

for this type of experiments. Figure 6.3 presents the carbon monoxide 

conversion versus the time-on-stream. The dotted lines in Figure 6.3 report 

the 95% confidence interval level confirming the trends already observed from 

the standard deviation. 



Table 6.2. Summary of operating conditions and results for the 
"Reference Condition" 

Experiment num ber I l  17-40 17-79 17-121 

Operating conditions 

Temperature ( O C )  220 220 220 220 

Pressure (Mpa) 1.52 1.52 1.52 1.52 

GHSV (K') 390 390 390 390 

H&O ratio inlet 2: 1 2: 1 2: 1 2: 1 

Hours on stream (h) 144 1065 2020 3012 

Analytical results 

CO conversion, 

H2 conversion 1 

Mass balance, % (global) 98.18 97.15 96.39 98.65 

Mass balance, % (oxygen) 99.10 98.23 98.76 98.76 

Product selectivity (%) 

Carbon dioxide 

Water 

Hydrocarbons 
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Figure 6.3. Change of carbon monoxide conversion with time-on- 
strearn. Runs 17-1, 17-40, 17-19 and 17-121. Tests 
performed et T = 220 OC, P = 1.52 MPa, GHSV = 390 h" and 
inlet HWCO = 2. 



6.3.3. Effect of temperature 

Several expenments were performed in order to study the influence of the 

temperature over the CO conversion, selectivity, and hydrocarbon product 

distribution. Two sets of experiments were selected (refer to Table 6.3) covering 

a wide range of the typical operating conditions for FTS. 

The fint set of experiments was performed with an initial H2/CO=2 ratio, 

1.52 MPa pressure and 348 K' GHSV. The second set of operating conditions 

was at HdCO= 1, 0.73 MPa pressure and 234 h" GHSV. 

Table 6.3. Summary of Operating Conditions: Effect of the Temperature. 

SET 1 I p 2 

Temperature ( O C )  

Pressure (MPa) 

GHSV (h-') 

H2/C0 ratio inlet 

Analytical tesulh 

CO conversion, % 

H2 conversion, % 

Mass balance, % (global) 

Mass balance, % (oxygen) 

Product selectivity (16) 

Carbon dioxide 

Water 

H ydrocarbons 

Gcperirnent num ber 17-4 17-7 17-10 17-13 17-70 17-67 17-64 



6.3.3.1. Carbon monoxide conversion 

Figure 6.4 reports the effect of temperature on the CO conversion. It was 

found that the CO conversion increased steadily with temperature and this for 

both sets of operating conditions studied. Note that these results are in 

agreement with those published before by Vannice (1975), and Everson and 

Mulder (1 993). 

205 21 O 215 220 225 230 

Temperature ( O C )  

Figure 6.4. Effect of the temperature on the CO conversion. Runs as 
listed in table 6.3. Tests performed at: gas pressure = 1.52 
MPa, GHSV = 348 hm' 

6.3.3.2. Hydrocarbon product distribution 

Regarding products fomed, the produd distribution is given for set #1 of 

the operating conditions. Fig. 6.5 reports product distribution for an inlet H2/C0 

ratio of 2. In this case, as temperature increases, the product distribution shifts 

towards higher molecular weight hydrocarbons and this does not agree with 

trends reported by other investigaton. A possible justification for this is that 



temperatures were changed in a lower range than previous work. Dalai et al. 

(1992) employed, for instance, temperatures from 250 to 275 O C  while in the 

development of this research temperatures were kept in the 200-220 OC range 

and as close as possible to the ones found in industrial units. Similar results to 

the ones of the present study were reported by Everson and Mulder (1993) using 

supported ruthenium catalysts at 230 OC. It is also interesting to note (Fig. 6.5) 

the low selectivity towards methane and high selectivity to CIO-CÎo fraction 

exhibited by the eggshell catalyst within the range of temperatures considered in 

this work. 

Hydrocarbon fraction 

Figure 6.5. Effect of temperature on the hydrocarbon product 
distribution. Runr as summarized in Table 6.3. Tests 
performed at: gas pressure = 1.52 MPa, GHSV = 348 Y', 
and inlet H21C0 ratio = 2. 



6.3.3.3. AndersonSchultz-Flory distribution 

The Anderson-Schultz-Flory (ASF) distribution (Wdn versus the 

hydrocarbon carbon nurnber) at four different temperatures, as used in set # A ,  

are displayed in Fig. 6.6. It was found that in al1 cases there is some deviation 

from the ASF distribution. Most FT produd distributions reported in the technical 

literature, present appreciable deviations from ASF polymerization kinetics. 

Practically all these deviations are caused either by secondary reactions or by 

the need of involving at least Wo different values of a. 

ASF distributions in Fig 6.6 are charaderized by a sudden decline in the 

CTCa range. This can be attributed to a decrease of the desorption rate constant 

with increasing carbon numben (Schulz et.al., 1995). The ASF distributions also 

present a sudden drop at Ce carbon number and this indicates that no single 

value of the chain growth probability, a, can be used to describe the complete 

spectrum of hydrocarbons products. This sudden drop in ASF plots was 

observed by Dalai et al. (1997), and by Satterfield and Stenger (1984). Moreover, 

the slight increase in a in the range Cg-C15 can be explained by an increased re- 

adsorbability of product molecules (Schulz, et al. 1995). 

The a parameter was estimated by the slope of the best straight line for 

the  CI^+ range. It wn be observed (Fig 6.6) that a augmented from 0.79 to 0.86 

when the temperature increased from 209 to 226 O C .  Thus, the increment of 

temperature, in the range studied leads to a produd distribution with a higher 

average molecular weight and consequently, hydrocarbons of longer carbon 

chain lengths. This is certainly an undesired effect if one would like to maximize 

the hydrocarbon fraction in the CicrC20 range and this calls for a close 

temperature control in industrial scale units using the eggshell catalyst. 
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Figure 6.6. Anderson-Schultz-Flory distribution as a function of the 
temperature. Runs as listed in Table 6.3. Tests perfomed 
at: P = 1.52 MPa, GHSV = 348 hg' and inlet H21C0 ratio = 2. 



6.3.4. Effect of the Pressure 

While using the eggshell catalyst, several experirnents were performed 

to study the influence of the pressure on CO conversion, selectivity, and 

product distribution. The pressure was increased from 1.1 to 1.52 MPa, while 

other operating conditions were, as described in Table 6.4, kept constant. 

Table 6.4. Summary of Operating Conditions: Effect of the Pressure 

Experiment number 1 7-22 17-25 17-79 

Openting conditions 

Temperature ( O C )  

Pressure (MPa) 

GHSV (h-') 

H21C0 ratio inlet 

Analytical resulb 

CO conversion, % 

HZ conversion, % 

Mass balance (overall), % 

Mass balance, % (oxygen) 

Product selectivity (%) 

Carbon dioxide 

Water 

Hydrocarbons 



6.3.4.1. Carbon monoxide conversion 

Carbon monoxide conversion, and its change with total pressure, is 

reported in Fig 6.7 for the 1.1-1.52 MPa total pressure range. In this respect, 

catalyst activity in terrns o f  CO conversion showed a slight increase with total 

pressure. These results were expected, given the corresponding increment of 

partial pressures of both CO and Hz, which lead overall to an increment of the 

FT synthesis rate and consequently of the CO conversion. Regarding 

pressure effects, it can be stated that they compare well with those obtained 

previously by Datai (1 997). 

1 1.1 1.2 1.3 1.4 1.5 1.6 

Pressure (MPa) 

Figure 6.7. Pressure effect on Carbon Monoxide Conversion. (Runs 
reported in Table 6.4). Tests performed at: Temperature = 
221 OC, GHSV = 390 hot, and inlet HzlCO ratio -2. 



6.3.4.2. Hydrocarbon product distribution 

The influence of total pressure on product distribution is reported in Fig 

6.8 with the hydrocarbon product distribution moving towards heavier products 

at higher total pressures. This figure also shows that consistent with this 

selectivity to methane, C2'C4, and Cs-Ce hydrocarbon fractions decrease with 

total pressure. It is speculated that observed changes in the product selectivity 

are probably due to the changes in the relative rates of elementary reactions 

involved in the h ydrocarbon synthesis (Dalai et al., 1 992). 

0 1.33 (MPa) 

1.52 (ma) 

Hydrocarbon fraction 

Figure 6.8. Effect of the pressure on the hydrocarbon product 
distribution. (Runs listed in Table 6.4). Tests performed at: 
Temperature = 221 O C ,  GHSV = 390 ho', and inlet H&O 
ratio = 2. 



6.3.4.3. Anderson-Schultz-Flory Distribution 

The ASF distributions and the effect of total pressure are reported in 

Fig. 6.9. Important deviations of the classical ASF distribution with single a 

values were noticed. Furtherrnore for a defined for Ci5* it was observed that 

there is a consistent increment of a from 0.83 to 0.87 when the total pressure 

is increased from 1.1 MPa to 1.52 MPa. 

In this respect, Stenger and Askonas (1986) found similar results while 

using a iron-based catalyst measuring increasing a parameters from 0.56 at 

0.37 MPa to 0.68 at 1.48 MPa. 
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Figure 6.9. AndersonSchultz-Flory distribution as a function of the 
pressure. (Runs listed in Table 6.4). Tests performed at : T 
= 221 O C ,  GHSV = 390 hg' and inlet H&O ratio = 2 



6.3.5. Effect of GHSV. 

In order to study the influence of the gas hourly space velocity, GHSV, 

over CO convenion, product selectivity , and hydrocarbon distribution four 

experiments were carried out. The operating conditions used are reported in 

Table 6.5. 

In these experiments the GHSV was varied from 432 to 210 h", while the 

rest of the operating conditions were kept at constant values. The temperature 

selected (230 OC) for this experiment was higher than other temperatures used in 

previous experiments. This was done to obtain a reasonable CO convenion 

when the GHSV was increased from 210 to 432 h". 

Table 6.5. Surnmary of Operating Conditions: Effect of the GHSV. 

Experiment number 77-88 17-91 17-94 17-97 

Temperature ( OC) 230 230 230 230 
Pressure (MPa) 1.52 1.52 1.52 1.52 
GHSV (h") 432 360 276 210 
H21C0 ratio inlet 2: 1 2: 1 2: 1 2: 1 

Analytical results 
CO conversion, % 18.2 24.36 31.37 39.67 
H2 conversion, % 17.79 22.32 29.98 40.16 
Mass balance, % (global) 98.8 98.4 98.2 97.2 
Mass balance, % (oxvcren) 98.9 98.4 98-5 98-5 - . I I  I 

Product selectivity (%) 
Carbon dioxide 
Water 
Hydrocarbons 41.99 42.34 42.19 43.04 

Table 6.5 also summarizes overall mass balances closing in the 97% 

range and oxygen balances closing in the 98 % range. 



6.3.5.1. Carbon monoxide conversion 

The effed of the gas hourly space velocity. GHSV. over the carbon 

rnonoxide conversion is reported in Fig 6.10. As expeded the highest CO 

conversion was obtained when the GHSV was 210 h" and the lowest CO 

conversion for a GHSV of 432 h-' and this agrees with the results of Evenon and 

Mulder (1 993). 

-+ CO conv. 
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Figure 6.10. Effect of the GHSV on the conversion of Carbon 
Monoxide. Runs numbers listed in Table 6.5. Tests 
performed at: T = 230 O C ,  P = 1.52 MPa, and inlet Hl/CO 
ratio = 2. 

6.3.6.2. Hydrocarbon product distribution 

The hydrocarbon product distribution as a function of the GHSV is 

reported in Fig. 6.1 1. It is shown that the distribution of lighter products 

(methane, CTC4 and C5-Cg ) is favoured with increased GHSV. On the other 



hand, the and C2,* hydrocarbon fractions show an increment with 

smaller GHSV. This result confirms that for conditions leading to longer 

contact times, lower GHSV, chain growth takes place in a more significant 

extent and there is, as a result, an increase in the formation of higher 

molecular weight hydrocarbons. 

Figure 
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6.11. Effect of the GHSV on the hydrocarbon products 
distribution. Runs numbers reported in Table 6.5. Tests 
performed at: T = 230 O C ,  P = 1.62 MPa, and inlet H21C0 
ratio = 2. 

6.3.5.3. AndersonSchultz-Flory distribution. 

The effect of the GHSV on the Anderson-Schultz-Flory, ASF, 

distribution is reported in Fig. 6.12. Deviations previously reported in the ASF 



distributions were also present here. However for the higher GHSV, these 

deviations were less important than in prior cases. Another finding was the 

similarity of the various distributions in the CI1-Cm sections of the plot. In fact, 

from carbon 11 to carbon 26 ASF distributions have alrnost the same a 

values. indicating a small effect of GHSV on chain growth probability. Outside 

this region, however, an important difference was observed between ASF 

distributions and this suggests the important influence of GHSV on chain 

growth probability after carbon number 26. 

This phenornenon can be explained by the different contact times 

provided to reactants and products. Higher GHSV lead to lower contact-times, 

and as a result to a decreased probability of secondary reactions due to a 

decreased opportunity for a-olefin reinsertion. Furthermore, a lower GHSV or 

higher contact time, gives more opportunity for a-olefin reinsertion and as a 

result higher chain growth probability. 

In this respect, it is important to point out that reinsertion rates augment 

exponentially with carbon number and this due to the preferential 

physisorption of longer hydrocarbons on catalyst surface [Kuipers et al. (1996) 

and lglesia et al. (1 991)j. 
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Figure 6.12. AndersonSchultz-Flory distribution as a function of the 
GHSV. Runs numbers listed in Table 6.5. Tests perfonned 
at: P = 1.52 MPa, T = 230 OC and inlet H21C0 ratio = 2. 



6.3.6. Effect of H21C0 ratio. 

A number of experiments were carried out at different H2/C0 ratios with 

the temperature, pressure and GHSV kept constant. Three H2/C0 ratios were 

tested: 1 :1, 2: 1 and 3: 1. This was done to understand the influence of this 

parameter on carbon rnonoxide conversion, selectivity and product 

distribution. The operating conditions used are described in Table 6.6. 

Table 6.6. Summary of Operating Conditions: Effect of the H2/C0 ratio 

Expenment number 17-1 06 1 7-9 1 17-1 27 

Operating conditions 

Temperature ( OC) 

Pressure (MPa) 

GHSV (h-') 

H2/C0 ratio inlet 

Analytkal results 

CO conversion, % 

HZ conversion, % 

Mass balance, % (global) 

Mass balance, % (oxygen) 

Product selectivity (%) 

Carbon dioxide 

Water 

Hydrocarbons 



6.3.6.1. Carbon Monoxide Conversion 

As reported in Fig 6.13 the CO conversion increased from 8 to 57 % while 

the H2/C0 ratio was changed from 1 :1 to 3:l. This demonstrates that the ratio of 

hydrogen to carbon monoxide in the feed stream had a marked effed on the 

catalytic activity and this is consistent with published results (Singleton and 

Reigier, 1983; and Evenon and Mulder, 1993). These changes were also 

consistent with the strong influence of hydrogen partial pressures in the reaction 

kinetics. 

I -t- CO conv 
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Figure 6.13. Effect of the HdCO ratio on the conversion of carbon 
monoxide. Runs numbers listed in Table 6.6. Tests 
performed at: T = 230 O C ,  P = 1.52 MPa and GHSV = 380 hg'. 





Regarding the a parameter it was estimated using the slope of the best 

linear fitting for carbon number over ClS. The a parameter showed a 

consistent increase from 0.76 to 0.87 white the H2/C0 ratio varied from 3 to 1. 

This effect on the a parameter was expected given the reduction of the 

hydrogen partial pressure and the correspondingly higher carbon rnonoxide 

partial pressure. 

C l  C2-C4 CS-CS CIO-C20 C21+ 

Hydrocarbon fraction 

Figure 6.14. Effect of the H2lCO ratio on the hydrocarbon products 
distribution. Runs numbers reported in Table 6.6. Tests 
performed at: f = 230 O C ,  P = 1.52 MPa and GHSV = 360 hm'. 
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Figure 6.1 S. Anderson-Schultz-Flory distribution as a function of the 
H2/C0 ratio. Runs numbem summarized in Table 6.6. Tests 
performed at: T = 230 O C ,  P = 1.52 MPa and GHSV = 360 hg'. 



6.3.7. Conclusion 

For the eggshell catalyst of this study, a series of experiments were 

carried out to study the influence of the operating conditions on carbon 

monoxide convenion, product selectivity, and hydrocarbon product 

distribution. The results obtained led to the following conclusions: 

Carbon monoxide conversion increased with temperature. In addition, 

within the range covered in these experiments, an increment of 

temperature shifted the hydrocarbon distribution towards higher molecular 

weig ht hydrocarbons. 

The total pressure had a mild effect on carbon rnonoxide conversion with 

the total pressure increasing the chain length of the hydrocarbons formed. 

The effect of gas hourly space velocity (GHSV) on carbon monoxide 

conversion and hydrocarbon products distribution was also important. 

lncreasing GHSV decreased the CO conversion shifting the hydrocarbons 

distribution towards lighter rnolecular weight hydrocarbons. 

Carbon monoxide convenion increased with H2/C0 ratio with lower H2/C0 

ratios favounng the production of higher molecular weight hydrocarbons. 

The Anderson-Schultz-Flory, ASF distribution, for al1 the experiments 

developed, presented systematic deviations of the classical ASF 

distribution. It appean that more than one a parameter is needed for this 

type of distribution. While this phenornenon may be attributed to either 

secondary reactions or the presence of different sites on the catalyst it 



appean that for the eggshell catalyst, of this study, secondary reactions 

are the most likely chemical events explaining Wese deviations. 

6.4. Kinetic modeling 

This section describes the kinetic models considered for FTS on cobalt- 

catalysts. The main goal was to discriminate between possible kinetic models 

for the conversion of synthesis gas into higher hydrocarbons. These kinetic 

models are required to provide satisfactory simulation of the pseudoadiabatic 

reactor using an eggshell cobalt catalyst. 

6.4.1. Kinetic Experiments 

Overall the Fischer-Tropsch synthesis is a complex network of parallel 

and series reactions with these reactions involving different extents and 

determining catalyst performance. These reactions can be classified into 

primary and secondary reactions with different dependence with respect to 

pressure, temperature and composition. 

Given the above mentioned facts a kinetic study with a FTS catalyst 

should be made over a wide range of process conditions and this to evaluate 

more precisely the catalyst performance. 

The data used in this section is based on the experimental runs 

reported in Section 6.3 (Appendix E). Table 6.7 reports run number, operating 

conditions as well as the reaction rates found for each run. It can be 

appreciated that operating conditions were varied as follows: temperature from 



209 to 230 O C ,  pressure from 0.34 to 1.52 MPa, GHSV from 210 to 504 h", and 

H2/C0 ratio from 1 to 3. 

The rate of reaction for the FTS was defined based on the assumption 

that the CSTR mode1 applies for the internally circulated Berty reactor 

operated at 1900 RPM. 

and 

Adding eqs (6.1) and (6.2), ~H,+co, the combined moles of hydrogen 

plus carbon monoxide converted per unit time and mass of catalyst were 

calculated from: 

F 
Vi2+c0 = -- "kt [CH, - CH* 1- (CC* - ~ C O  )] 
It can in this way be shown that the increases from -0.0326 to 

-0.301 8 mmol/min/g of catalyst. 



Table 6.7. Experirnental Reaction Rates 

Run Temp. Pressure GHSV H2/C0 ratio r H2+CO 

# (OC) ( M W  w1 1 (rno~rno~) (mmol/min/g of catalyst) 
2 0.0326 



6.4.2. Kinetic models 

There is a significant volume of technical literature dealing with kinetic 

modeling for FTS (Storch et a/., 1951 ; Anderson, 1956; Yang et al., 1979; Bub 

and Baems, 1980, Pannell et al., 1980; Rautavuoma and van der Baan 1981 ; 

Dixit and Tavlarides 1982; Wojciechowski, 1988; Sarup and Wojciechowski, 

1989; Post et a/. , 1989; Yates and Satterfield 1991 ; lglesia et al., 1993). While 

there are important differences in between equations there are a nurnber of 

common factors that should be the basis of the kinetic models postulated: a) FTS 

occun far from the reaction equilibrium. Thus, there is no reverse readion term 

involved in the numerator of the rate equation, b) there is minimum infiuence of 

water gas shift reaction and consequently there is no extemal condition (other 

reaction equilibrium condition) interelating partial pressures, c) FTS rate is 

constantly inhibited by carbon monoxide, thus there should be a CO partial 

pressure terni included in the denominator of the rate equation. 

In 1991, Yates and Satterfield published a study summarizing most 

common and accepted kinetic equations for the Fischer-Tropsch synthesis on 

cobalt catalysts. On this basis five different kinetics models were considered: 

Model 1 (Power law model) 

Mode12 (Iglesia et. al., 1 993) 



Model 3 (Sarup and Wojciechowski, 1989) 

Mode14 (Rautavuoma and van der Baan, 1981 ) 

Mode15 (Anderson, 1956) 

Regarding eq (6.4) this is a straight 

(6.8) 

forward empirical power law 

equation frequentl y used by many authors in the technical l iterature (Pannel 

et. al., 1980; Yang et al., 1979; Wang et al., 1987). In these power law 

expressions the constants are empirical parameters used to adjust the data 

and having very limited physicochemical meaning. In eq (6.4) the m coefficient 

for the  PH^ term is positive while the power n for pco is negative and this 

confirms the inhibition effect by adsorbed CO. 

Eqs 6.5-6.8, however were derived using a Langmuir-Hinshelwood- 

Hoogen expression. These expressions highlight different key reaction steps. 

For instance, some kinetic models postulate a role for the dissociated CO 

while others daim that the CO is adsorbed but not dissociated (Sarup and 

Wojciechowski, 1989). Moreover, there is also the possibility of assuming that 



hydrogen adsorbed ont0 catalyst surface dissociatively (Rautavuoma and van 

der Baan. 1981 ). 

While there are, as already described, important differences the 

Arrhenius' equation for correlating the dependence of reaction coefficients 

with temperature have been used consistently in kinetic models reported: 

with k being the rate coefficient, k, the pre-exponential term, EA the activation 

energy, RA the ideal gas law constant of 8.3144 joules1g.-mo1es.K and T the 

absolute temperature in degrees Kelvin. 

Regarding eq (6.9), it involves parameters, such as the pre-exponential 

factor and the activation energy. These parameters may sometimes display 

strong cross-correlation. To overcome cross-correlation, since the range of the 

observed temperatures is relatively much smaller than the mean temperature 

the following form of the equation is frequently preferred (Bates and Watts, 

1988; and Kittrell, 1970): 

where T, is the average absolute temperature corresponding to the 

experimental range where experiments were developed. 

Wth this end in view, and to use eq (6.10) data was analyzed using the 

value of 493 K, average temperature for experiments perfoned. 



6.4.3. Modding Results 

The kinetic parameters for the five kinetic models were estimated by a 

non-linear least square method. A FORTRAN program UWHAUS, which 

operates using the Marquardt algorithm (Marquardt, 1963). This program was 

used to calculate the best estimates of these parameters. A so-called MAlN 

program was used to read the experimental data and the subroutine MODEL 

was employed to compute the function values required to access UWHAUS. A 

detailed listing of the prograrn MAlN and MODEL, is included in Appendix E. 

The fitting for the estimation of the parameters was based on the 

rninimization of the summation of the squares of the differences between 

experimental and predicted reaction rates. Discrimination between the 

different kinetic expressions was based on the following criteria: 

The quality of the fitting which was indicated by the value of the variance, 

The 95% confidence interval levels of the parameters, 

The randomness of the distribution of the residuals, 

The correlation matrix obtained to identify cross-correlation between the 

parameters. 

Results of the parameter estimation obtained for the Models 1, 2, 3, 

4,and 5 are presented in Tables 6.8, 6.9, 6.10, 6.1 1, and 6.12. It has to be 

mentioned that the quality of fitting for the models was satisfactory. The 

variance of normalized residuals calculated from the summation of the 

squares of the residuals were in the range of 3 . 1 7 1 ~ 1 0 ~  - 3 . 6 2 9 ~ 1 0 ~  



m.moll(min.g.cat) which, cornpared to the average experimental rate of 9.175 

XI 0-2 rn.moll(min.g.cat), corresponded to an approximate deviation of 0.44%. 

Also in Tables 6.8 through 6.12, it can be observed that reasonable 

confidence intervals on parameten were obtained: For example. for the pre- 

exponential factors (ko) confidence intervals were in the 0.5 - 12%. Moreover, 

the confidence interval for the energies of activation, EA, were in the range 

0.8 - 23%, with values of the energies of activation between 11 3 to 129 

KJImole. 

It is important to notice that, as reported in Table 6.13, these values of 

the activation energies are in the range of those reported in the technical 

literature (Storch et al., 1951; Anderson, 1956; Yang et al. 1979 and Post et 

al. 1989). This confirms the validity of the experimental methods and 

parameter estimation techniques applied. It can also be argued that the 

magnitude of energies of activation is a good indication of no or very limited 

mass and heat transport controls. In fact, smaller energies of activation for 

FTS are normally indicators of potential mass and heat transport limitations. 

Finally, for the exponent of the various concentration terms the 

confidence intervals were in the range of 15 - 52%. For Model 1 the reaction 

order in CO is negative suggesting that adsorbed CO and derived CH,species 

are the most abundant reactive intermediates. In this respect, lglesia et al., 

(1993) suggested that positive reaction order for CO while using a kinetic 

expression as the empirical one advanced in Model 1, is an indication of the 



catalyst surface not being saturated with CO and CHx species. Saturation of 

the surface leads to negative CO reaction orden in eq (6.4). an expected 

condition in eggshell catalysts having a surface rich on adsorbed CO and CHx 

species. 

Models 2, 3, 4, and 5 led to positive reaction orders for CO and this 

demonstrated the dominant influence of 'b" parameters. These "b" parameters 

representing adsorption coefficients in Models 2, 3, and 4 were in the range of 

55 -82 % with values between 5 - 39 (units varied for each case). Thus , given 

the magnitude of 'b" (e.g. bpco >> 1 for Model 2) this leads, once the proper 

algebra considered, to effective negative orden for CO and this allows to 

reconcile the trends of Model 1 with al1 the other models. Note that the only 

exception was Model 5 which led to a smaller b value and to a situation where 

b peo p i 2  P 1. 

Regarding parameter mutual dependence, this can be examined in the 

cross-correlation matrix (Tables 6.8 to 6.12). From these tables it can be 

noticed that the five models considered have independent kinetic parameters 

with little cross-correlation: al1 cross-correlation coefficients smaller than 1. 

Consequently, it can be concluded that there is, in the present work, little 

cross-correlation between the kinetics constants considered and the numerical 

methods used to asses the kinetic constants are correct. 



Table6.8. Results of the panmeter estimation obtpined for the 
kinetic model 1 (Equation 6.4 Power Iaw model) 

Parameters Values 

Parameter Guess Final Lower U P W  k %  

KI 2.OE712 2*19E+12 2.18€+12 2. 19E+12 0.457 

E 90 127 126 1 28 0.787 

n 1 -0.428 -0.568 -0.287 32.71 

m 1 0.886 0.706 1 .O7 20.32 

Correlation Matrix 

Sum of squares after regression = 0.0130644 

Variance of residuals = 0.0003629 36 degrees of freedom 



Table 6.9. Results of the parameter estimation obtained for the 
kinetic model 2 (Equation 6.5 lglesia et al., 1993). 

Parameters Values 

Parameter Guess Final Lower U P P ~ ~  * %  

Correlation Matrix 

Sum of squares rfter regression = 0.01 110077 

Variance of residuals = 0.0003172 35 degrees of freedom 



Table6.10. Results of the parameter estimation obtained for the 
Kinetic model 3 (Equation 6.6 Sarup and Wojciechowski 
model). 

Parameters Values 

Parameter Guess Final Lower U P P ~ ~  î% 

Correlation Matrix 

Sum of squares ofter regreclslon = 0.01 11058 

Variance of residuals = 0.00031 72 35 degrees of freedom 



Table 6.11. Results of the parameter estimation obtained for the 
Kinetic model 4 (Equation 6.7 Rautavuoma and van der 
Baan model). 

Parameters Values 

Parameter Guess Final Lower U P P ~ ~  * %  

Correlation Matrix 

Sum of squares after regression = 0.01 110005 

Variance of residuals = 0.00031 71 35 degrees of freedom 



Table 6.12. Results of the parameter estimation obtained for the 
Kinetic model 5 (equation 6.8 Anderson et al. model) 

Parameters Values 

Parameter Guess Final Lower U P P ~ ~  * %  

Correlation Matrix 

Sum of squares after regression = 0.0480579 

Variance of residuals = 0.0003166 37 degrees of freedom 



Table 6.13. Cornparison between parameters as obtained from this 
work and the ones reported in the technical literature. 

Model Reference Parameter 

n m €A (Kjlmole) 
- - -  - - 

Yang et al. (1979) -0.5 1 120 

Wang (1 987) -0.33 O. 55 - 
1 

Pannell et al. (1980) -0.5 0.68 .. 

This work -0.43 0.89 127 

lglesia et al. (1993) 0.65 0.60 .. 
2 

This work 0.547 0.945 129 
- .- 

Sarup and 
0.5 1 - 

3 
Wojciechowski (1 989) 

This work 0.453 0.945 129 

Rautavuorna and van 

4 
der Baan (1 981) 

This worù 0.23 O. 94 129 

Anderson (1 956) 1 2 102 
5 

This work 0.21 1.27 113 



The adequacy of the five kinetic models is also shown cornparing the 

predicted and experimental rates of synthesis gas conversion. Figs. 6.16 to 

6.20 report predicted rates and experimental rates for Models 1, 2, 3. 4. and 5 

respectively. These figures (6.16 to 6.20) also include a linear regression and 

the 95% prediction interval for these models. Note that al1 models considered 

provide good fitting for al1 the range of reaction rates studied. 

Moreover, comparison between normalized residuals, experimental and 

predicted rates of synthesis gas conversion for the Models 1. 2, 3. 4, and 5 

are presented in Figs. 6.21, 6.22, 6.23. 6.24 and 6.25. A visual check of these 

plots demonstrate that residuals fluctuate around a constant mean with. 

however Models 2 and 3 (Figs. 6.22 and 6.23) providing a residual distribution 

quite symmetrical over the entire range of observations. 

Adequacy of postulated kinetic models can also be considered based 

on the values of the constants "nn and 'mn. For example, Model 2 yields a 

value of n = 0.547 and m = 0.945 and these two values are consistent with 

mechanistic explanations. Model 3 yields a value of n = 0.453 and a value of 

m = 0.945 also consistent with expectations. Model 4, however, gives a n = 

0.229 and m = 0.9434 with the n value being too small for a proper 

mechanistic justification. 

Regarding Model 5, n and rn values were 0.21 and 1.27 respectively 

with 'bn yielding the group b pCo pH2 a value close to one. Similarly to Model 



4, Model 5 displayed an 'nn to small to be valid. In summary, considering 

these facts Models 2 and 3 are the more likely ones to be valid. 

Moreover while comparing Models 2 and 3, Model 2 shows a 

denominator with a power of one while Model 3 a denominator with a power of 

2. Given the expected two sites mechanism leading to a denominator with a 

power of 2, Model 3 is overall favoured as the expression for further 

calculations. Thus. while reviewing the five kinetic models considered even if 

in terms of data adjustment there are small differences, one can argue about 

the advantage of considering Model 3 for further analysis given its higher 

probability of being phenomenologically consistent. 

6.4.4. Conclusion 

Five kinetic rate expressions were considered in the context of the 

present study. This was done on the basis of comparing experimental and 

predicted rates and the following can be concluded: 

The kinetic parameter estimated for the five kinetics models presented a 

reasonable confidence interval, which indicates the adequacy of the 40 kinetic 

nins and the numerical technique adopted. 

Plots of the residuals as a fundion of the predicted rates for the models 

presented a symmetrical (normal) distribution of residuals and this was 

parücularly tnie for the Models 2 and 3. 



Models 2, 3 and 4 presented a positive reaction order for CO in the range of 

0.23-0.55 and for H2 consistently close to 0.95. 

The empirical Model 1 presented a negative reaction order for CO and a 

positive one for H2 suggesting that adsorbed CO and derived CHx species are 

the most abundant reactive intermediates. m i l e  the order for CO was 

compared with the one of Models 2, 3, and 4 it was realized that given these 

models display a high adsorption parameter (b) the effective CO order for the 

models is neyative as well and there is as a result consistency between 

Models 1,2, 3 and 4. 

Regarding the Model 5, it displayed an adsorption parameter "b" leading to a 

b peo pE2 of about 1. 

The apparent activation energy for the various kinetics expression was in the 

range of 113-129 KJimole range suggesting no intraparticle mass transfer 

controls. 

Overall Model 3 was the one preferred for further simulation, given it was the 

one more consistent with various mechanistic steps. 



Figure 6.1 6. Predicted venus experimentai reacdion rate for Model 1. 
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95% prediction interval _-III 

Figure 6.1 7. Predicted versus experimental reaction rate for Model2. 
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Figure 6.18. Predicted versus experimental reaction rate for Model 3. 
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Figure 6.19. Predicted versus experimental reaction rate for Model4. 
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Figure 6.20. Predicted versus experimental reaction rate for Model5. 



Figure 6.21. Cornparison between the predicted and the experimental 
residuals for Mode11 . 



Figure 6.22. Cornparison between the predicted and the experimental 
residuals for Mode12 . 



m.. a 

Figure 6.23. Cornparison between the predicted and the expeiimental 
residuals for Mode13 . 



Figure 6.24. Comparison between the predicted and the experimental 
residuals for Mode1 4 . 



Figure 6.25. Cornparison between the predicted and the experimental 
residuals for Mode15 . 



CHAPTER 7 

7.1. Introduction 

This chapter describes results of the numerical simulation of a pseudo- 

adiabatic (PO) fixed bed reactor using a Co-ZrfSi02 catalyst. This type of 

catalytic reactor is considered of particular value for the conversion of synthesis 

gas into hydrocarbons in the C10-C20 range. 

As mentioned earlier, (refer to the Literature Review Section) a pseudo- 

hornogeneous one-dimensional model is considered for the numerical simulation 

of the PO reactor. Note that there are other models available in the technical 

literature, pseudo-homogeneous and heterogeneous two-dimensional models. 

These models were considered in previous contributions by UWO researchers 

(de Lasa et al., 1985; Ravella and de Lasa , l987a; Ravella, 1987; Simard, 

1991). It was found that for the PO regime simulations from these models do not 

significantly differ from the one-dimensional pseudo-homogeneous 

representation. Consequently this representation can provide satisfactory reactor 

simulation. 

A specific objective of the reador simulation, in a pseudo-adiabaüc mode 

of operation, is the study of the influence of several operational parameters, such 

as inlet CO partial pressure, inlet gas and coolant temperature, and flow of 

coolant over the CO conversion and temperature. In any case, results of this 



study are very useful to assess the range of operation for the pseudo-adiabatic 

regime (PO) or altematively for the development of control strategies for further 

scale-up of the PO unit. 

A summary of the simulated experiments and of the various operating 

conditions selected is presented in Table 7.1. These operational ranges were 

chosen given they represent the normal range of operating conditions in a FT 

reactor. 

7.2. Pseudo-homogeneous Onedimensional Model 

A number of important assumptions have to be made while using a 

pseudo-homogeneous onedimensional model (Soria Lopez et al., 1981 ; Ravella, 

1987, Simard, 1991). These assumptions can be sumrnarîsed as follows: 

Mass and thermal axial dispersion effects may be neglected. This assumption 

is consistent with the findings of several researchers (Froment, 1972a; 

Froment and Bischoff, 1979) and is applicable for the range of operating 

conditions usually encountered in industrial fixed-bed reactors. In the case of 

the PO reactor, simulated in this research, this assumption is valid since the 

Udt ratio was approximately 100 (Froment IW2b). 

Concentration and temperature gradients between the solid catalysts and the 

gas phase may be considered negligible. This hypothesis was justified given 

the small Prater number and the effectiveness factor very close to unity (Post 

et al., 1989). 



Table 7.1. Simulated Operating Conditions 

Run # Inlet Gas Inlet Coolant Flow of Flow of Pressure 

Ternp Temp W s  coolant (MPa) 

( O C )  ( O C )  (Literlmin) (kqlh) 

1 210 210 10 15 0.3 

2 210 210 10 15 0.8 

3 210 210 10 15 1 .O 

4 210 210 I O  15 1.5 

5 210 210 10 15 2.0 

6 210 210 10 15 3.0 

7 210 210 I O  15 5.0 

8 200 200 10 15 1.5 

9 210 21 0 10 15 1.5 

10 220 220 10 15 1.5 

11 230 230 10 15 1.5 

12 240 240 I O  15 1.5 

13 21 O 195 10 15 1.5 

14 210 200 I O  15 1.5 

15 210 205 10 15 1.5 

16 210 220 10 15 1.5 

17 210 230 10 15 1.5 

18 210 210 10 5 1.5 

19 21 O 210 10 7.5 1.5 

20 21 O 210 10 I O  1.5 

21 210 21 O 10 15 1.5 

22 230 210 I O  20 1.5 



The axial pressure drop in the bed is comparatively srnall with respect to the 

total system pressure, so pressure drop changes can be neglected. This 

assumption was confirmed given that the pressure drop, calculated using the 

Ergun equation (Mccabe and Smith, 1976) was 0.9 KPaIm. Thus, the 

pressure drop influence on the total pressure was safely neglected. 

The overall heat transfer coefficient Ut is considered to be constant. This 

means that both the physical properties of the fluids (represented by the 

Prandtl number) and the fluid dynamics of the systern (represented by a 

Reynolds number) can be taken as constants in the reactor. This was verified 

while perfoming the reactor simulation re-evaluating at every step of the 

calculation the different physical properües of the reaction gas mixture and of 

the liquid coolant: density, viscosity, heat capacity, and thermal conductivity. It 

was observed that variation of these physical properties was less than 3%, 

which confirmed the adequacy of the postulated assumption. 

In the one-dimensional model it was considered that the temperature and the 

partial pressure were essentially constant across the reactor cross-section. 

Temperature changes were only accounted in the vicinity of the wall using a 

modified heat transfer coefficient. While rnany authors agree that there could 

be important gradients in the radial direction for conditions leading to hot 

spots, in the pseudo-adiabatic regime with no hot spots or very srnall hot 

spots neglecting temperature and partial pressure radial variations is fully 

adequate. 



Regarding the simulation of FT synthesis under PO conditions, there are a 

number of specific problems to be addressed. First, the reactor operates with 

some fraction of liquid products. While for typical conditions seleded for the 

simulation (200-230 OC, 1-3 MPa) water remains in the vapour phase (Chaumette 

et al., 1995). heavier hydrocarbons can condense forming liquid inside the 

reactor tubes. This condensed phase can fiIl potentially the pore of the catalyst 

and can generate intra-particle mass transfer limitations (Post et al., 1989). Note 

that it is expected these effects are very likely minimized in an eggshell catalyst. 

Another effect of hydrocarbon condensation is their contribution to the 

overall exothermicity of the reaction. Note that the heat released during 

condensation generates an extra 2% of the heat k i n g  produced (Chaummette et 

al.. 1995). 

Furthemore, the presence of a liquid fraction enhanœs heat transfer and 

leads to a better distribution of heat inside the reactor tubes, thus helping to get 

more uniform temperatures. This may eventually contribute to the development 

of the pseudo-adiabatic regime. 

Unfortunately, fully accounting for the effect of condensed liquid in the 

reactor simulation is not an easy task. Consequently, as a first approximation it 

was decided to develop a PO simulation assuming no liquid products was 

present and thus, having al1 reaction products in the gas phase. In order to 

justify this assumption, a simulation was perfomed using a HYSIM package 

having a stream with an hypothetical conversion of carbon monoxide of 65 1. 



This simulation demonstrated that under the conditions of the present study with 

hydrocarbon products rich in the CIO-Czo fraction the liquid fraction is only 3.3 wt 

% of the total outlet strearn (Galarraga and Peluso, 1995). Thus. to neglect the 

liquid fraction in ternis of potential effects on transport phenomena is a sound 

approximation. 

More specifically numerical simulation of the pseudoadiabatic reactor was 

achieved solving a set of three differential equations. These equations represent 

the rnass and heat balances of the reactor model. 

dT 
- 

- = B P exp LTtbJ+ C (T-Tc) 
dZ 

In the present project the simulation was implemented by means of a 

computer program written in the FORTRAN 77 language. The three model 

equations were solved simultaneously along the longitudinal direction of the 

reactor, 2. In order to integrate this set of three equations the program used a 

fourthorder Runge-Kutta routine. A listing of the program used for the 

calculations called "PBREACT' is presented in Appendix G. 

As a brief outline of the "PBREACT" program, it can be stated that this 

program employs data to calculate heat-transfer parameters for each point in the 



reactor. Then, these results were used to generate a U value, "U calculated from 

correlation". Finally, the program used the values of U, AHRl and the kinetic 

information to calculate the group of constants called A, B, C and D (refer to 

equations 3.24, 3.25. 3.26 and 3.27 in Chapter 3 section 3.9.1). Note that these 

parameten are needed to solve the set of three ordinary differential equations 

getting the average reactor temperature (T), coolant temperature (Tc), the 

centreline temperature (T'), partial pressure of CO and CO conversion for every 

point in the reactor. 

Table 7.2 presents a typical output frorn the numerical simulation of the 

one-dimensional model. In the first section of Table 7.2 the input values for the 

simulation are listed. In the second section of this table the calculated 

parameters required to estimate the overall heat transfer coefficient, U, are 

reported. Finally, a second page of the program output summarises the following 

results: a) reactor temperature profile (T), b) coolant temperature profile (Tc), c) 

centreline temperature profile p), d) partial pressure of CO (pco), and e) the CO 

conversion (Xco) as function of the reactor axial distance (2). 

Conceming the rate equation, the kinetic model called "Kinetic Model 3", 

described in Chapter 6, was used in the reactor simulation. It has to be 

mentioned that this model was developed in a Berty reactor using an eggshell 

catalyst of 1.8 mm partide sire. Kinetic parameters in this model are apparent 

kinetic constants induding eventually intra-parücle diffusional phenornena. 

Regarding the heat of reaction, it was evaluated based on CO converted. 

Note that to evaluate this heat of reaction is of major importance in the range 



temperatures of interest. This is essential for an adequate reactor simulation. 

Classical themodynamics rnethods, involving heats of formation of the various 

reactants and products, were employed. A listing of the program "HEAT' used to 

perform these calculations is presented in Appendix G. 

For CO conversion ranging between 60 to 90 %, the AHR values were 

found to oscillate in a relatively narrow range with an average enthalpy of -1 62.83 

KJlmole of CO converted with standard deviations equal to k 0.076 kJ1mole of 

CO converted. This deviation only represents 0.04 % of the mean values and this 

result shows that it is possible to use an average enthalpy of reaction for al1 

calculations. Note that this average value of AHR is very close to those reported 

in the literature (refer eq 3.3 in Chapter 3) and therefore, the AHR for this reaction 

was kept constant at -162.83kJlmole of CO converted (-38889.34 Kcall Kmole of 

CO converted). 

Regarding the reactor to be simulateci, in this study, it is similar to the unit 

already installed in the Chernical Reador Engineering Centre laboratories of the 

University of Western Ontario. This reactor was successfully used for the 

following: a) methanol conversion into hydrocarbons (Ravella, 1987) and b) 

synthesis of gas into hydrocarbons (Sirnard, 1991). This reactor is a single-tube, 

2 m long and 0.0209 m diameter (314 inch Schedule 40s) jacketed unit. The 

jacket of the reactor consists of a concentric pipe (1-fi4 inch Schedule 40s). The 

gap between the central pipe and the jacket, where the coolant will circulate, is to 

be filled with steel shots of 1.5 mm in diameter to improve heat transfer in the 

coolant side. For additional details about the design and operation of this reactor 

unit refer to Ravella (1987) and Simard (1991). 
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Table 7.2. Output program-PO Reactor Simulation (PBREACT) 

INITIAL TEMPERATURE OF C S  
iNITIAL CAS FLOW 
H2/CO RATIO 
TOTAL PRESSLnE 
[NITIAL TEMPERATU?Ui OF C W U T  
COOtArn FLOW 
INLET MOLES TOTAL 
INITIAL NILES OF H2 
INITIAL !4ûLES OF CO 
ENTflALPY OF REACTI ON 
KO OF THE REACTION 

205.00 C 
10.00 Liter/nin 
2.00 
1.5 MPa 

205.0 C 
15.0 Kg/h 

,026786 Kmol/hour 
. O  10389 moi /hour 
.O08397 Kmol/hour 

-38889.00 Kcal/kmol CO converted 
.219E+ll rn3/m3 cat /s  

* ~ ~ * * ~ * 0 ~ 0 0 0 0 0 ~ 0 ~ ~ ~ ~ ~ 8 ~ 0 ~ ~ ~ 0 ~ 8 0 ~ 0 0 ~ 0 ~ 0 8 I 0  

CALCUWTED VALUES DURINC THE SIMULATION 
0 ~ ~ 0 4 ~ ~ ~ ~ 0 ~ 0 ~ 0 0 0 8 8 0 0 B ~ ~ ~ 0 0 8 8 ~ 0 0 ~ 0 0 0 0 ~ 0 ~ 8 8  

WLAR FLOW .O22 Kmol/hour 
CAS DENSITI' 4.087 Kg/m3 
CAS SUPERF 1 C f AL VELOC 1 N 169.70830 m/h 
CAS HEAT CAPACITY -7351 Kcal/ C/Kg 
CAS V~SCOSITV OUT .o70 ~g/m/h 
CAS THERMAL CONDUCTIVITY OLT -103 K c a l / C / m / h  
REYNOLDS CAS 27.8533 
PRANDTL NLMBER ûAS ,4975 
PECtET CAS 13.45 
BIOT CAS 2.99 
COOLANT DENSITY 943.4 Kg/m3 
COOLANT VISCOSIW 1.888 Kg/m/h 
COOLANT THERMAL CONDUCTIVITY .103 Kcal/ C/ a/h 
REYNOLDS C O O W  28.9 
PRANDTL CûûLANT 9.49 
EFFECTIVE RADIAL THERMAL CONDUCTIVITY -796 Kcal/H/m/ C 
JACKEI' HEAT TRANSFeR COEFFICIENT 637.086 Kcal/h/m2/ C 
WALL HEAT T R A N S m  PARAMETER 226.399 Kcal/h/m2/ C 
U FROCI CORRELATIONS 107.73 Kcal/h/m2/ C 
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Table 7.2. Output Program -PO Reactor simulation (PBREACT) (Cont ....) 

RUN NUHBER 

T 

205.35 
205.98 
206.12 
206.19 
206.25 
206.31 
206.37 
206.43 
206.49 
206.55 
206.61 
206.67 
206.73 
206. 79 
206.85 
206.91 
206.97 
207.03 
207.09 
207.16 
207.22 
207.28 
207.34 
207.41 
207.47 
207.53 
207.60 
207.66 
207.72 
207 ,?8 
207.85 
207.91 
207.98 
208.04 
208.11 
2O8,lï 
208.24 
208.30 
208.37 
208.43 

Pco 

.46995 

.46877 

.46756 

.46634 
-46510 
.46384 
,46257 
.46129 
,45999 
.45868 
.45735 
.4560L 
.45465 
.45328 
.45189 
.45048 
.44906 
,44762 
.44616 
,44469 
.44320 
.44169 
.44016 
.43861 
-43705 
.43546 
.43386 
.43223 
-43059 
.42893 
.42?24 
.42553 
,42381 
.42206 
.42028 
.41849 
.41667 
.41403 
.41296 
,41107 

Xco 

.13 

.80 
1.48 
2.16 
2.85 
3.53 
4.22 
4.91 
5.60 
6.30 
6.99 
7.69 
8.39 
9.09 
9.79 
10.49 
11.19 
11.90 
12.61 
13.32 
14.03 
14.74  
15.45 
16.17 
16.89 
17.61 
10.33 
19. OS 
19.77 
20.49 
21.22 
21.95 
22.68 
23.41 
24.14 
24.87 
25.61 
26.34 
27.08 
27.82 



7.3. Effect of the CO Inlet Partial Pressure on Reactor Temperature 

Profile. 

Regarding the simulation of the PO reactor, a first aspect was to evaluate 

the effect of the inlet CO partial pressures on the PO regime. This was done 

considering a plot like the one of Fig.7.1 relating the CO partial pressure and the 

temperatures found at different axial positions. It was observed that the variation 

of the inlet partial pressure generates different CO convenions and consequently 

produces different temperature profiles in the reactor. 

As mentioned previously, the PO regime is the regime where the axial 

reactor temperature increases steadily with the bed length in such a way the 

highest temperature in the unit is reached at the reactor outlet (Soria Lopez, 

1981). When the reactor operates outside the PO regime, "hot-spotsn develop at 

a finite axial reactor position. This condition is known as "maximum in a finite 

axial reactor position" (MFARP) (de Lasa, 1983). 

From Fig.7.1, it can be observed that the reactor temperature profiles 

change significantly as the initial CO partial pressure increases. Note that for 

instance at an initial total pressure of 0.3 MPa, which corresponds to an inlet CO 

partial pressure of 0.09 MPa, a progressive temperature increment was noticed. 

This represents an ideal PO condition with temperature always increasing along 

reactor axis. 

Moreover, for a total pressure of 0.8, 1.0, 1.5 and 2.0 MPa, conditions 

equivalent to an inlet CO partial pressure of 0.25, 0.31, 0.47, and 0.63 MPa the 



reactor temperature shows a trend similar to the one at 0.3 MPa. Reactor 

operating conditions practically remain in the PO regime with the axial 

temperature always increasing and with the outlet temperature being the highest. 

Note that in these cases, using higher initial pco leads to higher CO conversions. 

It has to be mentioned that towards the end of the temperature profiles, pco of 

0.003 MPa, 0.006 MPa, 0.009 MPa, and 0.017 MPa at the axial positions of 12, 

9.5, 7.5 and 6 m respectively, there is a minor hot spot : O.l°C. above the thermal 

level reached at Vie infinite reador position (z +a). This hot spot was 

considered srnall enough and outside the actual reactor length of 2m to 

practically change the trend of the overall curve. Thereby, it was judged that the 

PO regime still dominates the operation of the unit for poco of 0.25 MPa, 0.31 

MPa, 0.47 MPa, and 0.63 MPa. Note that for the operating conditions of Table 

7.1 (inlet total pressure of 3.0 MPa) the overall CO conversion is about 55% and 

this represents a typical performance of a FTS reactor. 

On the other hand operating conditions at a total pressure of 5.0 MPa 

(inlet CO partial pressure of 1.56 MPa) a welldefined hot spot appean inside the 

2rn length reactor. Significant changes in the dp/dT slope are obsetved with 

important hot spots developing inside the unit. In this case, the MFARP operation 

dominates and consequently hot spots (dp/dT + a ) are encountered inside the 

Pm-reactor length. 

It was thus conduded that for this particular set of operating conditions 

the limit of the domain for PO operation was found to be close to 2.0 MPa of total 

pressure, which is equivalent to 0.63 MPa of CO inlet partial pressure. 



In summary, this demonstrates that there are two characteristic regirnes 

associated with changes in the inlet reactor pressure: 

a) the MFRAP, with the hot-spots placed inside the reactor : dpldT + a for Z 

< 2m, 

b) the PO regime with temperature always increases along the reactor 

length: dT/dz > O for z < 2m. 

Since the nomal ranges of operating pressures in FT with Co-Zr catalysts 

are expected to be between 1 .O to 3.0 MPa, these results demonstrate that the 

PO concept can be applied with advantage to the FT process. 

Another interesting observation concerns the differences between the 

centerline temperature and the average cross-sectional temperature. It was 

observed that this differenœ is typically for a PO condition of not more than 0.5 

O C  (refer to Table 7.2). Thus, for al1 practical purposes the average temperature 

at a given axial position is a good estimate of the reactor temperature. 

7.4. Coolant lnlet Temperature Effect on the Reactor Temperature Profile. 

The coolant temperature is another important parameter to be investigated 

keeping constant al1 the other operating parameters. Wth this end in view, 

changes of CO partial pressures with reactor temperature were calculated at 

different coolant inlet temperatures: 195, 200,205, 210, 220 and 230 O C  having a 

gas inlet temperature set at 210 O C  and a total gas pressure of 1.5 MPa. Fig. 7.2 

summarises simulation resufts, 



As it can be noticed, all the T-pco profiles showed the characteristic 

behaviour of the PO regime. Special trends were found, however, close to the 

reactor entry and this was the result of the differenœs of inlet temperatures 

between the coolant and the reactant For example, when the coolant was fed at 

195, 200 and 205 O C  it produced a cooling effed in the gas stream. 

Consequently the temperature and the conversion in the top reactor section 

showed a slight overall reduction. This change on the shape of the curves can be 

explained given in the first few centimetres of the reactor the coolant removes a 

significant fraction of the heat of the reaction and a fraction of the enthalpy of the 

incorning gas strearn. 

However, when the inlet coolant temperature was set at 210 OC, the same 

temperature used for the inlet gas, no phenornenon of temperature equilibration 

was observed between the coolant and the gas. This yielded, as expected a PO 

profile. 

Furthemore, for 220 'C and 230 OC of coolant inlet temperature, the PO 

regime was still developed. An interesting characteristic is that the reactant 

temperature rises in the first section of the reador until surpassing the coolant 

temperature. Nevertheless, due to the temperature differenœs between the 

coolant and the gas at inlet conditions, higher overall carbon monoxide 

conversions were reached. 

It has to be mentioned, as shown by Arandes and de Lasa (1995), that 

higher differences of coolant and reactor temperatures with the coolant having 



the highest temperature can lead to hot-spots in the first section of the reactor. 

Therefore it is recommended to avoid excessive differences between these two 

operating variables to prevent the presence of hot spots. 

7.5. Effect of the inlet temperature on the reactor temperature profile. 

To study the effects of different inlet ternperatures over the reactor 

performance both codant and gas inlet temperatures where varied from 200 O C  

to 240 O C .  The combined inlet gas pressure was set at 1.5 MPa. 

T-P, plots (Fig. 7.3) shows that increasing the inlet temperature change 

significantly the T-Pa profiles. While for inlet temperature of 200 OC, 205 OC, 210 

O C ,  and 220 OC the behaviour is pseudoadiabatic, for 230 OC, however the PO 

condition applies up to the last reactor section. At this point there is a hot spot 

present. This effect was even more pronounced at 240 O C  inlet temperature. In 

this case the hot spot developed close to the reactor entry yielding a 

characteristic MFRAP operation. 



Figure 7.1. Effect of inlet total grs pressure on the reactor temperature 
profik. (Run 1 to 7 from Table 7.1). Inlet gas temperature and 
coolant temperature: 210 O C ,  inlet low  of gas 10 Umin and 
inlet flow of coolant 15 Kglh. Full lines repment condition 
inside the reactor. Broken liner mpresent conditions in the 
coolant side. Crosses in the curves indicate the outlet 
conditions for a 2m reactor. Open circles indicate the 
position of the hot spot with dpldT+m. 



Figure 7.2. Effect of inlet coolant temperatures on the reactor 
temperature profile. (Run 13 to 17 and 9 from Table 7.1). Inlet 
gas tempentures: 210 OC, inlet gas pressure 1.5 MPa, inlet 
flow of gar 10 Ilmin, and inlet flow gas of cooknt: 15 Kgh. 
Full lines represent condition inride the reactor. Broken lines 
represent conditions in the coolant ride. Crosses in the 
cuwes indicate the outlet conditions for a 2m reactor. Open 
circles indicate the position of the hot spot with dp1dT-w. 



Figure 7.3. Effct of inlet temperature on the reactor temperature profile. 
(Run 8 to 12 from Tabb 7.1). Inlet gar pressure: 1.6 MPa, inlet 
flow of gas 10 Ilmin, and inlet flow of coolant: 15 Kglh.) Full 
lines represent condition inside the reactor. Broken lines 
represent conditions in the coolrnt ride. Crosses in the 
curves indicate the outlet conditions for a 2m reactor. Open 
circles indicate the position of the hot spot with dpldT-+co. 



7.6. Effect of the flow of coolant on the reactor temperature profile. 

The physicochemical properties of coolant and the coolant flow play a very 

important role in multi-tubular reactors with heat exchange. The flow of coolant. 

in particular, influences heat transfer and affects the operating regime. To clarify 

this matter the coolant flow effect was investigated simulating the variation of this 

parameter between 5 and 20 Kgth, while the other parameters were kept 

constant. 

Fig.7.4 displays T-pco profiles for different coolant flows. It can be 

appreciated that T-pco plots show consistently PO regimes with small difference 

between them. Thus, Topco profiles for 15 and 20 k g h  coolant flows display PO 

conditions with temperature differences of 6 and 8 O C ,  between the reactor entry 

and reactor outlet. Note that these temperature differences are quite acceptable 

and this given the exothemic reaction involved in this simulation. 

When flows of coolant were decreased to 10, 7.5 and 5 kg/h the operation 

was still practically PO, with small hot spots calculated outside the reactor (z> 

2m). It was also observed that as expected the AT between the top and bottom of 

the reactor increased as the flow of coolant decreased. For example when the 

simulation was perfomd with a flow of the coolant of 5.0 kg/h the AT increase 

was up to 22 OC. Lower flows of coolant rernoved less heat and consequently 

yielded higher reactor temperatures with significantly increased reaction rates. 
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Figure 7.4. Effect of flow of cooknt on the resctor temperature profile. 
(Run 18 to 21 fiom Table 7.1). lnla gas and coolant 
temperature: 210 O C ,  inlet gas pressure of 1.5 MPa, and inlet 
flow of gas of 10 Ilmin. Full liner represent condition inside 
the reactor. Broken lines npresent conditions in the coolant 
side. Crosses in the cunres indicate aie outlet conditions for 
a 2m reactor. Open circles indicate the position of the hot 
spot with dp1dT-w. 



7.7. Effect of the kinetics expression on the reactor temperature profile. 

As mentioned before five kinetics models, described in Chapter 6, were 

evaluated during the development of this work. Model 3 was selected, as the 

more adequate kinetic expression, to perform the reactor simulation. However 

and to evaluate the possible effects of a different kinetic models on the 

temperature profile developed, the five kinetics models were evaluated using a 

standard operating condition such as: 

Inlet gas and coolant temperature at 210 O C ,  

Total pressure of the system at 1.5 MPa, 

Flow of coolant as 1 5 kglh, and 

Flow of gas at 10 Ilmin. 

The results of this simulation are presented in Fig. 7.6. The Topco profiles 

for al1 the cases display in general similar profiles with however small differenœs 

between models. 

Note that for the conditions selected Models 3 and 4 display PO profiles. 

As well, Model 2 provides close temperature profile still in the PO regime. Models 

1 and 5 show the highest reacüon rates and as result a PO condition inside the 

reactor with an expected hot spot at z > 2m. 

Thus, it was concluded that the PO regirne under the conditions tested is 

too not sensitive to the kinetic modef selected. 



Figure 7.5. Effect of the Kinetics models in the reactor temperature 
profile. Inlet gas and coolant temperature: 210 O C ,  inW gas 
pressure of 1.5 MPa, inlet flow of coolant: 15 Kglh, and inlet 
flow of gas of 10 Ilmin. Full lines represent condition inside 
the reactor. Crosses in aie cuntes indicate the outlet 
conditions for a 2m reactor. Open cimles indicate the 
position of the hot spot with dp1dT-w. 



7.8. Conclusions 

A one-dimensional pseudo-homogeneous model was considered to 

simulate a pseudo-adiabatic reador for the conversion of synthesis gas into 

hydrocarbons in the diesel range via FTS. The pseudo-adiabatic regime was 

consistently observed in several of these runs. 

Moreover, the predicted CO conversions obtained from this simulation 

demonstrate that the PO regime is a very useful regirne in such a reaction 

system, and justifies further research and experimental studies. 

Results of this study are very relevant for the definition of the domain of 

operating conditions leading to the pseudoadiabatic operation (PO regime). 

It is also demonstrated here that various kinetics rnodels with the kinetics 

constants obtained for an eggshell catalyst yield similar CO conversion and 

reactor performance results. Thus, the PO regirne is not too sensitive to the 

specific kinetic model selected for the reactor simulation. 



CHAPTER 8 

CONCLUSIONS AND RECOMMENDATIONS 

8.1. Conclusions 

The results and the achievements of the present study can be 

summarized as follows: 

8.1 -1. Catalyst development 

Two catalysts were successfully developed for the conversion of syngas 

into heavy paraffinic oiis via the Fischer-Tropsch reaction. One of the catalysts 

was a unifomly impregnated (standard) catalyst while the other was the so- 

called eggshell catalyst, in which the active metals were deposited on the 

extemal surface of the support. The catalysts were prepared using the following 

components: a) cobalt as active phase, b) zirconium as promoter, and c) silica 

gel as a support. Catalysts were characterized using several characterization 

techniques and this provided useful information about metal content, surface 

area and distribution of the metal in the support. It was demonstrated that the 

methodology used for the catalyst preparation of the eggshell catalysts was 

adequate. 

An evaluation of standard and eggshell catalyst in an intemally recycled 

Berty reactor was performed. The objective was to assess the effed of catalyst 

design on the CO conversion (carbon rnonoxide disappearance rates), the 

product selectivity and the hydrocarbon distribution. It was found that the 



eggshell catalyst yielded higher carbon monoxide disappearance rates than the 

standard one. It was also demonstrated that the standard catalyst has an 

undesirable higher selectivity towards carbon dioxide than the eggshell catalysts. 

Finally it was notiœd that the hydrocarbon distribution yielded by the eggshell 

catalyst present a favorable hydrocarbon distribution in the range of 

8.1.2. Effect of the Operathg Conditions 

Once it was established that the eggshell catalyst was an interesting 

choice for FTS, systernatic runs were developed in a Berty reactor to test the 

effect of operating conditions on CO conversion, product selectivity, and 

hydrocarbon distribution. This lad to the following conclusions: 

Carbon monoxide conversion increases with temperature. Also while 

temperature is increased there is a shift towards the hydrocarbons of higher 

molecular weight. 

The total pressure has a minor effect on carbon monoxide conversion and 

hydrocarbon distribution. 

The carbon monoxide conversion decreases with GHSV and at smaller 

GHSV the hydrocarbon distribution is shifted towards lighter molecular weight 

hydrocarbons. 

The H2/C0 ratio (defined at inlet reactor conditions) has an important impact 

on hydrocarbon distribution. For instance, for lower H2/C0 ratio, the 

production of higher molecular weight hydrocarbon is favored. 
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Important deviations from the classical ASF distribution were observed and 

this was attributed to secondary reactions present during the FTS. 

8.1.3. Kinetic modeling 

Using the experimental results obtained five kinetic models reported in the 

literature were considered. The model discrimination process was based on the 

mathematical expression which &est represent the experimental data. Proper 

fitting of the experimental data was carried out using a non-linear regression 

algorithm. Frorn Wis the foflowing c m  be concluded: 

The kinetic parameters estimated for the five kinetics models presented 

reasonable confidence intervals, which indicates the adequacy of the 

experimental design and the numerical technique adopted. 

Models 2, 3, and 4 presented a positive naction order for CO in the range of 

0.23-0.55 and for H2 consistently close to 0.95. 

Models 2 and 3 presented the best fitting to the experimental data. Between 

these two rnodels, Model 3 was considered to be the one more 

phenomenologically viable. 

Model 1 displayed a negative reaction order for CO and a positive for Hz. This 

suggests that adsorbed CO and denved CH, species are the most abundant 

reactive intemediates present in the catalyst surface. This was further 

confirmed obseMng the high CO adsorption constant for Models 2,3, and 4. 

Apparent activation energy for al1 the kinetic expression fell within the range 

of 104-127 KJlrnol. These values are very close to those reported in the 



technical literature. This was an important indication that mass transport 

restrictions were not a major factor affecting catalyst periormance. 

8.1.4. Pseudoadiabatic simulation 

A onedimensional model was employed to simulate the Pseudoadibatic 

reactor (PO) for the conversion of syngas in the C10-C20 range via FTS. The 

influence of several operational parameten such as inlet CO partial pressure, 

inlet gas and coolant temperature, and coolant flow over the reactor performance 

was studied. 

Results of the reactor simulation, show a pseudoadiabatic regime for most 

of the conditions explored and this for operating conditions within the normal 

range for FTS. Thus, the PO regime is a very attractive alternative to explore and 

justifies further research and experirnental studies in this area. 

It was also demonstrated that various kinetics models with the kinetic 

constants obtained in the coniext of the conversion of CO on a "eggshell" catalyst 

provide close results and could be aius, used with confidence for the simulation 

of the reactor performance and the PO regime. 

8.2. Recommendations. 

The previously stated conclusions lead to some recornmendations for 

future research: 

Further testing of eggshell catalysts are needed to establish its performance 

(sta bility) du ring extended periods of operation. 



Additional consideration of the FTS kinetics while using eggshell catalysts is 

necessary to better understand deviations of the ASF distribution. In this 

respect, detemination of the olefinlparaffin ratio for the outlet reactor stream 

is highly advisable. 

Evaluation of the eggshell catalyst in the Pseudoadiabatic reactor pilot plant 

unit, available at CREC, will be most valuable to compare experirnental and 

simulated temperature and CO conversion profiles. This evaluation is a must 

for scaling up this unit for FTS process in the near future. 

Economic analysis of a process conveding syngas into middle distillate 

hydrocarbons range, involving an eggshell catalyst and a multitubular 

Pseudo-adiabatic reactor is a very critical step. This evaluation, including a 

fair cornparison with existing technologies, will demonstrate the commercial 

feasibilitv of the oro~osed a~oroach. 
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APPENDICES 



APPENDIX A. Equipment calibration 

A.1. Mass Flow Controller Câlibration 

This appendix describes the calibration of the mass flow controller. This 

calibration was performed at room temperature and at the pressure selected for 

the experimental test. It is important to mention that no effect of pressure in the 

reactor was expected over the mass flow since a AP from 5 to 50 psig was kept 

between the inlet and the outlet of the mass flow controller. 

The proœdure used for the calibration of the mass flow controller was as 

follows: 

After the catalyst was loaded into the reactor, and the reactor was sealed a 

test for leaks was camed out. The calibration was performed for different 

mass flow controller positions, which represent vanous opening of the valve. 

A valve position was selected in the controller display. After 30 minutes the 

first flow reading was taken. 

A bubble flowmeter installed in the outlet of the experimental set-up was used 

in order to estimate the gas flow leaving the reador. 

Every 15 minute a new lecture was taken until the differenœ between the 

successive values was no more than 10 %. After that a new valve position 

was selected and the procedure was repeated again. 

Table A.? summarizes the results for the calibration of the mass flow 

controller at the different valve positions evaluated. lt can be appreciated that all 

the reading are very close to the average value for each valve position. A small 

Standard deviations were faund to be smaller than 1.1 with an error 1 .O%. The 



average values from Table A.1 are plotted in Fig. A.1 with al1 the average value 

falling into the 95% confidence interval. 

Table A.1. Example of calibration reading for the mars flow controller 
at various positions of the valve 

Valve Reading Reading Reading Reading Average STD Error 

position # 1 # 2 # 3 # 4  



2 3 

Valve position 

Figure A818 Calibration curve for the mass controtler valve. 



A-2. Calibration of the wet test meter 

Simultaneously to the calibration of the mass flow controller the wet test 

meter, located in the experimental setup previously described in Chapter 4, was 

also calibrated. The gas stream leaving the experimental set-up goes through the 

wet test meter before it is sent to the bubble flowmeter. The procedure used for 

the calibration of the wet test meter is as folfows: 

a) Once the valve position for the flow meter controller was selected in the 

controller display, 10 minutes were allowed in order the flow to stabilize inside 

the system. 

b) After 10 minutes, the wet test meter indicators were set in zero and 20 

minutes later (30 minutes on stream), the first wet test rneter reading (volume 

accumulated in 20 minutes) was taken. This was done at the same time a 

reading in the bubble flowmeter was effected. 

c) After 15 minutes two new reading were performed: a) in the wet test meter 

(volume accumulate in 35 minutes), and b) in the bubble flowmeter. 

d) This procedure is repeated two more times with an interval of 15 minutes. 

The results of this calibration are reported in Table A-2. It can be observed 

that values obtained for the Row reported from the readings in the bubble flow 

mater were very close to that those obtained with the wet test meter "single point 

reading". These values, wet test meter 'single point reading", were calculated 

using equation A. 1. 



where WET(pumaIl is the wet test meter 'single point readingn, Vamunuiaw is the 

volume accumulated in the wet test meter during the time of the experirnent, and 

HOS is the time elapsed from the moment of the wet test rneter was set in zero 

unil the end of the experiment. 

Average reported values in Table A-2 were estimated between the values 

obtained for the bubble flowmeter and the wet test meter 'single point readingn). 

Values are very close to 28.1 cdmin with a standard deviation between 0.1 to 0.3 

cdmin, which is very aceptable value for this type of calibration. Thus, the error 

associated with the measurement of the flow is smaller than 1 .S %, 

Table A.2 Calibration of the wet test meter 

Lecture, Wet test 
meter, 

meter 
( W m  in) 

STD 

0.35 

Wet test rneter, 
Single point 

reading 
(ccim in) 

27.8 

Average 

28.15 



APPENDIX B. Calibration of TCD for CG 

This appendix include 4 sections as follows: 

Appendix B. 1 : Certificate of analysis for H2/C0 mixture. 

Appendix 6.2: Calibration of TC0 for different H2lCO ratios (raw data). 

Appendix 6.3: Certificate of analysis for hydrocarbon gas mixture 

Appendix 8.4 :Calibration of TCD for hydrocarbon gas mixture (raw data). 

8.1. Certificate of analysis for HdCO mixture 

C e r t i f i c a t e  of A n a l y s i s  

To: 80C Gascs London 

for: 

3l;itcrirl Siihmittctl: 

Datc: Octobcr 6. 1997 

Spccificutiim: 80C Standard 
3.3% Carùon Moiiosidc Bnlancc 
H~drogen 

Anrlyticul Mct hoû: Gas Chromaiograph 

97 1562 112314 + 
3 . 5  Balance 



8.2. Calibration of TC0 for different H&O ratios (raw data). 

As mentioned before, section 4.4.1, a TCD calibration for the GC was 

carried out. This calibration was performed for different H2/C0 ratios. Results are 

reported in Table B I .  This table also lists the average concentration value, the 

Standard deviation, and the percentage error. 

Table 6.1. Calibration of the TCD for different H2/C0 ratio (raw data) 

Component Injection Injection Injection Average STD Error in 
1 2 3 corn p. Injection 

H21C0 ratio 

HP 



8.3. Certificate of analysis for hydrocarbon gas mixture 

C e r t i f i c a t e  of A n a l y s i s  



B.4 Calibration o f  TCD for hydrocarbon gas mixture (raw data). 

This calibration was perfomed for the gaseous product and the results are 

reported in Table 8.2. This table also lists the average concentration value, the 

Standard deviation, and the percentage error. Figure 6.1 shows a typical 

chromatogram for gaseous product. 

Table 6.2. Calibration of the TCD for gaseous product (taw data). 

Component Injection Injection Injection Average STD Enor in 
1 2 3 comp. Injection 

(volhfol) (W 
n-Hexane 0.1 11 0.1 1 0.1 11 0.1 1 1 

Mentane 

n-Butane 

Propane 

Et hylene 

Ethane 

Methane 

Carbon 
dioxide 
Nitrogen 

Carbon 
monoxide 
Hydrogen 



Figure BA. A typical chromatognm for gaseous pioductrn 



APPENDIX C: Identification of the components in the liquid 
hydrocarbon fraction. 

The boiling point calibration Sample #1 from Hewlett Packard, was used 

for the identification of the hydrocarbon wmponents contained in the liquid 

hydrocarbon product. Table C. 1 shows in detail the composition of this calibration 

sample. Moreover a typical chromatogram of the expected synthesized 

hydrocarbons is presented in Fig C. 1 

Table CA. Boiling point calibration sample #1 

Table C.l Boiling point calibration sample #l 

Cata log Number : 9380-8716 

This analytical  standard was gravimetrically ureoared, and the 
a n s l y t e  concentrnt~ons were veri f ied usinq h i g h  resolut ion gas 
chromatagraphy and/or h ~ g h  oerformance 1 i ~ u i d  chromatoqrauhy. The 
.;olcition was oreaared at the namlnal concentration stateci an the box 
Label, The t r c i e  value for each analyte, determined g r a v l m e t r l c a l l y .  
is l l s t e d  helow. 

n-uen t a n e  
n-hexane 
II-heptane 
n-octane 
n-nonane 
n-decane 
n-undecane 
n-dadeczne 
n-te tradecane 
n-aen tadecane 
n-hexadecane 
n-heatadecane 
n-octadecane 
n-ei cosane 
n-tetracosane 
n-octacosane 
n-hexatriacon tane 
n-tetracon tane 
n-dotriacontane 

Solven t : none 



Figure C.1. Typical chromatogtam for liquid hydtocarbon product. 



APPENDIX D: BET Analysis. 

D.1. Calibration of the themial conductivity detector (TCD) 

As mentioned before, in Chapter 5, a calibration of the thermal 

conductivity detector (TCD) of the TPDKPR 2900 is required in order to perform 

the specific surface area measurements. 

This calibration was carried out by injecting known volumes of pure 

nitrogen directly into the detector using a precision syringe. The change of the 

TCD signal, by effect of the nitrogen injected, is sent to a cornputer and 

integrated to give an area proportional to the volume injected. 

In order to prepare a calibration curve different volumes of nitrogen were 

injected. Each volume was injected three times to insure reproducibility. Table 

D.l summarizes the data collected during a typical calibration. This table 

includes the amount of nitrogen injected with the precision syringe (ml), the area 

detected by the analyzer for the three repeats. The table also lists the average of 

the detector response, the standard deviation for each injection, as well as the 

percental error. 

The data from Table D.1. was used to prepare the calibration curve as 

presented in Fig. D.1. This figure shows a plot of the different areas detected as 

a function of the volume of nitrogen injected. Dots in this figure represents the 

average of repeats. Average data was fitted with a second order polynornial with 

a correlation index, R ~ ,  higher than 0.99. 
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Table 0.1. Data obtained during a typical calibration for BET analysis. 

Volume Ama detected by the analyzer (AU) 
Injected Reeponse Re8ponse Response Average Error in 

(mi) 1 2 3 areta STD injection 

1 3.447e+6 3.426e+6 3.294E+6 3.39E+06 8.29E+04 2.45 
2 7.009e+6 7.061 E+6 7.032E+6 7.03E+06 2.61 E+04 0.37 
3 1.1 19E+7 1.126E+7 1.120E+7 1.12E+07 3.79E+04 0.34 
4 1.557E+7 1.558E+7 1.557E+7 1.56E+07 5.77E+03 0.04 
5 2.056E+7 2.034E+7 2.048E+7 2.05E+07 1.1 1 €+O5 0.54 
6 2.521 E+7 2.535E+t 2.534E+7 2.53€+07 7.81 E+04 0.31 
8 3.465E+7 3.475E+7 3.472E+7 3.47€+07 5.13E+04 0.15 
9 3.978E+7 3.974E+7 3,974E+7 3.98€+07 2.31 E+04 0.06 
10 4.51 8E+7 4.529E+7 4.616E+7 4.55E+07 5.37E+05 1.18 

+ Response 1 
Response 2 

x Response 3 
- Awrage - Poly . (Average ) 

O 2 4 6 8 10 12 

Volume of nitrogen injected (ml) 

Figure D.1. Calibration curve for BET analysir 



0.2. Measurement 

The complete methodology to determine the surface area of a solid 

sample consisted of the following steps (Micromerîtics, 1 992): 

Sample tube is weighed before analysis (wl), 

Sample (amount is between 50 to 80 mg) is placed into the sample tube 

and weighed to know the exact amount of sample (w2), 

Sample tube is located in the equipment sample port, 

The sample surface is cleaned by degassing at 150 O C  during 30 min under 

inert atmosphere (He), 

A dewar containing liquid nitrogen is placed around the sample, then the 

gas mixture (containing 30 % of nitrogen) is flowed over the sample to 

adsorb nitrogen at liquid nitrogen temperatures, 

After equilibration, the baseline of the recorder must return to zero, the 

dewar is withdrawn and instead of it a beaker containing tap water is now 

placed around the sample in order to facilitate the nitrogen desorption as 

the sample reaches room temperature, 

Following this, three pulses of nitrogen are injected directly to the detector 

(through the injection port) in order to verify the calibration curve, 

Sample tube is withdrawn and weighed to determine the weight of the 

sample after the analysis. 



0.3. Surface Area Calculation. 

Typical information< as obtained from the BET analysis, is included in 

Figure 0.2. 

Peak# Mime Area Height RTemp ----- -di----- -------a-- -ci------- ----- 

Data F i l a  SA-U P 
Remarks: k 8  a n a f p i  s of SAB-2 simple CUOP1 

= t w  - - - =  t-mtu, c îîimtes ) 

A t :  6 Th: 2000 PM: 20 CS: 0 . 2  

Figure D.2. Print-out from a BET analysis on a support sample 

Figure D.2 shows 5 peaks and their corresponding areas as reported in 

the print-out Peak number 2 and number 3 correspond to the adsorption and 

desorption process, respectively. Meanwhile peaks. 4.5 and 6 were known 



amounts of nitrogen injected directly to the detector in order to check the detector 

response. 

The BET method specifies that the volume required to calculate the 

surface area is that of the desorption peak. Thus, the unknown volume of 

nitrogen, VNZi was calculated using the calibration curve. The next step involved 

the calculation of the volume of nitrogen at Standard Temperature and Pressure 

conditions, VsTp using equation D. 1. 

where Tm = 22 O C  and PAm = 766 mmHg. After that, the volume of the nitrogen 

monolayer was calculated employing equation 0.2 

where PN is the partial pressure of nitrogen and PNO is the saturation pressure of 

nitrogen, with PNO being equal to PAm + 15 mmHg. 

Finally, the volume of the nitrogen monolayer was related with the surface 

area using equation 0.3 

23 rnolecule v,,,(M~)* 6.023~10 ( mol ) I B ~ I J C ~ - ~ ~ [  ] rnolecule 
SA = 

Table 0.2 presents the data obtained from the BET analyses performed 

on samples of the present study, namely: the silica support, standard catalyst 



and eggshell catalyst. The table also indudes data obtained for BET analyses 

carried out on a referenœ sample. The reference sample was an alumina 

support supplied by UOP with a surface area of 180 m2/g. 

Table D.2 Data obtained from the 8ET analyses. 

Sample 
Reference 

Support Standard Eggshell Test 1 Test 2 

Tube weight 

+ sample before analysis 

+ sample after analysis 

Sample weight (g) 

Analysis conditions 
Temperature (OC) 

Pressure (mmHg) 
Gas composition (N2) 
Partial pressure of 
nitrogen (PM) 
Saturation pressure (PNO) 

PNZ/PNO 

Desorption data 
Desorption peak area 
Desorption volume (ml) 
Vx STP (ml) 
Vmonolayer (ml) 
Surface (m2) 

BET surhce area (m21g) 



APPENDIX E: Summary of Operating Conditions, Conversions, 
Selectivity and Hydrocarbon distribution 

This appendix include 4 tables as follow: 

Table E.1 : Summary for Exp. 13 (Standard catalyst) 

Table E.2 Summary for Exp. 14 (Standard catalyst) 

Table E.3 Summary for Exp. 15 (Eggshell Catalyst) 

Table E.4 Summary for Exp. 17 (Eggshell Catalyst) 

The % of CO conversion was calculated as: 

as well, the H2 conversion was estimated with the same proœdure. 

The product selectivity was detemined using Equation E.2 

Selectivis, of product x= ( m a s  pmduct X/mJx700% ( E-2) 

Mass balance data based on oxygen balance, of 100 r 3% was accepted 

as adequate. 

Finally al1 produd selectivity were reported as a function of % mass by 

m a s  of the total product spectrum. 



Tabk E.1. Summary of OpsraUng Conditions, Convenions, Selectivity and Hydroc~ibon Distribution. 

Run # 
Operating conditions 
Temperature, "C 
Pressure, MPa 
GHSV,~" 
Ratio H&O, moVmol 

% Hz conversion 

I Rco,(mmot CO conv.lminigCo) 
Mass (Hp+CO) in, g 

Mass (gases) out, g 
hass (H20-) out, g 
~ a s s  out, g 
ûverall mass balance % 
Oxygen mass balanœ % 
Products Distribution 
CO2 selediui, %wEw 
H20 selecîivity, %wIw 
HC seledkrity, %w/w 
Hydrocarbon Distribution 
Fraccion Cl 



Table E.2. Summary of Operating Conditions, Conversions, Selectivity and Hydrocarbon Distribution. 

loneratinn conditions 
Temperature, "C 
Pressure, MPa 
GHSV,~" 
Ratio H&O, moYmol 

I % CO conversion 
% H2 conversion 

Operation tirne, h. 
Pperabion on stream, h. 
Ewmrimental Resuks 

Rco,(mmol CO conv./min/gCo) 
Mass (H,+CO) in, g 

Mass (gases) out, g 
Mass (H20w) out, g 
Mass (HC-) out, g 
Overall mass balance % 

23.0 23.0 25.3 24.0 23.8 23.8 
23 46 71.3 95.3 119.3 143.1 

Oxygen mass balance % 

Products Distribution 



Table E.3. Summaïy of Operating Conditions, Conversions, Selectivity and Hydrocarbon Distribution. 

Run # 
Omratina conditions 
Temperature, OC 
Pressure, MPa 
GHSV,~" 
Ratio HSO,  molimol 

% CO conversion 
% H2 conversion 
Rco,(mmol CO conv./min/gCo) 
Mass (H2+CO) in, g 

Mass (gases) out, g 
Mass (H20w) out, g 
Mass (HCW) out, g 

Overall mas8 balance % 
Oxygen mass balance % 

Products Distribution 

HC seledhrity, %w/w 
Hydmcarbon Distribution 
Fraccion C, 

37.63 43.38 43.89 43.46 44.1 5 42.6 

4.91 4.28 4.29 4.32 



Table E.4. Summary of Opetating Conditions, Conversions, Selectivity and Hydrocarbon Distribution . . . . cont'd.. . . 

Mass (HZOW) out, g 

Mass (ticw) out, g 

Overall mass balance % 

H20 selectivity, %wM 



Table €4. Summary of Operating Conditions, Conversions, SelecUvity and Hydrocarbon Distribution . .. . cont'd .... 
Run # 
Operating conditions 
Temperature, "C 

Pressure, MPa 
GHSV,~ '~  
Ratio H2/C0, moVmol 

Operation time, h. 

Opration on stream, h. 
Experimental Resuk 
% CO conversion 
% H2 conversion 

Mass (H2+CO) in, g 

Mass (gases) out, g 
Mas8 (H2OW,) out, g 

Mas9 (HC,,,) out, g 

Overall mass balance % 
Oxygen mass balance % 

Products Distribution 
CO2 selechivity, %w/w 
H20 selectivity, %whv 
HC seledvity, % w k  
H ydrocarbon Distribution 
Fraccion C, 

Fraccion C2 - C4 
Fraccion CS - Co 

Fraccion CIO - C20 
Fraccion Cs,* 



Table E.4. Summary of Operatin8 Conditions, Conversions, Selectivity and Hydrocarbon distribution.. . conrd. .. 
b 

Run # 
Operathg conditions 
Temperature, 'C 
Pressure, MPa 
GHSV,~" 
Ratio H&O, moVmol 

Operation tirne. h. 
Operation on stream, h. 
Exparimental Resuîts 
% CO conversdon 
% Hz conversion 
Mass (H2+CO) in, g 

Mass (gases) out, g 
Mass (H,O w) out, g 

Mass (MW) out, g 

Overall mass balance % 

Oxygen Bass balance % 
Pmducts Dbtribution 
COz seledhrity, %wM 
H20 selecbivity, %wIw 

HC seledivity, % w k  
Hydmcarbon Disûibution 
Fraccion C, 

Fraccion C2 - C, 
Fraccion Cg - Cg 

Fraccion Clo - C20 
Fraccion CZ1+ 



Table E.4. Surnmary of Operating Conditions, Conversions, Selectivity and Hydrocarbon distribution.. . cont'd.., 

IOpeisUng conditions 

10mration on Stream. h. 

- 

% CO conversion 
% Hz conversion 
Mass (H2+CO) in, g 

Mass (gases) out. g 
Mass (H2OW) out, g 

Mass (HCw) out, g 

Overall mass balance % 

Oxygen mass balance % 
IProducb Distribution 
CO2 selectivity, %wEw 
HzO selecüvity, %wM 

HC selectivity, %w/w 
Hydmcarbon Dktribution 
Fraccion C, 

Fraccion C2 - C4 

Fraccion Cg - Cg 

Fraccion C,* - C20 

Flaccion Czit 



Table E.4. Summary of Operating Conditions, Conversions, Selectivity and Hydrocarbon Distribution . .. . conrd .... 
Run # 
Operating conditions 
Temperature, OC 

Pressure, MPa 
GHSV,~" 

~ a t i o  HdCO, rnoUrnol 

Operation tirne, h, 
Operation on strearn, h. 
l~xpeiimenta~ ~ e s u b  
% CO conversion 
% H, conversion 
Mass (H2+CO), g 
Mas8 (gsses) out, g 
M ~ S S  (H2QW) out, g 
Mass (HC-) out, g 

Overall rnass balance % 

Oxygen mas8 balance % 
Products Distribution 
CO2 selecavity, % w k  
H?O selecüvity, % w k  
HC seiectivity, OrnwhrJ 

Hydmcarbon Distribution 
Fraccion Cl 
Fraccion C2 - C4 

Fracdon Cg - Cg 

Fraccion C,o - C20 
Fracdon c2,* 



Table E.4. Summaiy of Operetlng Conditions, Conversions, Selectivity and Hydrocarbon Distribution . . . . cont;d.. .. 

Operating conditions 
Temperature, O C  

Pressure, MPa 

GHSV.~" 

Ratio H&O, moVmol 

Operation time, h, 
Operation on Stream, h. 
Ewperlmental Resuîts 
% CO conversion 
% H2 conversion 
Mass (tip+CO) in, g 

Mass (gases) out, g 

Mass (H&,,u) out, g 
Mass (HCIwM) out, g 

Overall mass balance % 

Oxygen mass balance % 
Producta Distribution 

Fraccion Cl 
Fraccion C2 - C4 
Fraccion Cg - Cg 

Fraccion Clo - C20 

Fraccion Cs,' 



Table E.4. Summary of Opetating Conditions, Conversions, Selectivity and Hydrocarbon Distribution . . . . cont,d .... 

loporo~ng conditions 
Temperature, 'C 
Pressure, MPa 
GHSV,~-~ 

Ratio HdCO, moUmol 

Operation time, h. 
Operation on strearn, h. 

l % CO conversion 
% H2 convem/on 

Mass (gases) out, g 

Mass (WYqrJd) Wt, 
Mass (HC-) out, g 

lovera11 mass balance % 



Table E.4. Summary of Operating Conditions, Converslons, Selectivlty and Hydmcarbon Distribution . . . . cont,d .... 
Run # 
OpetaUng conditions 
Temperature, OC 
Pressure, MPa 
G H S V , ~ ' ~  

Ratio H2/C0, moVmol 
1 

l~peration Ume, h. 

Orb CO conversion 
136 H2 conversion 

I ~ a s s  (H2+CO) ln. g 

Mass (gases) out, g 
Mass (H20w) out, g 
Mass (HCw) out, g 

loverall mas8 balance % 

Oxygen mass balance % 
Ptoducts Distribution 

I 
- -- 

CO, selectivity, %wIw 
Hfl selectivity, %wM 



Table E.4. Summary of Openting Conditions, Conversions, Selectivity and Hydrocarbon Distribution ... . cont'd .... 
Run # 
Operathg conditions 
Temperature, OC 

Pressure, MPa 
GHSV,K~ 
Ratio H2/C0, rnoUmol 

Operation îime, h. 
Ooeration on stream. h. 
Experimental Resuh 
% CO conversion 
% Hz conversion 
Mass (H2+CO) in, g 

Mass (gases) out, g 
Mass (HZOW) out, g 

Mass (HCW) out, g 

Overall mass balance % 

Oxygen mass balance % 
Proâucb Distribution 
CO, seledivity, % w h  
H20 ~e\ecfk,ity, %wM 
HC seledivity, %wEw 
Hydrocerbon Distribution 
Fraccion Cl 
Fraccion C2 - C4 

Fraccion Cs - Co 

Fraccion C,,, - C20 
Fraccion C2,* 



APPENDIX F: Program for the estimation of the kinetics 
parameters 

Appendix F. 1. Main Program used to cal1 UWHAUS and Model subroutines 

Main prog example for uwhaus 

prograrn uwmain 
parameter(nobmax=l OO,npmax=iS) 
parameter(nscrat=5*npmax+npmax"2 +2*nobrnax +npmaxenobrnax) 
parameter (nprobzl) 

dimension scrat(nscrat) 

dimension signs(npmax),diff(npmax) 
dimension th(npmax) 

X l  =PH2 X2=PCO (MPa), r=(RH2+CO), t= Temp (K) 
dimension Xl  (nobmax), XZ(nobmax),r(nobmax), t(nobmax) 

charac!ere3 filein*30, fileout*30 
real tav, tsum 

common X I  ,X2,tav, t 
extemal mode1 

write(*,*) 'enter name of input data file' 
write(*,*) 'enter name of output data file' 
read(','(A30)')fileout 

write(*,*) 'enter the number of parameters and obsenrations' 
read (*,*) np,nob 
mite(6,*) 'Nurnber of parameters and observations are:' 

do 10 i=l, nob 
read(5,*) XI (i),X2(i)lr(i), t(i) 
write(63 XI (i),X2(i), r(i), t(i) 

10 continue 
C 

do i=l ,np 
signs(i)=O. 
diff(i)=.Ol 
enddo 

C 
c set pre-exponential parameter to retain the given sign 

signs(l)=l . 
c set activation energy to retain the given sign 

signs(2)=1. 
signs(3)=1. 

c set variables used in UWttAUS 



eps1=.0000001 
eps2=.0000001 
mit=999 
flarn=. 1 
fnu=lO. 

C 
write(6,lOO) 

100 format ('the initial guesses are:') 
do i=l ,np 
read(5,*)th(i) 
write(6,') th(i) 
enddo 

C 
tsum=0.0 
do i=1, nob 
tsum= tsurn+t(i) 

enddo 
tav=tsurn/nob 
write (6,') tav 

C 
cal1 uwhs(nprob,model,nob,r,np,th,diff,signs,eps1 ,eps2, 
1 mit,flarn,fnu,scrat) 
close(5) 
close(6) 
stop 
end 



Appendix F.2: Subroutine mode1 

subroutine model(nprob,th,f,nob,np) 

dimension th(*), f(*), X I  (1 00),X2(100), t(100) 

comrnon X1 ,XZ, tav, t 

real tav 

Modell Power law 

Model lglesia 
f(i)=th(l )*exp((-1 .*th(3)/8.314)*(1 lt(i)-1 Itav)) 

*X 1 (i)**th(4)*X2(i)**t h(5)/(l +th(2)*X2(i)"i ) 

Model Sanip and Wojciechowski 
f(i)=th(l )*exp((-1 .*t h(3)/8.3 1 4)*(l /t(i)- 1 itav))*X2(i)"th (4) 
1 *XI (i)"th(5)/(1 +th (2)*X2(i)"th(4))"2 

Model Rautavuorna and van der Baan mode1 
f(i)=th( 1 )*exp((-1 .*th(3)18.3 1 4)*(1 R(i)- 1 /tav))*X2(i)*Sh(4) 
1 *XI (i)"th(5)/(1 +th(2)*XZ(i)"th(4))*3 

Model Anderson 
f(i)=th(l )*exp((-1 .*th(3)/8.314)*(1/t(i)-1 /tav))*X2(i)*th(4) 
1 *XI (i)Y h(S)l(l+ th(2)*X2(i)Y h(4)*X 1 (i)*th(5)) 

enddo 
return 
end 



APPENDIX G: Program for the PO reactor simulation. 

Appemlix 0.1 PO REACTOR SIMULATION 

C PROGRAM REACTOR "PBREACT PROGRAM" 

C PSEUDOHOMOGENEUS ONE DIMENSIONAL MODEL 

C FOR THE StMULATION OF THE SINGLE-TUBE P.0 REACTOR 
C 
C UPDATE 12' June 1998 
C 
C****+r*~.t***W**l*H*.t*tt.+tttt~t******ttittt**+***+*~*m****+**** 

C 
DOUBLE PRECISION DTI, DZ, COf 
DIMENSION NC(40), FM(40), W E Z ( 4 0 )  
REAL NC, NHCT, NCPA, NCPINWMEZTINWMEZ 
REAL NC2H2i,NH20i,NTi,NT,NH2itNCOilNC0,NH2,NC2H2,NH20 
REAL KCO,KH2,C2H2KG,KH2OtKGIKC 
REAL RECIPRC,REGIPRGIPEMR,KERIPT 
REAL VCT(50000)tVCTC(50000), VZ(50000),VTCTR(50000) 
REAL COS(50000), H2S(SOOOO),C2H2S(50000), HZOS(50000) 
REAL XT(50000),CONVC0(50000),Pco(50000), ntf(50000) 
REAL MOL(6), TMOL(6) - .  

C*i+.mnmmi++*++nnrmti*ttttt**w**tt-t*****rt*****(r****w* 

C INPUT DATA 
C***~**t*tt .***r*t**m*m~m*****~****~w~-*t*ttt*+*-*** 

WRITE (6.3 'Experiment nurnber' 
read (6,') num 
write (6,') 'Temperature gas in ( C )' 
read (6,') tgin 
write (6,') 'Inlet total pressure (MPa)' 
read (6,') P 
write (63 'Inlet gas flow rate (LitersIrninute)' 
tead (6,') flow 
write (6,') 'Cooiant flow rate (kg/hr)' 
read (6,') WC 
mite (6,y 'Inlet Coolant temperature ( C )' 
read (6,') tcin 

c------ 
C INlTlAL VALUES 

TGIN=TGlN+273 
TINzTGIN-273 
TCIN=TCIN+2?3 
TCOLI=TCIN-273 
T=TGI N 
TC=TCt N 



PT=P/O. 101 33 
~ 0 . 0 1  O5 
d l  =O.OZ66 
d2=0.0351 
DZ = 0.01 
ZZ=O.O 

C 
zT=12.0 
TN=I .O 
X I  =O.O 
AK1=0.0 
AK3=0.0 
AK4=0.0 

c E =Activation energy = 129 KJImol = 291 19 callmol 
c R = 1 -987 caVmol'K 
c EA =BR 
C 

EA=l4654.O 
c CORRl=Ko 
c Kinetic model 1 

CORRl=2.19€+12 

c Kinetic mode12 
c corrl =1.43€+14 

c Kinetic model 3 
c CORRI =l .O1 E+14 

c Kinetic model 4 
c CORR1=7.00E+I 3 

c Kinetic model 5 
c CORRI =2.8OE+l3 

C OPEN FILE DATA2.TXT ( MOLES OF HIDROCARBONS FROM C l  TO C30 ) 
OPEN (5, FILE = 'ûATA6.TXT') 
REWlND (5) 
I=O 
NT=O 
DO 5 1=1 JO 

READ (5,lO) NC(I) 
10 FORMAT(16x. F9.7) 

NHCT=N HCT+NC(I) 
5 CONTINUE 

C LOOP FOR CALCULATION OF MOLAR FRACTION OF HIDROCARBONS FM(J) 
FMT=O 
R M N D  (5) 



DO 300 J=1,30 
READ (5,lO) NC(J) 
FM(J)=NC(J)/NHCT 
FML=FML+FM(J) 

300 CONTINUE 
C CALCULATION OF THE MOLECULAR WEIGHT OF HIDROCARBONS 
(NWMEZT) 

M=O 
RNVlND (5) 
MM=It6 
DO 400 M=1,30 

NWMU(M)=FM(M)*MM 
NV\NUT=NWMEzT+MNMU(M) 
MM=MM+l4 

400 CONTINUE 
C AVERAGE CARBON NUMBER OF THE HIDROCARBON FRACTION 

NCP = O 
DO 500 K=1,30 

NCPA=FM(K)*K 
NCP=NCP+NCPA 

500 CONTINUE 
C * t * t ~ t W * + t + + t t * * * H t t ~ * * + * * W * * * * ~ * W * W * H * * ~ * ~ ~ * ~ *  

CALCULATION OF MOLAR FLOW 

FLOW = GAS OF SINTESIS FLOW RATE LTSIMIN 
NTi= FLUJO DE MOLES INlClALES KGMOUHR 
NCOi= INLET MOLAR FLOW OF CO 
NH2i= INLET MOCAR FLOW OF H2 
NH20i= INLET MOlAR FLOW OF H20 
NC2H2i= INLET MOLAR FLOW OF HIDROCARBONS 
ALPHA= M OF THE ESTEQUIOMETRICA REACTION 
OMEGA = N OF THE ESTEQUIOMETRICA REACTION 
BETA = HZCO RATIO 
NT = MOLAR FLOW 
NT= NTi (At z=O) 

NC2H2i=0.0 
NH20i=O.O 
ALPHA=(NCP*2)+1 
OMEGA = NCP 
BETA=2.19 

INLET MOLES 
NTi=FLOW60.0/(22.4*1000) 
NT=NTi 

INLET MOLES OF CO E HZ 
NCOCN'W(1 +BETA) 
NCO=NCOi 
NH2i=NCOi*BETA 
NH2tNH2i 
Open file 

open (1, file = 'Xmoll .W) 



rewind (1) 
DO 13 N = 1,s 

READ (1,1000) MOL (N) 
1 O00 FORMAT (1 6X, F9.7) 

SMOL = SMOL + MOL(N) 
13 CONTINUE 

REWlND (1) 
DO 15NN= 1,5 

READ (1,10) MOL (NN) 
TMOL(NN) = MOL(NN)/SMOL 

15 CONTINUE 
W O  = TMOL(1)*28 + TMOL(2)*2 + TMOL(3)*44 + TMOL(4)*18 + 
1 TMOL(5)'NWMEZT 
Wr=(28*NCOi+2*NH2i)I(NCOi+NH2i) 

C CALCULATION OF MOLAR FLOW 
9500 NT=NTi + (1-ALPHA)*XI 

WT =(NC0*28 + NH2*2 + NH20*18 + NC2HP'NCP)lNT 
NNN=NNN+l 

C******t*w-**t**t*n*****-*t**t*t--***n*+**m*+**-******** 
C CALCULATION OF INLET GAS OENSlTY GAS (HZ AND CO) 
C 
C NCOi = INLET MOLAR FLOW OF CO (KGMOUHR) 
C NH2i = INLET MOLAR FLOW OF H2 (KGMOUHR) 
C WTi = MOLECULAR WElGHT OF GAS IN (KGIKMOL) 
C R = 0.08200 (ATM*LTS)/(KMOL* K) 
C PT = INLET PRESSURE TOTAL (ATM) 
C GASD = GAS DENSITY IN (KGIM3) 

GASD=(PT/O.O82OO~'WT 
c*+**tim*-t**-****t*-**tt*+****************-****+**m***w* 

C CALCULATION GAS SUPERFICIAL VELOClTY 
C 
C V= GAS SUPERFICIAL VELOCITY ( M / H ) 

V= NT/(3.14159*R"2*PT)'0.082087 
C****+*******W*H*H***H***+**H**+r*t*-**t**iWWm*HH*t+*H 

C CALCUtATlON OF HEAT CAPACllY 
C 
C CALCULATION OF HEAT CAPACITY OF THE HIDROCARBONS (OULET) 
C WHERE FM([) = MOLAR HIDROCARBON FRACTION 

c HYDROCARBON GAS PHASE 
C CALCUIATION CP MEAN FOR THE GAS FRACTION 

cp~l=(25.36+168.8? 8€-04*t+713.121 E-OiV%4lO8.37 1 E-1 O*t"3)'FM(1) 
cpc2=(8.181 +161.465e-03*t400.71 Oe-07*t"2894.209e-11 P3)*FM(2) 
cpc3=(-5.338+31 0.239~-03*t-164.64~06*t+t2+346.908e-l 0*tM3)*FM(3) 
cpc4=(-1.78+386.961 e43.1-1 93.255e-06*tw2+348.326e-1 0*tw3)TM(4) 
cpc5=(-3.411+485.009e43*t-251.94e-06*t~2+486.767e-1 0*tM3)*FM(5) 
cp&=(4.738+582.41 e-03*t-31 0.64%-065*tH2+629.232%-i OnP3)*FM(6) 
cpcl=(-5.6 1 9+676.93d3*t-363.956-06*t**2+740.73S6-1 O*tW3)*FM(7) 
cpc8=(-7.477+777.47e-O3*t-428.442e-06*tn2+91 7.635e-I0*t**3)*FM(8) 
cp&=(-8.386+872.l55e-O3*t-482.lBrle-OB*tY+ 1 03.1 1 e-09'tM3)*FM(9) 
cpclO=(-9.30+966~713e-03*t-535.09e-O6*t**2+1 13.8Qe-OQ?H3)*FM(10) 



cpc11=(-ll.24+106.784e-02*t-600.95e-O6*t**2+132.4e-09*t**3)*FM(11) 
cpc12=(-12.18+116.265d)2*t-654.55e-06.fn2+1 43.6e-09*tm3)*FM(1 2) 
cpcl3=(-l3.l5+l2S.77e-O2*t-7O8.69e-O6*t**2+l5S. 1 e-091 *tW3)*FM(l 3) 
cpcl4=(-14.95+1 35.798-02.t-772.74e-06*tw2+1 72.59e-09*tW3)*FM(1 4) 
cpcl5=(-15.97+ t 45.32e-02"t-826.97eû6*t"2+184.07e-O9*t**3)*FM(15) 
cpcl6=(-17.07+154.83e-02*t-880.61 e-O6*tT+l95.l 5e-û99"3)*FM(16) 
cpcl7=(-18.72+ 164.83e-02*t-945.Oe-O6*t**2+213.020e-O9Y"3)*FM(17) 
cpc1 a=(-1 9.57+ 174.25ê-02*t-997.55e06*t"2*3)*FM(18) 
cpc19=(-20.5+183.732e-02*t-105.1 4e-05*t*2+235.09e-09*tW3)*FM(1 9) 
cpc20=(-22.42+193.82e-02*t-l11.63e-05*t**2+252.93e-O9*t**3)*FM(20) 
cpc21 =(-l6.20 1 +1.9984*t-0.001186*t"2+2.39 1 e-O7Y*'3)*FM(21) 
~p~22=(-17.11+2.09384*t-0.0011 73*tm2+2.5 1 *07't"3)*FM(22) 
cpc23=(-18.01 Q+2. 18884V"'-O.OOI 2274*tT+2.63e-O7T")'FM(23) 
cpc24=(-18.928+2.28384*t-O.0012818*tT+2.75e-O7*t**3)*FM(24) 
cp~î5=(- l  Q.837+2.3788~*t-O.OOl3362*t**2+2.87E-O7*t**3)*FM(25) 
cpc26=(-20.746+2.47384*t-O.00 1 3906*tW2+2. 986e-O7*t.*3)*FM(26) 
cpc27=(-21.655+2.56884*t-0.001 445*t**2+3. 1 OSeW07*t**3)'FM(27) 
cpc28=(-22. S84+2.68384*t-û.OO 1 4994*tt*2+3.23e-07*tw3)*FM(28) 
cpc29=(-23.473+2.75884*t-0.00 1 5S38*tW2+3. 34M7*t**3)'FM(29) 
cpc30=(-24.382+2.85384%0.00 16082*t**2+3.462e-O7*t"3)*FM(30) 

C CALCULATION OF THE AVERAGE HEAT CAPACITY OF THE 
C HIDROCARBONS (OULET) 

cpC2H2=cpcl +cpc2+cpc3+cpc4+cpc5+cpc6+cpc7+cpc8+cpc9+cpcl O+ 
1 cpcl 1 +cpcl2+cpcl3+cpcl4+cpcl5+cpcl6+cpc17+cpcl8+cpcl Q+cpc20 
1 +cpc21+cpc22+cpc23+cpc24+cpc25+cpc26+cpc27+cp~0 

C CALCULATIONS OF HEAT CAPACITY OF THE GAS SINTESIS (UNREACTED) 
AND 
C THE H20 

CPCO=(2.90063e+01+2.49235e-03*t-1.86440e-05Y**2+4.79889e-08 
1 *ta*3-2.87266e-1 1 *te*4) 
CPH2=(1.76386e+Oi +6.70055e-02*t-1.31485e04*t**2+1.05883e47 
1 *t**3-2.9 1803e-1 i *t-4) 
CPH20=(3.40471 e+01-9.65064e-03*t+3.29983e-05*t**2-2~04467e-O8 
1 Y"3+4.30228e-l21Y*4) 
CPC024 Q.87+7.%~€-2"r-~.6O2€-5T"2+1.7lSE-8T*3 

C CALCUlATlONS OF THE AVERAGE H E M  CAPACITV (CPGAS OUT) CPGAS 
C AND H W  CAPACITY TOTAL CPGAST 
C CP KCAU(KG HR) 
C T = K  
cf CPGAS = (CPCO'TMOL(1) + CPH27MOL(2) + CPC027MOL(3) + 
cf 1 CP H207MOL(4) + CPC2H27MOL(5)) 

cpgas = (cpco*ncdnt) + (cph2*nh2/nt) + (cph2o*nh2o/nt) + 
1 (cpuh2*nc2h2/nt) 
CPGAS = (cpgasNvT)'O.2389 

c*-***-*--- 
C CALCULATION OF GAS VlSCOSlTY 
C UG = KG/ (H M) 
c HYDROCARBONGASPHASE 
C CALCULATION uG MEAN FOR THE GAS FRACTION 

UGCI =(3.8435 +4.0112€-01 't -1.4303EQ4.tr)*FM(1)*3.6e-04 
UGC2=(0.5142 +3.344Q6-01 *t -7.1 071 e-05Y2j*FM(2)*3.6e-04 



UGC3=(-5.4615 +3.272eOI *t -1 .0672e04*tw2)*FM(3)*3.68-04 
UGC4=(-4.9462 +2.9OOe-O 1 *t -6.9665e-05*t**2)*FM(4)*3.6e-04 
UGC5=(-3.2018 +2.675e-01 *t -6.64 78e-05*tH2)*FM(5)*3.6e-û4 
UGC6=(-8.2223 +2.623e-O1 *t -5.7386e-05*tw2)*FM(8)'3.6e-04 
UGC7=(-10.378 +2.441 e-01 *t -5.4003e-05*tH2)*FM(7)*3.6e-û4 
UGC8=(3.9404 + 1.664e-01 t + l  .4470e-05*tH2)*FM(8)*3.6e04 
UGC9=(-6.8021 +1.889e-01 *t +3.4929e-07*tH2)'FM(9)*3.6e04 
UGC 1 0=(-7.2970 +1.8506e-01 *t 4.8008e-08*tT)*FM(10)*3.8e-04 
UGClj =(-10.044 +1.8311 e-01 *t -6.9885a-06*tn2)*FM(1 1)*3.6e-04 
UGCI 2=(-12.217 +1.8099e-01*t -8.9955e-06*tn2)*FM(1 2)*3.6e-04 
UGCI 3=(-10.691 +q .6482e-Ol? -1.8752e-08*tH2)*FM(13)*3.6eû4 
UGCl4=(-10.397 +1 S709e-01 *t + 1 .0229e-06*tH2)*FM(14)'3.6e-04 
UGC15=(-11.516 +l.5843e-Ol *t -6.6776e-07'"tw2)*FM(15)*3.6e-04 
UGCI 6=(-l3.585 +l.6OO7e-Oi 9 -5.5û46e-06*tH2)*FM(16)'3.Be-04 
UGCI 7=(-6.1661 +l.2965e-Ol *ï +1.9105e-05*t**2)*FM(17)*3.6e-04 
UGC 1 8=(-6.9467 + 1.2597e-0 1 *t +2.2320e-05*tH2)'FM(1 8)*3.6e-û4 
UGC19=(-7.6815 +1.2181 e-01 Y +2.5813e-O5*tT)*FM(99)*3.6e-O4 
UGC20=(-7.9888 +l. 1866e-0 1 Y + M l  67e-05*t**2)*FM(20)*3.6e-04 

C 
UGC21 =((2.8375e-7*tm6.2562e7)/(1 +(7.0216e+Ut))~FM(21)*3600 
UGC22=((2.7626e-7'1"s.2625e-I )1(1+(7.0084e+2/t)))*FM(22)*3600 
UGC23=((2.701 3e-7*tn6.2634e- 1 )1(1+(6.9950e+2/t)))*FM(23)*3600 
UGC24=((2.6670e-7*tm6.2528e-1 )/(1+(6.9999e+Ut)))*FM(24)*3600 
UGC25=((2.6350e7tm6.242 1 e-1)/(1+(6.9965e+Z/t)))*FM(25)*3600 
UGC26=((2.61188-7*t~6.2258e-1)/(1+(6.9931 e+2A)))'FM(26)*3600 
UGC27=((2.598Qa-7't"s.2059e-l)/(1+(6.9898e+2/t)))*FM(27)*3600 
UGC28=((2.5860e-7*t"6.186Oe1)/(1+(6.9864e+2/t)))*FM(28)*3600 
UGC29=((2.5833e-7*tH6.221 1 e-1 )/(1+(6.9823e+2/t)))*ÇM(29)*3600 
UGC30=((2.5806e-7*tH6.2562e-l )/(1+(6.9843e+Ut)))*FM(30)*3600 

C CALCULATION OF THE AVERAGE UG OF THE 
C HIDROCARBONS (OULET) 

U G C ~ H ~ = U G ~ I + U G ~ ~ + U G ~ ~ + U G C ~ + U G ~ S + U G ~ + U G C ~ + U G ~ ~ + U G ~ ~ + U G C ~  O+ 
1 

UGCI 1 +UGCI~+UGCI~+UGC~~+UGC~~+UGCI 6+UGcl?+UGcl8+UGc19+UGc20 
1 

+UGc2 1 + U G ~ ~ ~ + U G ~ ~ ~ + U G ~ ~ ~ + U G ~ ~ ~ + U G C ~ ~ + U G C ~ ~ + U G C ~ ~ + U G C ~ ~ + U G ~ O  
C 
C CALCULATIONS OF VlSCOSlTY OF THE GAS SINTESIS (UNREACTED) AND 
C THEH20 

UCO=(Z3.8 1 1 4 + 5.39448-0 1 *t -1.544 1 e-04*tM2).3.6eO4 
UH2=(21.8? + 22.2e-027 - 37.518-06T2P3.6e44 
UC02=(11.81 O9 +4.9838-l t -1 .O851 M4*t9)*3.6- 
UH20=(-31.89 + 41.45e-02T - 8.272e06T2)*3.6e-04 

C 
UG=(UCO*NCO*28"0.5 + UH2*NH2^2-0.5 + UGCZH2*NC2H2*NCPm0.5 
1 + UH20*NH20*18"0.5)/(NCO%?8~0.5 + NH2'2-0.5 +NC2H2*NCP"0.5 
1 + NH20*18"0.5) 

cc----- 
C THERMAL CONDUCTIVITY OF THE PRODUCTS 
C KG = KCAL / (H M K) 



c HYDROCAUBON GAS PHASE + 
C CALCULATION k MEAN FOR THE GAS FRACTION 

GKCI =(-0.00935 +1.4028€-049 +3.3180€-08*t**2)*FM(l) 
GKC2=(-0.0 1 936 + 1.2547e04*t +3.8298e-O8*t**2)*FM(S) 
GKC3=(-0.00869 +6.6409d35*t +7.8762e08*t*'2)*FM(3) 
GKC4=(-0.00 1 82 + 1.9396e-05*t +I.3818e-O7*tT)*FM(4) 
GKC5=(-0.00137 +l.8081 &5*t +1.21 36e-07*tm2)*FM(5) 
GKC6=(-0.002 +7.7788e-063 +l .3824eo07*t**2)*FM(6) 
GKC7=(-0.00 1 72 +1.6565e-051 +1.0525e-û7*t**2)*FM(7) 
GKC8=(-0.00213 +1.8456e-059 +9.4775e-08*tT)*FM(8) 
GKCQ=(-0.00655 +3.2637e-05*1+7.71 50e-08*tH2)*FM(9) 
GKCI O=(-0.001 13 +8.1090a-O6*t +9.6092e-08*tw2)'FM(1 0) 
GKCI 1=(0.01364 -4.83030&5*t +1 .4396e-07*tw2)*FM(1 1 ) 
GKCl2=(-0.00812 +2.915Oe-O5Y +7.1085e-O8*t"2)'FM(12) 
GKC I3=(-O.O0784 +2.7116e-O5t +7.0226e-O8*t"2)'FM(I 3) 
GKCl4=(-O.OOl8 + 1.0242e-O5*t +7.7727e-O8*tY2).FM(I 4) 
GKCl5=(-0.00723 +2.3 1 J8e-O5*t 2%-OB*t"Z)'FM(I 5) 
GKC 1 6=(4. Oû67 1 +2.0080e-059 +6.7235e-O8*te*2)'FM(1 6) 
GKCI 7=(-O.OOl24 8.3091 e-Wt +8.1047e-O8*tT)'FM(17) 
GKCI 8=(-0.00172 +6.6775e-079 +7.2881 e-08*t**2)*FM(I 8) 
GKC 19=(0.00153 -7.5609e-06*t +7.41 84eo08*t**2)*FM(1 9) 
GKC20=(0.00 154 -7.5268e-O6*t +7.0837e-08*tm2)*FM(20) 

C 
GKCÎl=((-2.6715e+2*t**1.0733€+0)/(1+(-6.55 16E+g/t)))*FM(21) 
GKC22=((-3.0066e+2*tt*i .0755€+0)/(1+(-7.707 1 E+9lt)))*FM(22) 
GKC23=((-2.5776e+2*twl .0776€+0)/(1+(8.8755E+9/t)))*FM(23) 
GKC24=((-2.4993e+2*twl .0794E+0)l(1+(8.9191 E+g/t)))*FM(24) 
GKC25=((-2.8856e+2*tw1 .O81 2E+0)1(1+(-8.2449E+9lt)))*FM(25) 
GKC26=((-1.761 6e+2*twl .0827E+O)l(I +(-5.2175E+Q/l)))'FM(26) 
GKC27=((-1 .8902e+2*tm1 .0833E+O)l(1+(-5.7749E+9It))~FM(27) 
GKC28=((-2.01 88e+2*te*1 .0853E+O)l(l+(6.3323E+Qlt)))*FM(28) 
GKC29=((-2.371 5e+2Tel .08733€+0)1(1 +(6.3516E+gIt)))*FM(29) 
GKC30=((-2.7402e+2*tw1 .00876E+O)l(l+(-9.031 QE+Q/l)))*FM(30) 

C CALCULATION OF THE AVERAGE K OF THE 
C HIDROCARBONS (OULET) 

CZHZKG=GKcl +GK~~+GK~~+GK~~+GK~S+GKC~+GKC~+GKC~+GKC~+GKCI O+ 
1 

GKCI 1 +GKC12+GKCI 3+GKC14+GKCI S+GKcl6+GKcI 7+GKcl8+GKc19+GKc20 
1 

+GKc21 +GKc22+GKc23+GKc24+GKc25+GKc26+GKC27+GKc28+GKc29+GKc30 
C CALCUIATIONS OF THERMAL CONDUC. OF THE GAS SINTESIS 
(UNREACTED) AND 
C THEHZO 

KC0=(-0.012 + 1.02088-047 -2.24036-087-2) 
KH2=8.099E-3 + 6.689E47 - 4.1 58E-7T2 + 1.562E-1 O T T  
KH2Ot7.343 E-3 - 1 .O1 3E-57 + 1.801 E - 7 T 2  - 9.1 LI 1 T"3 
KC02 = -7.21 SE-3 + 8.01 5E-57 + 5.477E-9T2 -1.053E-117-3 

C 
KG=(KCO*NC0'28V.33 + KH2*NH2*2"0.33 + C2H2KG*NC2H2*NCPH0.33 
1+ KH20*NHZO*l8~0.33)/(NCOY!8~0.33 + NHTZ"0.33 +NC2H2*NCPM0.33 
1 + NH20*18"0.33) 



CATALYST EQUIVALENT DIAMETER 
DP=0.0028 

REYNOLDS COOLANT 
REC = 0.001 5 W C I U C  
PRANDTL COOLANT 

PRC=CPC*UC/KC 
W.-* JACKET HEAT TRANSFER P ARAMETERS '""""""*-"** 
HOUT=KClO.0015*(0.203*REC"(1./3.)*PRC"(I ./3.)+0.22* 
1 RECW0.8'PRC*'0.4) 

GAS FLUX 
GG=\rGAS D 
REYNOLDS GAS 

REG=DP*GGIUG 
PRANDTL GAS 

PRG=CPGAS*UGlKG 
E f  FECTIVE DlFFUSlVlTY 

DER=\rDP/(10.*(1 .+19,4*(DP/(2.*R))"2)) 
PECLET GAS 

PEMR=V*DPIDER 
EFFECTIVE THERMAL CONDUCTIVITY 

KER=KG*(6.7+PRG*REGIPEMR) 
*****lt+*+**+ WALL HEAT TRANSFER PARAMETER """""""""""" 
AW= KGIDP'EXP(0.077+0.523*ALOG(REG)) 
BIOT NUMBER 

BIOT=AWR/KER 
-ttt+t* OVERALL HEAT TRANSFER PARAMETER """"*""""""* 
U 1 = 1 .l(l .lHOUT+I .IAW+W(4.*KER)) 
U=Ui 



c C CALCULATION OF COEFFICIENTS OF THE DIFFERENTIAL EQUATIONS 
Az(3.14 1 58*RW2) 
B I  =(-AHR)/(VCPGAS*GASD) 
C=(2.O*U)/(VCPGAS*GASD*R) 
D=(2.0*3. 141 59*R*U*tn)i(WC*CPC) 

C*c**~w*-*+i*.r*m*t***~+n****t**w*f**c*****+***~~~*~*n**t+ 

DIFFERENTIAL EQUATIONS RESOLUTION WlTH RUNGE-KUfTA 
AXIAL STEP PROGRESSION 

t;l=ZZ+DZ 

CALL RUNGE (EA.CORR1 ,AK1 O,AK30,AK40,X1 ,T,TC,P,NHli, 
1 N T , A L P H A t N C 0 , N C O i , N H 2 , N C 2 H 2 , N C 2 H 2 i , N H 2 0 M  NTi) 

X I  1 =Xi +AKl0/2.0*DZ 
T l  =T+AK30/2.0*DZ 
TC 1 =TC+AK40/2.0gDZ 

CALL RUNGE (EA.CORR1 ,AKI 1 ,AK31 ,AK41 ,XI 1 ,TI ,TC1 ,P. 
1 NH2i,NT,ALPHA,NCO,NCOi,NH2,NC2H2,NC2H2i,NH2O,NH20itOMEGA,Pt,NTi) 

XI  2=X1 +AK11/2.0*DZ 
T2=T+AK3 1/2.O*DZ 
TC2=TC+AK4 1 12.O'DZ 

CALL RUNGE (EA.CORR1 ,AK12AK32,AK42,X12,TZtTC2,P, 
1NH2i,NT,ALPHA,NCO,NCOi,NH2,NC2H2,NC2H2i,NH2O,NH20itOMEGA, Pt, NTi) 

X I  3=Xl +AK12*DZ 
T3=T+AK32*DZ 
TC3=TC+AK42*DZ 

CALL RUNGE (EA,CORRI ,AKI 3,AK33,AK43,XI 3,T3,TC3,P, 
t NH2i,NT,ALPHA,NCO,NCOi,NH2,NC2H2,NC2H2i,NH2OtNH2Oi.OMEt Pt, NTi) 

EXTENT OF REACTION 
0x1 =(DZI6.)*(AK1 O+(AKI 1 *2.O)+(AKI 2*2.O)+AK13) 
Xl=Xl+DXl 
GAS TEMPERATURE 

DTI =(DûB.)*(AK30+(AK3 1 *2.O)+(AK32*2.O)+AK33) 
T=T+DT1 
COOLANT TEMPERATURE 

DTC=(D~6.)*(AK4O+(AK41*2.O)+(AK42*2.O)+AK43) 
TC=TC+OTC 
CENTER TEMPERATURE 

TCTR=T+(T-TC)*.2FBiOT/(l+0.25*BIOT) 
TEMPERATURE CONVERSION FROM KELVIN TO CELSIUS 

CT=T-273 
CTC=TC-273 
CTCTR=TCTR-273 



C COUNTER 

w- 
IF (2Z.LT.m GOTO 9500 

m*t**t**i**+**t***+*-Mm 

C OUTPUTFILE 
C * * ~ * ~ ~ * * . * t * * i * + * ~ * t * * ~ w * - * + * m + * * f * m * * r * * ~ ~ * i t * * ~ * ~ * ~ w  

OPEN (6,FILE= 'CALOR') 
WRlTE (6,6) 

6 FORMAT (///,20~, w*---f**-rn*--rn+H*I ,/,2ox, 
1 SlMUlATlON ONE-DIMENSIONAL MODEL',/,20Xl 
1 1+*****+**-wt+t*-f..,*ttiH**t**-1 1 
WRlTE (6, I I )  NUM 

11 FORMAT (//,SX, 'EXPERIMENT NUMBEK.14) 
WRITE (6, 12) 

12 FORMAT (///,20X, lM*H*+**"""*H**W*"W*"" , / '20~, 
1 ' INPUT VALUES FOR THE SIMULATION',/,20X, 
1 i*ttrC*t+Hrn**t+**+**--t 110 
WRlTE (6.16) TIN 

16 FORMAT ('INITIAL TEMPERATURE OF GAS ',20X,F6.2,' Cl) 
WRlTE (6,18) FLOW 

18 FORMAT ('INITIAL GAS FLOW ', 18X. F8.2,' literlmin') 
WRITE (6'20) BETA 

20 FORMAT ('HUC0 RATIO ',2OXlF6.2) 
WRITE (6'22) P 

22 FORMAT (TOTAL PRESSURE ',1 9X,F6.1 ,' MPa') 
WRlTE (6,34) TCOLl 

34 FORMAT ('INITIAL TEMPERATURE OF COOLANT ', i7XIF6. 1, ' C' ) 
M I T E  (6,36) WC 

36 FORMAT ('COOLANT FLOW ',19XlF6.1, ' Kg/h') 
WRITE (6,28) NTi 

28 FORMT('1NLET MOLES TOTAL ',20X, F9.6, ' Krnol/hour') 
WRlTE (630) NH2i 

30 FORMAT('1NITIAL MOLES OF H2 ',20X,F9.6, ' KrnoVhout) 
WRlTE (6.32) NCOi 

32 FORMAT('IN1TIAL MOLES OF CO ',20XIF9.6, ' Krnol/hour') 
WRITE (6.38) AHR 

38 FORMAT ('ENTHALPY OF REACTION',25X,F9.2,' KcaVkmol CO converted') 
WRlTE (6,40) CORRI 

40 FORMAT ('KO OF THE REACTION ',21X.E20.3,' m3lm3 caüsB,/) 
WRlTE (6.42) 

42 FORMAT (lll, 20X ,'m"m""m-***H---" ,/,2Ox, 
1 ' CALCULATED VALUES DURING THE SIMULATION',/,20Xl 
1 ' - - * P I  1 
WRlTE (6,50) NT 

50 FORMAT ('MOLAR FLOW ',21X,F6.3, ' KmolRiout) 
WRITE (6.52) GASD 



52 FORMAT('GAS DENSITY ',20X,Ç6.3. ' KgIm3') 
WRlTE (6,s) V 

54FORMAT('GASSUPERFlCtALVELOCllY '.13XlF15.5,' mlh') 
WRlTE (6,56) CPGAS 

56 FORMAT('GAS HEAT CAPACITY ', 19X, F8.4,' Kcall CIKg') 
WRlTE (6,58) UG 

58 FORMAT('GAS VlSCOSlM OUT ',21 X,F5.3, ' Kglmlh') 
WRlTE (6,60) KG 

60 FORMAT('GAS THERMAL CONDUCTIVITY OUT121X,F7.3,' KcaU CI mm') 
WRITE (6,70) REG 

70 FORMAT 'REYNOLDS GAS ',19X,F10.4) 
W R m  (6,72) PRG 

72 FORMAT('PRANDTL NUMBER GAS ', 1 8X, F8.4) 
WRITE (6,74) PEMR 

74 FORMAT('PECLET GAS ', 19X,F5.2) 
WRITE (6,76) BIOT 

76 FORMAT ('BIOT GAS ',20X,F5.2) 
C 

WRlTE (6.62) DCOL 
62 FORMAT(CO0LANT DENSlTY ',19Xt F5.1,' KgIm3') 

WRITE (6,64) UC 
64 FORMAT('CO0LANT VlSCOSlTY ',21X,F5.3, ' KgImJh') 

WRlTE (6,66) KC 
66 FORMAT('CO0UNT THERMAL CONDUCTIVITY',21X,F7.3,' KcaV C/ m/h') 

WRlTE (6.80) REC 
80 FORMAT ('REYNOLDS COOLANT ',i 9X,F5. 1) 

WRlTE (6,82) PRC 
82 FORMAT ('PRANDTL COOLAM ',20X, F5.2) 

C 
WRlTE (6.78) KER 

78 FORMAT ('EFFECTIVE RADIAL THERMAL CONDUCTIVIN '. 1 1 X. F6.3.' Kcal 
1/Hlm/ C') 
mm ( 6 , ~ )  HOUT 

84 FORMAT('JACKET HEAT TRANSFER COEFFICIENT,lBX,F8.3,' KcaWh/m2/ C' 
1) 
WRITE (6.86) AW 

86 FORMAT(WALL HEAT TRANSFER PARAMETER ', 18X,F8.3,' KcaWhIm21 C') 
WRITE (6.88) U l  

88 FORMAT ('U FROM CORRELATIONS ',23X.F8.2,' KcaVhlm2/ C' 
1 iII//l/I//I/f) 

C 
WRlTE (6,90) 

90 FORMAT ( 2 0 X t ' " " " " ~ ' , l . 2 O X t  
1 ' SlMUlATED TEMPERATURE PROFILE',/,20X, 
1 I--t*titt++t+t***tt++.@ 910 
WRITE (6,92) NUM 

92 FORMAT (II, 1 5X.'RUN NUMBER ',l4,//) 
WRlTE (6,94) 
DO III = il NNN, 25 
WRlE(6,96)VZ(l Il) ,VCT(iii),VTCTR(III),VCTC(l l l),Pco(lll) , 
1 coNvco(ili) 



96 FORMAT(W, F8.3,6X1 F6.2,6X1F6.2,6X, F6.Z,6X1 F9.5,6X, F9.Z) 
94 FORMAT (6X, 'Z',lOX, T, 1 iX,'T*',lOX, 7c1,14X,'Pco', 1 lX,'Xca',l) 

end do 
CLOSE (6) 
END c ~ ~ m * * * ~ * t + * * * + t . , ~ + * ~ c t t t + * * t * * w * m * * * t * * ~ * t * * * *  

SUBROUTINE RUNGE 
SUBROUTINE RUNGE (EA,CORRl ,AK1 ,AK3,AK4,Xl ,TITC,P,NH2i, 
1 NT,ALPHA,NCOlNCOi,NH2,NC2H2,NC2H2i,NH20,NH20i,OMEGA,Pt,NTi) 

IMPLLCIT DOUBLE PRECISION (A-H,O-Z) 
REAL AKI ,AK3,AK4,X1 ,T,TC, NH2i,NT,ALPHAlEA,CORR1 ,P,PT,NTi 
REAL NCO,NCOi,NH2,NC2H2,NC2H2i,NH2OINH20i,OMEGA 
REAL RCO 
DOUBLE PRECISION KCO 

EA = ACTIVATION ENERGY 
AA = PRE-WP. KIN. FACTOR 
KCO = KINETIC PARAMETER 

AA= (-€AIT) 

CALCULATION OF RCO 
RCO=KCO*((NH2i-ALPWXl)1((0.00827)/PT)*(NTi+(1-ALPHA)*X1)) 

Calculation of Partial pressure 
p&((abs(nwht))*P)**( 0.45) 
ph2f=((nh2/nt)*P)'(O.945) 
mode11 
Rco=Kco*pcoPph2f 

.... c.. b=38.53 
c Deno=(l +b*pco9 
c Rw=(Kco'pcof*ph2f)/deno 

c mode14 
.... c.. bt12.22 

c Deno=(l +b*pcof)*3 
c Rco=(Kco*pcof*ph2f)/deno 



c mode1 5 
c... ... b=4.6 
c Deno=(l +btpcoPph2f) 
c Rco=(Kco*pwf*ph2f)Ideno 

C 
DX1 DZ=A*RCO 
DTDZ=(B1 *RCO)-C*(T-TC) 
DTCDZ=D*(T-TC) 
DTRCO=DTCDZ*l 

C OUTPUT 
AKI=DXI OZ 
AK3=DTDZ 
AK4=DTCDZ 
ALEXI =DTRCO 
RETURN 
END 



APPENDIX O.?. Program for estimation the heat of reaction 

C PROGRAMHEAT 
C+*-*++++.c++*++**thw--*+.* 
C 
C THIS PROGRAM IS USED FOR CALCULATE THE HEAT OF REACTION FOR 
C THE SYNTHESIS GAS CONVERSION TO HVDROCARBONS 
C 
C UPDATE 02-1 5-97 Version 4.0 
C 
C WE USED 
C AH1= MOLES IN (EACH REACTANT) ' CP IN (AVERAGE) (T2-Tl) 
C AH2= MOLES (EACH PRODUCTS)*AH for(EACH PRODUCTS) 
C AH3= MOLES OUT (EACH PRODUCTS)' CP OUT (AVERAGE) (T3-T2) 
C 
C AHR = AH1 + AH2 + AH3 (KJIKmol) 
C 
C * i * * * * + * t * * t ) * * * * * * ~ ~ * t * * t *  
C 

DIMENSION NC(50) 
REAL NC, NHCT 
REAL NTi,NT,NHZi,NCOi 
REAL MOL(6) 

Cm***t****t******++*m**+***+**tt-n***t.t***-t**********-*-*e 

C INPUT DATA 
C****+*tw*n*-***t**m**-*+rn*-*r**n*t.*-*c*******-tt*nrnt*t******** 

WRlTE (6,') 'Experiment numbef 
read (6,') num 
write (6,') Temperature gas in ( C )' 
read (6,") tgin 
write (8,') Temperature gas out ( C )' 
read (6,') tgout 
wnte ( 6 3  'Inlet gas flow rate (LitersIrninute)' 
read (63  fiow 
WRlTE (6,') 'CO Conversion ' 
read (6,') Conv 

C 
C-H--***------*+*****-*****tii**** 
C INITIAL VALUES 

TGIN=TGIN+273 
TGOUT=TGOUT+273 c***--t+*******t*++i**+*+im***+***+rt+rm*ttt 

C 
C OPEN FILE DATA2.m ( MOLES OF HIDROCARBONS FROM Cl TO C30 ) 
C 

OPEN (5, FILE = 'DATA6.TXT) 
R M N D  (5) 
I=O 
NT=O 



NHCT=NHCT+NC(I) 
5 CONTINUE 

RATIO HWCO 
BETAs2.0 

INLET MOLES 
NTi=FL0W60.01(0.082*298.0*1000.0) 
NT=NTi 

INLET MOLES OF CO E H2 
NCOi=NT0i(I +BETA) 
NH2i=NCOi'BETA 
CP GAS IN 

T l  *gin 
T2=298 
CPCO=30.842-(0.01283Q/2)*(T1 +T2)+(2.78767e-05/3)*(T1**2+ 
1 T 1 TZ+T2**2)-( 1 .ZW e-08/4)*(Tln3+T1 TT2+T172**2+T2**2) 

CPH2=27.14+(0.009274/2)*(TI +T2)-(7.381 a-05/3)*(Tlm2+ 
1 T 1 72+T2~2)+(7.645e-O9/4)*(TI H3+T1"272+T1 72**2+T2T) 
CPMIN=NCOI*CPCO + NH21*CPH2 

AH1 = AH REACTANTS 
AH1= CPMIN'(T2-Tl) 

AHFI = AH FORMATION REACTANTS 
AHFI=-1 1 O.M*I + 0*NH21 

C****~****Ir*~**t*C**t*tl***************-tm********!******t*t 
C 
C OPEN FILE XMOL.TXT ( MOLES OF C0,H2,COZ8AND H20) 
C 

OPEN (1, FILE = 'XMOLI .Tm) 
RNVlNO (1) 
DO 13 N = 1,5 

READ (1.1000) MOL(N) 
1 O00 FORMAT(16x.FI 5.12) 

SMOL=SMOL+MOL(N) 
13 CONTINUE 

CLOSE (1) 
C 
C AH FORMATION OF THE PRODUCTS (HYDROCARBONS) 
C 

HFC 1 =-74.85*O.OiQ6O 
HFC2=84.68*0 .O0266 
HFC3=-1 O3.8FO.OI 143 
HFC4=-126.1 S*O.O0505 
HFCS=-146.44*0,00757 
HFC6=-167.1 VO.00866 
HFC7=187.78*0.00545 
HFC8=-208.477*0.00402 
HFC9=-229.147'0.00402 
HFC1 O=-249.82*0-00389 



HFCl1=-270.487*0.0035 
HFCl2=-29l.l57*0.00324 
HFCI 3=-311.827*0.00272 
HFC l4=-332.4W*O.OO246 
HFCI 5=-353.167'0.00220 
HFCl6s-373.837*0,00195 
HFC17=-394.507'0.00169 
HFCl8-4l~.l77*U.OOl56 
HFCI 9=435.847*0.00143 
HFC20r-456.51 7*O.OOl3O 
HFCZlr-477.187*0.00117 
HFC22=497.857*0.001 O4 
HFC23=-518.527*0.00091 
HFC24=-539.197'0.00078 
HFC25=-559.867*0.00071 
HFC26=-580.537*0.00065 
HFC27=-601.207*0.00058 
HFC28=-621.877*0.00052 
HFC29s-642. M7*O. 00047 
HFC30=-663.217*0.00043 

SHFC=HFCl +HFC2+HFC3+HFC4+HFC5+HFC6+HFC7+HFC8+HFC9+HFClO+ 
1 

HFCI l+HFC12+HFC13+HFC14+HFC15+HFCl6+HFCI7+HFC18+HF C19+HFC20+ 
1 

HFC21 +HFC22+HFC23+HFC24+HFC25+HF C26+HFC27+HFC28+HFC29+HFC30 

C AH FORMATION OF THE PRODUCTS 
AHF2=(-Il O.S*O.O)+ (0.0'1.97) +(-393.5l*O.O1167) 
1 + (-241.99*0.97774) + (SHFC) 

C AH2 = AH FORMATION (PRODUCTS - REACTANTS) 
AHFI =AHFl*1000 
AHF2=AHF2*3000 
AH2=(AHF2-AHFl)*NCOi*CONV/100.0 

Ctt~*t+mt**.*rt**r*,~*+**-m*tt*-u~*+**.t*+t~****t***~**+-~-**t*n++*+**1>** 

C 
C CALCULATION OF HEAT CAPACITV 
C 
C 
C CALCULATION OF HEAT CAPACITY OF THE HYDROCARBONS (OULET) 
C 
C HYDROCARBON GAS PHASE 
C 

T2=tgout 
T l  =298 
cpc1 =(25.36+(168.678E-04/2)*(Ti +T2)+(713.121 E-07/3)*(Tln2+T1 7 2  
1 +T2-)-(408.37 1 €01 Ol4)*(Tf -3+TlH2T2+TI 72-2+T2*2))*NC(I ) 
cpc2=(8.181+(161.465e-û3/2)*(Tl +T2)-(4OO.71 Oe-07/3)*(Tl H2+T172 
1 +T2.2)-(694.209~1114)'(T1~3+Tl Y72+T172H2+T2'2))*NC(2) 
cpc3=(-5.338+(310.239e-O3/2)'(Tl +T2)-(1 64.64e-06/3r(TlH2+T1 +T2 
1 +T2~2)+(346.908e-10/4)*(Tl~3+Ti 7 7 2 + T 1  7ZW2+T2-2))*NC(3) 



cpc4=(-1.78+(386.961 e-03/2)*(T1 +T2)-(193.255e-O6/3)*(T1"2+T172 
1 +T2Y!)+(348.326eWl 0/4)*(Tl "3+T 1 **272+TI 72"2+T2"2))*NC(4) 
cm=(-3.4 1 7 +(485.OOQe-O3/2)*(TI +T2)-(25 1. Me-O6/3)vl"2+TlT2 
1 +T2"2)+(486.767e-l0/4)*(T1**3+TI **2T2+TI T2"2+TZW2))*NC(5) 
cpc6=(-4.738+(582.41 e-O3/2)*(TI +T2)-(3lO.84e-O65/3p(Tl~2+TlT2 
1 +T2T)+(629.232e-10/4)*(T1'"3+TI "272+TI 72-2+T2-2))*NC (6) 
cpc7=(-5.619+(676 .93e-O3/2)*(Tl +T2)-(363.95e-O6/3)*(T1"2+T172 
1 +T2H2)+(740.735e-10/4)*(TI"3+T1 **272+T172"2+T2**2))*NC(7) 
cpc8=(-7.477+(777.47603/2)*(Tl +T2)-(428.442e-06/3)*(T 1 "2+T172 
1 +TZw2)+(Q1 7.635e-l0/4)*(T1"3+TI **272+T172"2+T2**2))*NC(8) 
cpc9=(-8.386+(872.155e-03/2)*(T1 +T2)-(482.1 64e-O6/3)*(T1**2+T172 
1 +T2*2)+(103. l le-09/4)*(TI -3+Tl *Tï2+TlTZ~2+T2**2))'NC(Q) 
cpcl O=(-9.3O+(966.7l3e-O3/2)*(Tl +T2)-(535.09e-û6/3)'(Tl*2+T172 
1 +T2~2)+(113.89e-O914)*(T1"3+T1**272+T172n2+T2"2))'NC(1 0) 
cpcl 1 =(-1 1.24+(106.784e-OU2)*(T1 +T2)-(600.95e-O6/3)*(T1"2+T172 
1 +T2*2)+(132.40-09/4)*(T 1 L3+Tl**PT2+Tl 72w2+T2*2))*NC(11 ) 
cpcl2=(-12.18+(1 l6.265e-OUZ)*(Tl +T2)-(65455eQ6/3)*(Tl**2+TlT2 
1 +T2*2)+(143.8e-O9/4)*(T1"3+Tl**272+Tl 72"2+T2w2))*NC(1 2) 
cpc13=(-13.15+(1 25.77egO2/2)*(Tl +T2)-(708.69e-06/3).(Ti **2+T172 
1 +T2-2)+(155.1 e-091/4)*(lln3+T1 **YiZ+Tl 72W2+T2H2))*NC(1 3) 
cpcl4=(-(-14.Q5+(I 35.79e-û2/2)'(TI +T2)-(772.74e-O6/3)*(T1**2+TIT2 
1 +T2"2)+(172.59e-09/4)*(T1**3+TlH272+T1 72W2+T2**2))*NC(1 4) 
cpcl5=(-l5.97+(l45.32e-OU2)*(Tl +T2)-(8Z6.Qïe-O6/3)*(Tl"2+TlT2 
1 +T2Y2)+(184.07e-O9/4)*(ll~3+Tl "272+T1 72H2+T2**2))*NC(1 5) 
cpcl6=(-17.07+(154.83e-02/2)*(Tl +T2)-(880.61 e-O6/3)*(T1**2+Tl 7 2  
1 +T2"2)+(195.15e-0914)*(TI **3+T1**272+T172Y+T2"2))*NC(I 6) 
cpc17=(-18.72+(164.83e-O2/2)*(T1 +T2)-(W5.Oe-O6/3)*(Tl**2+Tl'T2 
1 +T2"2)+(2 1 3.020e-09/4)'(Tln3+T 1 **ZTZ+TI 72"2+T2H2))"NC(1 7) 
cpcl8=(-l9.57+(l74.25e-OU2)*(Tl +T2)-(997.55e-O6/3)*(Tl'*2+Tl T + T  
1 2"2)+(223.64e-Og/4)'(T 1 "3+T1~72+Tl72**2+T2"2))*NC(18) 
~pcl9=(-2O.5+(l83.732eO2/2)*(Tl +T2)-(105.14e-O5/3)*(T1"2+TI "T2+ 
1 T2**2)+(235.09e-O9/4)*(T1~3+T1"272+T172"2+T2~))*NC(19) 
cpc20=(-22.42+(193.82e-OU2)*(T1 +T2)-(l11.63e-O513~(T1**2+Tl T 2 +  
lT2~)+(252.93e-û9/4)'Crl*3+Tl T72+T1727+T2?))*NC(20) 
c ~ C ~ I = ( - I ~ . ~ O I  +(1.998412)"(Tl +T2)-(O .O0 1 1 86/3)*(Tl2+TlTZ+ 
1 T2?)+(2.39 1 e-07/4)'(TI "3+TI TPT2+Tl72**Z+T2"2))*NC(Z 1) 
~pc22=(-17.11+(2.093&/2)*(T1 +T2)-(0.001173/3)*(T1*2+T1 7 2  
1 +TZw2)+(2.5 1 e-O7/4P(TI "3+Tl~72+T172T+T2w2))*NC(22) 
cpc23=(-18.019+(2.18884/2)*(T1 +T2)-(O.O012274/3)*(Tl"2+T172 
1 +T2T)+(2.629e-O714)*(Ti -3+T1-272+Tl 72-2+T2"2))'NC(23) 
~p~24=(-18.928+(2.28384/2)*(T'l +T2)-(0.00128 18/3)*(T1**2+T172 
1 +T2-)+(2.748e-0714)m "3+Tl TT2+TlT2-2+T2?))*NC(Z4) 
cp~25=(-19.837+(2.378&4/2)*(Ti +T2)-(0.0013362/3)*Çr1n2+T1 7 2  
1 +T2"2)+(2.867E-O7/4)~1"3+TI '272+T172*2+T2"2))'NC(25) 
cpc26=(-20.746+(2.47384/2)*(Tl +T2)-(0.00 1 3908/3)*(TI "2+T172 
1 +T2"2)+(2.9€Me-û7/4)~ -3+T1772+T1727+T2*2))*NC(26) 
cpc27=(-21.655+(2.56884/2)*(Tl +T2)-(0.001445/3)*(T1"2+T172+ 
lT27)+(3.105e-07/4)*(Tlw3+T1 T 7 2 + T l  72-2+T2-2))*NC(27) 
cpcZ8=(-22.5e4+(2.66384/2)m +T2)-(O.O014994/3)*(Tl T+T172+ 
1T2n2)+(3.224e-07/4y(T1 "3+T'iT72+T172"2+T2T)PNC(28) 
cpcZ9=(-23.473+(2.758W/2)*~l +T2)-(0.00 1 5538/3)'(Tln2+T 1 T+ 



C CALCULATION OF THE AVERAGE HEAT CAPACITY OF THE 
C HlDROCARBONS(0ULET) 

cpCZH2=cpcl +cpc2+cpc3+cpc4+cpcJ+cpc6+cpc7+cpc8+cpc9+cpc1 O+ 
1 cpcl 1 +cpc12+cpcl3+cpcl4+cpc15+cpcl6+cpcl7+cpc18+cpcl9+cpc20 
1 +cpc2I+cpc22+cpc23+cpc24+cpc25+cpc2B+cpc27+cp~o 

C 
C CALCULATIONS OF HEAT CAPACITY OF THE GAS SINTESIS (unreacted).CO2 
AND 

CPCO2=19.774+(7.344E-2/2)*(TI +T2)-(5.602E-5/3)*(TlH2+ 
1 T l  72+T2'*2)+(1.71 SE-8/4)'(T1~3+T1"272+T172*'2+T2"2) 

C 
C CALCULATIONS OF THE AVERAGE HEAT CAPACITY (CPM OUT) 
C 
C 

CPMout = (CPCO*MOL(I)+ CPH2*MOL(2) + CPC02*MOL(3) 
1 + CPH20eMOL(4)+ CPC2H2*MOL(5) ) 

C AH3 = AH OF THE PRODUCTS 
AH3= CPMOUT"(T2-T1)*2 

C AHR = AH OF THE REACTIONS 
AHR= AHI+AH2+AH3 
AHRR = (AHRP.2389)/(NCOi*CONV/100.0) 

c OUTPUT 
open (200, file='AHR') 
write (200,200) 

200 format ( 1 / 1 1 , 2 2 ~ , ' * ~ ~ ~ ~  ,/,=, 
1 1 HEAT OF REACTIONS ' ,l122X, 

1 ) P * - * c  

M I T E  (200,202) NUM 
11) 

202 FORMAT (25X,'EXPERIMENT NUMBER',IS,I/) 
write(200,204) Mi 

204 fomat('M0LES lN',3W,F10.6.' Kmoleslh') 
WRITE (200.230) NCOi 

230 FORMAT('M0LES CO IN',29X1F1 0.6.' Kmoles/h') 



WRlTE (200,240) NH2i 
240 FORMAT('M0LES H2 IN',29X, F I  0.6,' Kmoleslh') 

write (200,250) CPMlN 
250 fomat('CP GAS in (mean) ', 18X, F I  5.6,' Kjlkmol') 

write(20OI21 0) CPMOUT 
21 0 fomat('CP PRODUCTS (mean)', l?x,fl5.6,' Kjlkmol') 

write (200,220) AHFI 
220 format('AH FORMATlON REACTANTS', 1 2X.FI5.5,' KJlkrnol') 

wRlTE (200,260) AHF2 
260 FORMAT ('AH FORMATION PRODUCTS ',8X,F15.5. ' KjlKrnol') 

WRlTE (200,290) AH2 
290 FORMATCAH FORMATION OF THE REACTIONS',SX, F I  5.5,' KJIh') 

WRlTE (200,280) AH1 
280 FORMAT ('AH REACTANTS ',6X,F15.5.' Kjlh') 

WRITE (200,300) AH3 
300 FORMAT ('AH PRODUCTS ', 10X.FI 5.5. ' Kjlh') 

WRlTE (200,310) AHR 
31 0 FORMAT ('AH OF THE REACTION ',QX,FI 5.5, ' Kjlh') 

WRITE (200,320) AH RR 
320 FORMAT ('AH OF THE REACTION ',9X,F1 5.5, ' KcaVKmol CO CO 

1 NV h') 

CLOSE (200) 
END 



IMAGE NALUATION 
TEST TARGET (QA-3) 




