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ABSTRACT

The synthesis of middle distillate hydrocarbons via Fischer-Tropsch (FTS)
is a process strongly influenced by intra-catalyst mass transport limitations. This
is due to the slow diffusion of high-molecular-weight paraffins inside the catalyst

pores.

The present study considers “eggshell” catalysts reducing transport
restrictions and therefore increasing reaction rates and C;* selectivity. Cobalt-
zirconium eggshell catalysts were prepared, characterised and tested for the
production of heavy paraffinic oils via FTS. A standard (uniformly impregnated)
catalyst was also considered as a reference. Characterization was performed
using BET surface area, Temperature Programmed Reduction (TPR), Atomic
Adsorption (AA), and Optical Microscopy. Reaction testing was developed in an
internally recycled Berty reactor at 210 °C and 1.52 MPa, using a stoichiometric
feed of Hz/CO = 2.0 with a gas hourly space velocity (GHSV) of about 350 h™'.
Evaluation of eggshell catalysts revealed a higher carbon monoxide conversion
(per metal site) than the standard catalyst. There were ailso significant gains in

product hydrocarbon distribution within the C10-C2 paraffin hydrocarbon range.

Following this, the effect of various operating conditions such as
temperature, pressure, GHSV and Hz/CO inlet ratio on the eggshell Co-Zr
catalyst performance was evaluated. It was found that the type of catalyst
selected and the operating conditions have an important effect on CO

conversion, product selectivity and hydrocarbon distribution. On this basis a



suitable kinetic mode! was developed. This kinetic model was further applied to
the simulation of a multi-tubular fixed-bed reactor for converting synthesis gas via

FTS process.

The FTS is a highly exothermic reaction requiring efficient heat removal.
The present study considers the Pseudo-adiabatic operation (PO), a new mode
of operation for multi-tubular fixed-bed catalytic reactors. With this end in view, a
one-dimensional pseudo-homogeneous model was solved numerically for
various reactant and coolant temperatures, coolant and reactant flows and total
pressures. Two characteristic regimes were identified: a) temperatures showing a
maximum at a finite axial reactor position (hot spots inside the unit or MFARP), b)
temperature always increasing with the axial reactor coordinate (PO). Simulation
results demonstrate that the PO is a viable operation regime for a FTS based on

the use of an “eggshell” catalyst.
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CHAPTER 1

INTRODUCTION

In 1973, the oil crisis prompted considerable world interest in the
production of liquid fuels. A major reason for this was the vital importance
of reliable supplies of liquid hydrocarbons to the industrialized world. As a
result, the Gulf crisis accelerated the search for alternate and economic

energy sources.

Coal and natural gas world reserves are far in excess of those of
crude oil and this creates an incentive for the conversion of coal and

natural gas into transportation fuels.

Because of the vast coal reserves, much attention was initially paid
to the development of indirect coal liquefaction, coal gasification followed
by hydrocarbon synthesis. However, the high level of capital investment
involved and the environmental problems associated with are still major

barriers on the commercial application of the process.

On the other hand, natural gas is well known as a clean, efficient
energy source. As well the evolution of proven natural world gas reserves,
about 4000 trillion cubic meter (Wender, 1996), shows an expected shift
towards the use of natural gas as a feedstock for manufacturing

transportation fuels and even petrochemicals on a large scale.



Recognition of this situation led to an increased interest in new
emerging technologies, which can efficiently convert natural gas into liquids
and higher added-value-products. Most of these technologies involve the
initial conversion of natural gas into syngas, a mixture of hydrogen and
carbon monoxide, followed by additional processes to obtain the desired

liquid products.

The principal uses of syngas are given in Figure 1.1. The major
commercial, near commercial and potential commercial chemical uses of

syngas are outlined in Figure 1.2.
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Figure 1.1. Principal commercial uses of synthesis gas (Maxwell and
Naber, 1992)
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Figure 1.2. Commercial, near commercial and potential chemicals
from synthesis gas (Wender, 1996)

For more than sixty years, hydrocarbons synthesis via FTS has been
considered as an attractive technological option for fuel production.
Following the 1973 and 1987 oil crises, FTS has been revitalized given it

provides one of the best alternatives for clean fuels (Siri et a/, 1993).

The FTS is usually carried out using iron, cobalt or ruthenium
catalysts. In cases where Fischer-Tropsch has been used at the industriai
scale, iron (or cobalt) is the essential catalyst component. Hydrocarbons
are formed by a chain growth mechanism, which follows the Anderson-

Schuitz-Flory (ASF) distribution.



It has to be mentioned that recent developments, in the Fischer-
Tropsch technology, are focused on the production of high molecular,
straight chain waxes, which in turn can be hydrocracked to products in the
middle distillate range. A key element in this innovation is the development

of new and more active cobalt catalysts (Wender, 1996).

It has been apparent that, in the Fischer-Tropsch synthesis
conducted in the solid-catalyzed gas-phase reaction system (fixed bed/gas
phase reactors), the iron (or cobalt) based catalysts operate under diffusion
limitations. This is presumably due to the formation of condensed
hydrocarbons. This condensed phase fills the pores of the catalyst and
limits intraparticle mass transfer (Post et al., 1989). Liquid diffusivities are

typically 10 to 10* times smaller than gas diffusivities (Reid et al., 1987).

Several experimental studies (Igiesia et al., 1991; Sie et al., 1991
and Post et al., 1989) describe the role of transport restrictions on FTS.
These studies indicate that transport limitations influence considerably
hydrocarbon synthesis rates and selectivity with two major diffusional
effects identified: a) slow removal of reaction products from catalyst pellets,

b) delayed arrival of reactants to the catalytic sites.

Thus, design of catalysts able to prevent or minimize these effects is
a most interesting research subject. Eggshell catalysts, where the active
metal (Fe or Co) is located preferentially near the outer pellet surface can

be a solution to this problem. The eggshell catalyst reduces the severity of



these transport limitations and leads to higher synthesis rates and Cs”
selectivity. Note that the benefits of non-uniform intrapeliet site (catalytic
site) distributions have been previously reported for other catalytic

reactions (Lee and Aris, 1984; Iglesia et al., 1995).

Another important matter concerning FTS is given by the very
exothermic character of this reaction taking place in a relatively narrow
temperature range (Senden et al., 1992). So, when the FTS is conducted in
a solid-catalyzed gas-phase reaction system, the FTS is accompanied by
local overheating of the catalyst. Local overheating of the catalysts may
lead not only to catalyst deactivation but also to an increase in methane
selectivity (Adesina, 1996). Thus, an efficient and rapid system for the
removal of the large heat of reaction (-AH = -(165 - 240) kJ/mol) is a major

factor in the design of FTS reactors.

Some of the earliest FTS processes employed a multitubular fixed
bed reactor with a hot gas recycle, similar to those employed for ammonia
production. These reactors usually have “hot spots”’, which may lead to

‘runaway” reactions producing catalyst attrition and carbon deposition.

A mode of operation for exothermic reactions the so-called
Pseudoadiabatic Operation has been developed in order to control, in

multitubular fixed bed reactors, runaway behavior (de Lasa et. al., 1982).

The Pseudoabatic Operation (PO) is a mode of operation for packed-

bed catalytic reactors where a gradual increase of the axial reactor



temperature takes place while the reactor is being cooled concurrently. This
reactor design was invented by UWO researchers (de Lasa, 1990; de Lasa,
1987; de Lasa, et al., 1986; Soria Lopez et al., 1981) and successfully
tested for methanol-to-gasoline (MTG) reaction (de Lasa, et al., 1989;
Ravella, et al., 1989, Ravella, 1987, Ravella, and de Lasa 1987b; Ravella,
and de Lasa, 1987a) and for the conversion of synthesis gas into gasoline

range products (Simard et. al., 1991; and Simard, 1991).

This type of operation has demonstrated intrinsic advantages, such
as a) better controt of temperature distribution, b) thermal symmetry (all
tubes in the muititubular unit have the similar temperature profile), c) less

parametric sensitivity, and d) adequate product distribution.

Given these facts it is the goal of this study to examine the suitability
of the PO reactor for FTS using eggshell catalysts. Kinetics models, to be
used in the simulation, are going to be the ones developed in the context of

the present research.



CHAPTER 2

SCOPE OF THE RESEARCH

A main goal for this thesis is the demonstration of the viability of the
Pseudoadiabatic reactor for the conversion of syngas (carbon monoxide pius
hydrogen) into middie distillate hydrocarbons (C1¢-C20) using a Fischer-Tropsch

Synthesis catalyst based on the eggshell design.

With this end in view the present thesis was organized as follows:

o Selection and Development of the appropriate catalytic materials for FTS.

It was expected this task should include the methods for preparation and

characterization of the selected eggshell catalysts based on cobalt/zirconium

supported on silica.

» Study of the influence of operating conditions on the performance of the

eggshell cobalt-zirconium catalyst using a Berty reactor.

it was planned that this reaction testing could provide information about CO
conversions, product and hydrocarbon distribution. It was also envisioned that

this data could help clarify the ability of the eggshell catalyst to yield



significant fractions of paraffinic hydrocarbons in the middle distillate range

(C10-C20).

Design and development of an experimental plan. Kinetic Modelling.

There was expectation that the experimental plan of the present study was
going to be suitable for the development of a kinetic expression adequate for
the calculation of reaction rates and reaction rate parameters for eggshell

catalysts.

Computer modelling of the pseudo-adiabatic reactor using an egg shell

catalyst.

For this topic of the study, there was the intent that a numerical simulation of
a continuous fixed bed catalytic reactor based on a pseudo-homogenous
model was going to confirm the value of the pseudo-adiabatic regime for FTS.
It was also part of this plan to incorporate kinetic models, also developed in

the present study, as main tools for reactor modelling and reactor simulation.



CHAPTER 3

LITERATURE SURVEY

3.1. Introduction

The conversion of synthesis gas to hydrocarbons (higher paraffin) has
been extensively covered in the technical literature during the last fifteen years.
In this respect, particular emphasis has been given to the matters concerning the

Fischer-Tropsch synthesis (FTS) process in fixed bed catalytic reactors.

In the first section of this literature review, the Fischer-Tropsch synthesis
(FTS), its selectivity problems and the Fischer-Tropsch processes will be briefly
reviewed. Following this, the important questions of reactor configuration, non-
adiabatic reactor designs and the specific pseudoadiabatic reactor will be
discussed. Finally, a review on the modeling and on the simulation of a fixed-bed

reactor under pseudoadiabatic operation will be presented.

3.2. Historical Background

The Fischer-Tropsch (FT) process was the first one used to convert
syngas to liquid fuels in a commercial scale. In 1902, Sabatier and
Senderens reported the synthesis of methane from carbon monoxide and
hydrogen in the presence of nickel and cobalt catalysts. In 1913, BASF
obtained patents for the manufacture of liquid hydrocarbons from synthesis

gas at high pressure, mostly on oxide catalysts. In 1923 Franz Fischer and
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Hans Tropsch synthesized higher hydrocarbons using iron and cobalt at
low pressure. Several countries, including England, Japan and United
States, initiated studies on the Fischer-Tropsch Synthesis (FTS) as early as

1926 (Wender, 1996).

In 1931, Fischer and K. Meyers developed Ni-ThO;-Kieselguhr and
Co-ThO.-kieselguhr catalysts for FTS. From 1935 to 1945 the FTS was
operated commercially in Germany using Co catalysts. it was found that the
best performance of the catalysts was achieved when the reactor was
operated in the middle pressure range, 0.5-2.0 KPa. After World War II,
cobalt catalysts were replaced however, with alkalized iron catalysts for

economic reasons (Anderson, 1984).

The manufacture of FT products, in Germany, during World War |1,
reached a maximum development in early 1944, mainly in the form of motor
fuels. After the war the process was further developed and especially on its
medium-pressure version using fixed-bed reactors (ARGE). In 1950, a
fluidized-fixed bed process for the FTS, developed by Hydrocarbon
Research, was installed in Texas. Syngas was obtained by reforming
natural gas. The plant operated only briefly as the increase in natural gas

prices made it uneconomical (Anderson, 1984).

At about the same time, in South Africa, the Sasol FT plants were

built and their commercial operation started in 1955. Two types of reactor
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were used: ARGE fixed-bed and Kellog's circulating-fluid bed reactors

(Anderson, 1984).

The oil crisis of 1973 initiated quite a number of new developments
to convert unconventional feedstocks to hydrocarbon products. As a result
of that, in the late 1970s Sasol started building two new plants, which

became operational in the early 1980s.

In 1985, Shell announced the development of a two-step process for
middle distillate synthesis (SMDS). In the first step, the Fischer-Tropsch
synthesis was carried out in a fixed-bed reactor using a cobalt based
catalyst. The FTS was operated under conditions where production of
higher hydrocarbons (waxes) were favoured. The second step was a mild,
trickle-flow hydrocracker handling the wax fraction and producing middie

distillates (Sie et al., 1991).

In New Zealand, a methanol plant operating on natural gas and
based on Mobil's MTG technology (Mobil methanol-to-gasoline) came on
stream in 1985. First the syngas produced from natural gas is converted to
methanol. Following this, methanol is transformed into gasoline via the

MTG process (Wender, 1996).

3.3. Synthesis Gas Conversion into Higher Paraffins.

Synthesis gas (syngas), a mixture of hydrogen and carbon monoxide, can
be manufactured mainly from coal, natural gas and petroleum. Syngas is, at the

present time, increasing its importance as a source of environmentally clean
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fuels and chemicals. Different alternatives have been considered for the effective

utilization of syngas: methanol manufacturing and FTS (Wender, 1996).

The Fischer-Tropsch synthesis is essentially a polymerization process.
Perhaps a better definition is to consider FT as an oligomerization, since in most
cases the average molecular weight of the product is not very high. Carbon-
carbon bonds are formed between C atoms proceeding from carbon monoxide,
under the influence of hydrogen and a metal catalyst. This also leads to the

formation of water by an elimination reaction.

Without willing to provide a detailed discussion of the reaction mechanism,

the main reaction of the Fischer-Tropsch (FT) synthesis may be represented as:

nCO +2nH2 — (-CH2-), + n H20 (3.1)

Proper selection of catalysts (iron, cobalt, nickel, and ruthenium) and
reaction conditions, yields a variety of products such as: paraffins, olefins, and

oxygenates (alcohols, aldehydes, ketones, acids, and esters) (Réper, 1983).

Fischer-Tropsch liquids obtained using cobalt catalysts can be considered
equivalent to very paraffinic natural petroleum fractions. However, the FTS
products are not a so complex mixture. Straight chain saturated aliphatic
molecules and mono-olefins are typical FTS constituents with alcohols, fatty
acids, and other oxygenated compounds representing less than 1% of the total

liquid product (Kirk-Othmer, 1986).
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The molecular weight distribution of FTS products can be described
with relatively simple equations, originally developed for polymerization
processes. These equations consider the probability of chain growth and
chain termination (Snel, 1987). Roper (1983) postulated a mechanism in
which after each incorporation of a C; monomer, derived from CO, a further
propagation step may occur. These two steps, propagation and termination,

may occur with different rate constants, k; and k, as illustrated bellow:

K1 k4
— MCy —» MC, —>» MCny —

RO

Cn-1 — Cn —> Cn+1

in this simplified scheme it is assumed that under steady-state
conditions, ki and kz are independent of chain length with C; being the

monomer inserted (Réper, 1983).

Under these conditions the carbon-number distribution of FT
products can be described by the so-called Anderson-Schultz-Flory (ASF)
distribution in which W,, fraction of molecules having n carbon atoms,

decreases according to a geometric progression.

W, =nfi-a) o« (3.2)
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Note that the distribution function (Eq. 3.2) contains a simple a

parameter which is equal to ki/(kqi+k2).

Moreover, Eq. (3.2) can also be written in the logarithmic form as:

Iog-v—:"— =nloga + Icg-(lf—-a—)z- (3.2a)

14

Therefore, the slope of a plot of log (Wn/n) versus “n” gives the “log
a" or a, the chain growth probability (Iglesia et al.,1992). This relationship

is illustrated in Fig. 3.1 for a variety of industrial catalysts.

It is important to mention that the ratio ki/k2, which can be obtained
from the slope log o of Fig 3.1, provides an indication of the distribution of
molecular weights synthesized. If ky << kz, « - 0 and correspondingly
(- log a) is very large, then essentially low molecular weight products
such as methane or C,-C,4 are formed. On the other hand, if ky = k2, o -
Y2 and (- log a) is in the middle range. This yields oligomers with a wider
distribution, e.g. Cs....Cs. Finally, if kz << k4, then a - 1, and (- log o) >
0. In this last case the reaction produces a very wide distribution including

high molecular weight products like paraffinic oils and waxes.

An important consequence of the sequential chain-growth
mechanism is that is not possible to exclusively synthesize a paraffin of a
particular carbon number or to synthesize a paraffin fraction of a specified

narrow range of chain lengths (refer to Fig. 3.2). The only exceptions to this
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rule are the single-carbon products methane and methanol, which can be

obtained with high selectivity.

It is important to mention that once the o parameter or (-log a) is set,

the whole product distribution is determined (Réper, 1983).
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Figure 3.1.  Product distribution found for industrial catalysts tested
under FTS conditions (Réper, 1983).
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Figure 3.2.  Selectivity limitations on Fischer-Tropsch synthesis as
determined by the ASF distribution function (Roper, 1983).

Thus, the FT reaction invariably gives rise to a product, which is a
complex mixture of light and heavy hydrocarbons. However, this product
distribution can be changed within the constraints of this model (ASF model) by
the appropriate choice of catalyst, reactor and operating conditions. Therefore,
the value of the “a” parameter can be shifted, and accordingly different

hydrocarbon product ranges can be obtained.

As illustrated in Fig. 3.3, it is possible to obtain, using different catalytic

formulations and operating conditions, a-values varying from 0.71 to 0.93.
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Figure 3.3.  Typical carbon number distributions for various catalytic
systems and operating conditions. (Sie et al., 1991).

Deviations from the ASF distribution are possible if secondary reactions,
such as cracking on acidic supports or insertion of product olefins into the
growing chain, occur. This behavior (Fig. 3.4) has been explained considering
two possible types of catalytic sites leading to different hydrocarbon chain
formation, each one with a slightly different value of the chain growth probability
(Huff and Satterfield, 1984). As a result superposition of distributions with

different o parameters creates a deviation from the classical ASF.

Recently, using Ru (and Co) catalysts, a non-ASF distribution has been

associated to diffusional problems. It is believed that the transport-limited
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removal of a-olefins from catalyst pellets enhances re-adsorption rates (lglesia
et. al, 1991). in this respect, it has been suggested that the long chains a-olefins
are re-adsorbed with only a negligible amount of the short a-olefins following re-
adsorption steps. All this yields a net chain growth probability, which is higher for
high carbon numbers and causes as a result a larger Cyo" selectivity than the

ones predicted by a simple ASF distribution (Kuipers et al., 1995).
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Figure 3.4.  ASF distribution for a nitride fused-iron catalyst (Huff and
Satterfield, 1984)

3.4. General Aspects of the Fischer-Tropsch synthesis

3.4.1. Stoichiometry and Thermodynamics

A large number of reactions occur during FTS. These reactions can be
represented by a number cf stoichiometric equations whose relative importance

depend on catalysts used and reaction conditions adopted (Réper, 1983).
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Hydrogenation of carbon monoxide in the presence of cobalt or ruthenium
catalysts can be represented by eq (3.3). Note that the hydrocarbon synthesis is
generally accompanied by the production of water:

CO+2H; - -(CH2)-+H20 (AH Rz27°c) = -165 kJ) (3.3)

In the presence of iron catalysts, however, carbon dioxide formation

becomes more significant,

2CO+Hz —» -(CH2)- + CO; (AH re227c) = - 205 kJ) (3.4)

in practice, egs (3.3) and (3.4) are linked via the water gas shift reaction:

CO + H,0 - CO; + Hz (aH Rz27°c) =-40kJ) (3.5)

Linear combination of egs. (3.3), (3.4) and (3.5), gives two equations as

follows:
3CO+ H;0 - ~(CHp)- + 2CO, (AHR(227 oc) = - 245 kJ) (3.6)
CO2+3 Hz = -(CHy)- + 2 H,0 (AHRr@227°c)= - 125 kJ) (3.7)

Eq (3.6) describes the hydrocarbon synthesis from carbon monoxide and
water vapor, also known as Kalbel-Engelhardt synthesis, while eq (3.7)

represents the hydrogenation of carbon dioxide.

Morever, the undesired formation of methane and carbon deposition

(Boudouard equilibrium) can also contribute to the FT synthesis.

CO + 3Hz - CH4 + H0 (AHR(227 oc) = -215 kJ) (3.8)

2C0 > C+CO, (AHR(227 oc) = -134 kJ) (3.9)
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It is known, however, that in the temperature range commonly used for
FT synthesis, the selectivity, found in practice, is quite different from the one
expected from thermodynamic calculations (Dry, 1981). Consequently, these
reactions are obviously kinetically controlled and the product distribution may be
strongly influenced by catalysts selected as well as by reaction conditions

adopted.

The synthesis of hydrocarbons from CO and H; is, under the usual
reaction conditions, a strongly exothermic reaction, generating in the range 146-
176 kJ per mole of CO (Storch et al., 1951). Since the product distribution
depends significantly on the reaction temperature, heat removal is a very
important factor in reactor design. Also, excessive catalyst temperatures can
lead to undesirable products, carbon deposition, and catalyst deactivation or

even catalyst disintegration.

Anderson (1984) has given an excellent summary of the thermodynamics
of the FT synthesis. The following major conclusions can be drawn as foliows: a)
Methane production is always thermodynamically preferred over reactions
producing aicohols, alkenes, and higher alkanes; and b) Selectivity towards

these products follows generally the order; alkanes > alkenes > alcohols.

3.4.2. Fischer-Tropsch Mechanisms

A basic probiem of the Fischer-Tropsch synthesis is the control of product
selectivity and this is closely related to the reaction mechanism. One of the

earliest mechanisms proposed in 1926 is the surface carbide hypothesis by
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Fischer and Tropsch (Storch, et al., 1951). It was argued that the formation of
olefinic and paraffinic hydrocarbons occurs by polymerization of methylene
radicals, via hydrogenation of the surface carbides. This mechanism was,
however, disregarded given that it cannot explain the hydrocarbon synthesis with

catalysts of the iron group (Storch, et al., 1951).

Another mechanism proposed (Vannice, 1975; Storch, et al., 1951)
involves surface intermediates of the type RCOH. These species polymerize by
hydro-de-condensation to form oxygenated or olefinic and saturated
hydrocarbons. Pichler and Schulz in 1970 also suggested another mechanism

involving repeated insertion of CO in the metal alkyl bond (Dry, 1996).

In any extent, mechanistic postulations (Zagli, et al., 1979; Dwyer, and
Somorjai, 1979; Biloen, et al., 1979; van Barneveld, and Ponec, 1978)
consistently support a reaction that starts with CO dissociation. Ponec (1978)
and Araki and Ponec (1976) concluded that H, and CO are adsorbed
dissociatively on the catalyst surface and this is the main route to the formation of

methane.

Furthermore, over the last twenty years, with the development of new and
sophisticated surface analytical techniques, it appears there is generai
consensus that carbene (=CH;) species are involved in the chain growth
mechanism with CO insertion accounting for the formation of oxygenates (Dry,

1996).

In summary, while there are different possible reaction mechanisms

proposed to explain the FTS, the subject still remains controversial. Among these
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the most relevant mechanistic formulations are: a) the CH; insertion, b) the CO

insertion, c) the enclic mechanism, d) the alkoxy mechanism (Adesina, 1996)

However, it is being hypothesized that FTS has to be seen as a network
of physical and chemical steps, with the following being suggested: (i) reactant
adsorption, (ii) chain initiation, (jii) chain growth, (iv) chain termination, (v) product
desorption and (vi) re-adsorption and further reaction. It is important to highlight
that chain growth (Fig. 3.5) and termination could proceed in various possible

ways with the type of catalyst and process conditions playing an important role.

CH3OH CZHSOH CNHZN'HOH
+ CO, a
CO+H, C1 _*COH _*COH _*COH:
-H,0 - H,0 Hzo
/ + Hz / +He
CH4 CaHs ——> CaHg  CnHan ——’ CNH2N+2

Figure 3.5. Simplified reaction mechanism for Fischer-Tropsch
synthesis. (Bub and Baerns, 1980)

While trying to elucidate the reaction steps, a variety of active species
have been detected on the surface of the FTS catalysts, namely: C, CO, CO,, H,
HCO, OH, Hz0, O (Sarup, and Wojciechowski, 1989). These species may be all
present on the catalyst surface and may be involved in different extents in both

the growth and the termination steps. For that reason, it is generally
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acknowledged that the surface of a FT catalyst is very complex and it also has a

heterogeneous character.

3.4.3. The Kinetic Rate Expression

As stated in the previous sections of this review an appreciable amount of
theoretical and empirical evidence has been published on the mechanism of the
Fischer-Tropsch synthesis. However, until today a final conclusion has not been
reached about a comprehensive reaction kinetics. FTS involves a complex
network of reactions with a plurality of reaction parameters (temperature,

pressure, synthesis gas composition, catalyst, mass and heat transfer) .

Vannice (1975) has summarized the most important kinetics expressions
before 1974. In 1988, Wojciechowski (1988) reviewed major kinetics models.
From the analysis of these two reviews, two different general kinetics

expressions can be advanced:

a) Power law

-fco = kempp;r-?ngo (3.10)

b) Langmuir-Hinshelwood-Hougen expression

m.n

apH2Pco (3 11 )

3
n
[1 + Kipfi'zpdc'o]

i=1

-fco =
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where, kemp in the €q.3.10 represents an empirical rate constant and m and n the

reaction orders with respect to H, and CO partial pressures, respectively.

In the case of eq. (3.11), “a@” and “K," are kinetics and adsorption
equilibrium constants respectively. Parameters m and n are related to the
molecularities of the rate-determining step and ¢ and d; represent the surface

coverage related parameters.

Another interesting observation on the kinetic model is the general
agreement that the rate-controlling step is a bimolecular surface reaction, as

evidenced by the power two in the denominator of the rate equation.

In general, the kinetic data consistently shows that over a wide range of
conditions, and with a wide variety of catalysts, the rate of CO conversion in the
Fischer-Tropsch reaction displays a linear dependence with respect to the
hydrogen partial pressure. The influence of CO partial pressure could vary from
negative (-1) to mildly positive (0.5) or positive (1) with this order depending in

some cases on the H>/CO ratio.

Thus, there is a diversity of reaction orders and this may be partially
assigned to the different specific surface area of the catalysts studied, in many
cases not measured. In addition to this there are differences between
laboratories in methodologies for data interpretation and differences on synthesis
gas conversion, and catalyst pretreatment. All this makes direct comparison of

kinetic models rather difficult.
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Proposed rate expressions for FTS display a wide range of mathematical
forms and this may be partly the result of the considerable variation in reaction
conditions studied. Many of the earlier work, were performed in integral fixed-bed
reactors. Integral kinetic data for complex reactions, case of Fischer-Tropsch
synthesis, are difficult to be analyzed given the problems of maintaining
isothermal conditions. More specifically over cobalt catalysts, a significant
number of kinetic studies of the Fischer-Tropsch synthesis have been developed
(Storch et al., 1951; Anderson, 1956; Yang et al., 1979; Bub and Baerns, 1980,
Pannell et al., 1980;; Rautavuoma and van der Baan 1981; Dixit and Tavlarides
1982; Wojciechowski, 1988; Sarup and Wojciechowski, 1983; Post et al., 1989;
Yates and Satterfield 1991; Iglesia et al., 1993). A consistent result, however, is
given by the fact that rate equations show that carbon monoxide inhibits the FTS

synthesis rate.

3.4.3.1. Power Law Rate Equations

Pannell et. al. (1980) studied the Fischer-Tropsch product distribution over
cobalt catalysts in a internal recycle reactor. These authors found a power rate

equation with the following mathematical form,

~fco =apYs Py (3.12)

In an agreement with this, rate expressions developed by Yang et.al.

(1979) and Wang (1987) using cobalt-based catalysts postulate the following:

~fco =apiPey.  (Yang) (3.13)
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and,

~1co = apPEpey’  (Wang) (3.14)

Note that in egs (3.12), (3.13) and (3.14) there is a negative power
assigned to the carbon monoxide partial pressure and this suggests, as

advanced, inhibition by adsorbed CO.

Furthermore, a kinetic rate equation developed by Post et. a/.(1989) using

a cobalt catalyst on silica,

-Tco = kcoPRzPGo (3.15)

displays a first order in hydrogen gas-phase concentration (m = 1) and zero order

in carbon monoxide gas-phase concentration (n = 0). The value of n = 0

suggests that inhibition exactly compensates an expected order of one for CO.

3.4.3.2. Langmuir-Hinshelwood-Hougen Models

A typical example of the Langmuir-Hinselwood-Hougen models is the one
of Anderson (1956) where the FTS rate is proportional to the desorption of chains

with the concentration of growing chains on the catalyst being empirically related

to pzuzpco :

%) o2
RT PH2Pco (3.16)

-5 =kqge
H2+CO = Ko 1+bp§|2 Peo

Rautavuoma and van der Baan (1981) studied the kinetics of the Fischer-

Tropsch reaction using a cobalt catalyst supported on alumina. These authors
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examined five possible rate determining steps. The expression most favoured to

fit their data best is the following:

-fiot = 2Pri2Pco (3.17)
(1 +KcoPco + \/KHszz)’

Note that the kinetic rate given by eq. (3.17), is consistent with a
mechanism in which the FTS reaction proceeds via CO dissociation and
formation of a " -CH2-" surface intermediate with the formation of these surface
intermediates as the rate-determining step. This model aiso allows for hydrogen
adsorbed dissociatively, with dissociated CO being however the predominant

surface species. Therefore, the term for dissociated H2 is not included in the

denominator of the rate expression:

VKH2PH2 S 1+ KcoPeq (3.18)

In other published work, Sarup and Wojciechowski (1989) described six
different possible mechanisms for the Fischer-Tropsch reaction on cobalt
catalysts. Four of the proposed expressions hypothesize that dissociated CO
participates in the reaction, while the other two postulate that CO is adsorbed but

not dissociated.

In spite of these differences all of the hypothesized reaction mechanisms
considered by Sarup and Wojciechowski (1989) involve a bimolecular surface

reaction, and thus the denominator of the rate models is consistently squared:
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Model 1
1/2 1/2
f+bp2 + cpll2 + dpgo |
Model 5
1/2
—feo = ——PCO PHz (3.20)

f+bpgg +cpli?

with: a, b, ¢ and d being model-specific temperature-dependent constants.

More specifically, Model 1 (eq. 3.19) requires that the hydrogenation of
surface carbon or of surface oxygen be rate limiting. This demands reversibility in
the dissociative adsorption of CO. Model 5§ (eq. 3.20) however implies
reversibility of molecular CO adsorption only. Note that Model 5 (eq. 3.19)
appears to be in agreement with the general concept that CO dissociates
irreversibly on Fischer-Trospch catalysts. However, based on the experimental
data, Sarup and Wojciechowski (1989) state that they were unable to distinguish

between Models 1 and 5.

Another kinetic expression, in terms of Langmuir-Hinshelwood-Hougen
form, which only contain two adjustable parameters was developed by Yates and
Satterfield, 1991 (eq. 3.21). One of these parameters represents a surface rate
constant and the other an adsorption coefficient. These authors considered that
additional adjustable parameters make the kinetics expression unnecessarily

complex without adding to it significant physicochemical information.

2PcoPig (3.21)
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3.5. Catalyst design and development

A key element in the Fischer-Tropsch processes is the develupment of
active catalysts. A Fischer-Tropsch catalyst usually consists of an active metal,

oxide promoter(s) and a support.

3.5.1. Catalyst metals.

As early as 1902 Sabatier and Senderens reported the first catalysts
developed for the CO hydrogenation. These authors observed the production of
methane over a nickel wire. Subsequent studies showed that Co and Fe were
also good metals for FTS. These studies were particularly valuable to
demonstrate the production of higher hydrocarbons. Nowadays, it is generally
accepted that most of the Group Vill metals have measurable CO hydrogenation

activity yielding different product distribution (Adesina, 1996).

it has been observed that the specific activity for CO hydrogenation of
Group VIl metal can be ranked as follows: Ru > Fe > Ni > Co > Rh > Pd > Pt.
However, the average hydrocarbon molecular weight decreased in the following
order: Ru > Fe > Co > Rh > Ni > Ir > Pt > Pd (Vannice, 1975). Although several
metals are active for the FTS, only iron and cobalt catalysts appear economically
feasible on an industrial scale (Biloen and Sachtler, 1981). Moreover, while it has
been determined that nickel is very active for FT synthesis, too much methane is
formed making Ni unsuitable. On the other hand, Ru is too expensive and this is

because of its very limited availability (Dry, 1996).
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Regarding Fe-based catalysts one of its main advantages is that iron is
relatively cheap, and this was one of the reasons of its selection in pioneering

research studies in Germany.

The Fe-based catalysts have to be used, however, at higher pressures
than the Co-based catalysts and this implies a major cost in the gas compression
system. Additionally, under FT synthesis conditions, Fe readily forms oxides,
carbides, nitrides and carbonitrides which are also all active for FT synthesis

(Anderson, 1984).

Furthermore, as Fe-based catalysts work at higher temperature than Ni
and Co-based catalysts they display a stronger tendency to produce elementary
carbon (Boudouart reaction) and this leads to catalyst deactivation. In fact, the
formation of Co and Ni carbides is thermodynamically unfavoured at FT

synthesis conditions (Adesina, 1996).

Regarding the Fischer-Tropsch reaction with cobalt-based catalysts,
reaction products consist of a broad spectrum of linear saturated hydrocarbon
molecules containing from 1 to over 40 carbon atoms. It has been established
that cobalt is not very active for the water gas shift reaction, (Bruce et al., 1993)
and this is in sharp contrast with the performance of iron-based Fischer-Tropsch
catalysts. Note that with cobalt catalysts only a small fraction of the water

produced is subsequently converted to carbon dioxide.

Under reaction conditions the metallic state has been assumed frequently

as essential for the catalysts of the FT synthesis. Also another state (oxydic or
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carbidic) may be present and in all these states physisorption and/or

chemisorption of the CO or H; is possible.

The nature of CO and H, adsorption and the resulting interaction on
Group VIl metals apparently determine the effectiveness of FTS catalysts. It has
been shown that with these metals both CO and H, compete for the same sites
with CO adsorption being several times stronger than Hz adsorption (Adesina,

1996).

3.5.2. Supports

The most popular supports for the FT catalysts are silica, alumina,
magnesia, titania and zirconia. Recently, zeolites have been incorporated as
supports for FT catalysts specially when the target of the synthesis are

hydrocarbon fractions rich in light olefins.

Selection of the appropriate support for FT catalysts depend of several
factors. Among them basicity, dispersion, electronic modifications and strong-
metal support interactions are important parameters that affect their overall
performance. In this respect, previous studies (Reuel and Bartholomew., 1984;
Bessel, 1995 and Zowtiak and Bartholomew, 1983) demonstrated that different
supports significantly influence the morphology, adsorption and activity/selectivity

properties of cobait.
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3.5.3. Promoters

Catalyst promoters can be divided into two groups according to their mode
of action. In the first group there are oxides, which are difficult to reduce, such as
SiOz, AlkO3 ThO2, and ZnO. These oxides are frequently called structural
promoters, since they provide a large surface area and prevent transferring and

sintering of the active catalyst.

In the second group, chemical promoters, such as alkalis and their salts
can be cited. These promoters work by mechanisms still not clearly understood

transfering electrons to the catalysts or even blocking pores (Wender, 1996).

The increment of the activity of FT catalysis caused by the incorporation of
promoters have been explained by Ali et al, (1995) according to the following

functions:

e Promoters enhancing the CO dissociation and the overall rate of synthesis,

e Promoters shifting the selectivity in FT synthesis to higher hydrocarbons,

¢ Promoters favoring the formation of unsaturated products,

o Promoters affecting selectivity or in other words determining in which extent
the FT synthesis of hydrocarbons are accompanied by other reactions.

3.5.4. Preparation method

Fischer-Tropsch catalysts are often prepared by precipitation,

impregnation, ion exchange, synthesis from organometallic compounds and
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vapour phase deposition in which the metal precursor is loaded onto the support
metal (Adesina, 1996). Normally, after support impregnation, catalyst drying and

calcination are carried out.

Catalysts activation by reduction of the metal precursor to the metallic
phase is required to perform the FT synthesis. Obviously, the interrelations of
catalyst composition and preparation conditions determine the activity and

selectivity behavior for a given set of process parameters.

Recently, Iglesia and coworkers (1993) have considered a catalyst
preparation methodology, where the active metal has a non-uniform distribution
into the support. They proposed an eggshell catalyst, in which the active metal is

preferentially located near the outer pellet surface.

It is known that transport restrictions are common during the FT synthesis
due to the presence of liquid products within the porous support. This
phenomenon diminishes the rate of reactant reaching (and product removal) at
catalytic sites and consequently controls reaction rates and selectivity. It appears
that eggshell catalysts can reduce the severity of these transport restrictions and

lead to higher reaction rates and Cs* selectivity (Iglesia, et al., 1993).

3.6. Fischer-Tropsch Processes.

3.6.1. Sasol

In 19585, in South Africa, the Sasol 1 plant with a capacity of about
700.000 t/a went into operation. The syngas was produced from coal (Lurgi dry
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ash gasifiers) and both fixed bed (Ruhrchemie/Lurgi) and circulating fluidized bed
(Kellog) FT reactors were used. The fixed bed tubular reactor, ARGE reactor, still
in operation is a multitubular reactor (Figure 3.6a). Each reactor consists of 2050
tubes, 5 cm ID and 12 m long. The heat of reaction is removed by water
circulating around the tubes. A precipitated iron catalyst promoted with copper
and a potassium salt such K2COj; is used to fill the reactor tubes. The Sasol 1
fixed bed reactors are generally operated at medium pressures (about 2.6 MPa)
and 225 °C. About 50% of the products consists of linear waxes which are

selectively hydrocracked to diesel (Dry, 1996).

The other type of reactor used in Sasol 1 is an entrained fluidized bed
reactor, so-called Synthol reactor (Figure 3.6b). This circulating fluidized bed
(CFB) reactor was developed by the Kellog Company. These CFB reactors offer
efficient heat transfer and provide higher gas throughputs than fixed bed
reactors. Synthol reactors are operated at about 340 °C and 2.5 MPa. The gas
fed into the reactor zone entrains the hot catalyst coming from a standpipe. The
heat of reaction is transferred to heating coils. Although these CFB reactors have
performed very successfully, they are complex to operate. The Synthol reactor
produces more light hydrocarbons, more olefins, more oxygenated compounds,

more gasoline and less heavy oil and waxes (Wender, 1996).
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Figure 3.6. a) Fixed-bed Sasol reactor, b) Synthol reactor (Dry and
Hoogendoorn, 1981).
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An alternative to the CFB reactors is a conventional fixed fluidized reactor
developed by Sasol (Figure 3.7). This reactor is called the Sasol Advanced
Synthol (SAS). The SAS reactor was incorporated into Sasol 1 and 2 plants and
used mainly for the production of heavy hydrocarbons. In the SAS reactor, the
gas enters the reactor via a distributor and bubbles through the catalyst bed.
Note that while the SAS reactor is referred to as “fixed” since in reality the bed,

although fluidized, is not transported as in the CFB reactor (Wender, 1996).

Water

Figure 3.7.  Sasol advanced fluidized reactor (Wender, 1996)

A variation of the SAS, as present in Fig. 3.8, is the newest type of reactor
incorporated into Sasol units, so-called the SSBP (Sasol Slurry Bed Process). It
resembles a SAS reactor except that the catalyst is suspended in a liquid, usually

a FT wax. Several advantages has been claimed for this reactor design including
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a low pressure drop, isothermal behavior, good scale-up potential, on-line
catalysts removal, improved catalysts economy and low turndown ratio (Jager

and Espinoza, 1995).
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Figure 3.8.  Sasol slurry bed reactor (Jager and Espinoza, 1995)

3.6.2. Shell Middle Distillate Synthesis

The Shell Middle Distillate Synthesis (SMDS) process developed by Shell
Petroleum International, uses remote natural gas as the feedstock to produces
high-quality middle distillates via synthesis gas and a hydrocarbon/cracking step
(Senden et al., 1992). The SMDS process consists of three stages: syngas
manufacture (SGP), heavy paraffin synthesis (HPS) via the FTS and heavy

paraffin conversion (HPC). A simplified flow scheme is given in Figure 3.9.
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Figure 3.9.  Schematic of the Shell Middle Distillate Synthesis (SMDS)
process (Senden ef al., 1992)

The paraffinic hydrocarbons produced via the FTS in the second stage are
highly linear, thus the distillation products (mainly kerosene, gas-oil and some

naphtha) obtained from the HPC stage are high quality products.

It should be mentioned that the syngas manufacture (SGP), the first stage
of the SMDS process, uses a non-catalytic autothermal partial oxidation of
methane operating at 1300 to 1500 °C and pressures up to 7.0 MPa; with a
carbon efficiency of over 95%. One of the advantages of SGP over steam

reforming of methane (SMR) is that a H2/CO ratio of about two can be produced.
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As the H,/CO usage ratio of the FT reaction amounts to about 2.1 mol/mol. Thus,

only a little adjustment of the desired 2:1 Hz/CO is required (Senden et al., 1992).

in the last step, the heavy paraffin synthesis (HPS), converts syngas
(hydrogen and carbon monoxide) into heavy paraffins by the FTS. The reaction is
catalyzed by cobalt plus a noble metal in a highly energy efficient fixed bed
tubular reactor. The ASF polymerization kinetics determines the products
distribution, which is characterized by the probability of chain growth and chain

termination (van Burgt et a/., 1988).

In the HPC, the waxy product of the HPS is hydro-isomerized and hydro-
cracked to give a high yield of middle distillates. The HPC is a mild trickle flow
hydrocracking process using a Shell catalyst operating a typically 3.0-5.0 MPa

total pressure and at a temperature of about 300-350 °C (van Burgt et al., 1988).

3.7. Fixed-bed Catalytic Reactors for Exothermic Reactions

The fixed-bed reactor has been for many years one of the most important
and useful units in the chemical industry. For that reason many solid catalyzed
gas-phase reactions are carried out in them. Fixed-bed reactors are generally
classified in three categories: isothermal, adiabatic and non-isothermal/non-
adiabatic (Tarhan, 1983). For the case of highly exothermic reactions, a very

important design consideration is the control of the temperature rise.

A typical packed bed reactor design is the adiabatic reactor (Figure 3.10).

The main consideration in this design is the minimization of the heat transferred
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through the reactor towards the outside the wall. Thus, the heat evolved in the
chemical reaction (released or absorbed by the catalytic bed) is much bigger
than the heat transferred. The fluid moves through the unit in a nearly plug flow
pattern, and the temperature rise is close to proportional to the percentage of

reactant conversion (Froment and Bischoff, 1979; Rase, 1990).

Adiabatic reactors are adequate for slow and moderately exothermic
reactions given they are relatively inexpensive and designs are well known.
However, when an exothermic reaction takes place in an adiabatic reactor some
operational strategies have to be considered to ensure a small temperature
change through the reactor (Doraiswamy and Sharma, 1984). Among others, the

following can be mentioned:
e A partial recycle of the product and mixed with fresh feed.
o One reactant may be used in excess.

e Aninert gas may be added to dilute the feed.

In all these cases, the reactor is used only partially and there are

important drawbacks.
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For all the reasons already cited, for rapid and highly exothermic
reactions, the adiabatic unit is not recommended (Froment and Hoffman,
1987). An excessive increment of temperature may negatively influence
catalyst performance (e.g. selectivity). Besides, catalyst deactivation can

be the result of temperature runaway.

An alternative reactor for highly exothermic processes is the so-
called non-isothermal, non-adiabatic fixed-bed reactor also known as the

heat exchanger or multibular fixed-bed reactor (Tarhan, 1983).

Different configurations have been considered in the design of
multibular fixed-bed reactor. However, the most usual one (Figure 3.11)
consists of a unit mounted vertically with down-flow reactant circulation:
reactants are fed from the top of the reactor. This kind of arrangement
facilitates catalyst handling and prevents potential problems with
fluidization and instabilities of the catalyst bed. These reactors consists
usually of large capacity units with tens of thousands of tubes operating in

parallel.

in these units the heat of reaction, or a certain fraction of it, is
transferred from the reacting stream to a cooling fluid through the walls of a
packed bed. With this end, different kinds of cooling fluids can be

considered: the reacting mixture, water, or a heat transfer fluid.

Note that the specific option chosen depends of the specific type of

process under consideration. For very exothermic reactions, the use of a
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heat transfer fluid is highly recommended, given water-cooled heat-
exchanger reactor present several problems of operation, safe design and

cost (Nelson, 1987).

Furthermore, special attention has been devoted to study the
circulation of coolant fluids in a multitubular fixed-reactor. Coolant fluids
can be circulated with different flow patterns (Figure 3.12): fully
countercurrent, fully concurrent and cross flow. Note that the cooling flow
pattern has an important influence on the coolant temperature, which is

in turn a design parameter of special importance.

Because of the nature of the process good dynamic control of the
reactor temperature is obtained when the temperature difference
between reactor and coolant is small (Ravella, 1987). In the ideal case,
the conditions of heat removal could be close to identical for all catalytic
tubes, which creates conditions of so called "thermal-symmetry",
(Simard, 1991). In this particular condition, various tubes of the bundles

will have very similar temperature profile.

Most muititubular units present a temperature profile characterized by a
hot spot (Froment and Hoffman, 1987). When the hot-spot regime, in a multibular
fixed-reactor, is reached the system become very unstable and extremely
sensitive to small changes in the process variables. Additionally, the axial
position of the hot spot inside the tubes can vary significantly, resulting in

changes of activity of the catalyst. This phenomenon is called parametric
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sensitivity and has been discussed by a number of authors (Froment and

Hoffman, 1987; Froment, 1984; Soria Lopez et. al., 1981).

Explosion disk
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Figure 3.11. Typical design of a multitubular fixed-bed reactor (Rase,
1990).
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3.8. Pseudoadiabatic operation of a fixed-bed reactor

As mentioned earlier, the flow and temperature of the coolant have an
important influence in the design and operation of muititubular fixed bed catalytic
reactors. Borio et al. (1989a and 1989b) have demonstrated that, for equivalent
production rates, the fully concurrent operation is the one which leads to the
lowest values for the maximum temperature and parametric sensitivity. Under the
fully concurrent scheme and adequate operating conditions in a fixed-bed reactor
seven different thermal regimes can be found with the Pseudoadiabatic operation
(PO) being one of these regimes (Arandes and de Lasa, 1995; de Lasa et. al.,
1981; de Lasa, 1982, 1983; Soria Lopez et al., 1981). The PO regime is reached
by changing the inlet temperatures of the gas and coolant streams, as well as the
coolant flowrate in a fully concurrent regime. Adequate changes of these
operating parameters lead to axial thermal profiles very different from the hot-

spot profiles usually found in these units.

The PO regime of a catalytic fixed bed reactor for exothermic reactions is
by definition a regime where the axial temperature increases steadily with the
bed length so that the highest temperature in the unit is reached at the reactor
outlet. The PO regime takes place when a non-boiling fluid is co-currently
circulated with respect to the reactants and when at the same time the operating
parameters are such that the heat generated is always greater that the heat

removed by the coolant (de Lasa, 1982 and 1987).
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The PO concept modifies substantially the design and the operation of
exothermic multitubular reactors (de Lasa, 1982, 1983, and de Lasa et al., 1985).
The simplicity of the PO contrasts with the more complex instrumentation and
control strategies required to sense and control conventional "hot-spots"

(temperature maxima in the axial direction) that develop under non-PO regime.

In fact, the prediction of the magnitude and of the exact position of the “hot
spot” in non-PO reactors is quite uncertain, making the design of highly
exothermic fixed bed reactors susceptible to important errors. These important
errors can influence both the selectivity prediction and the assessment of reactor
runaway conditions. The problem of sensing "hot-spots” becomes a critical issue
in multitubular reactors when a non-boiling coolant is circulated under cross flow
conditions (de Lasa et al., 1981). All these problems are eliminated under the PO
regime because all the tubes in the reactor have the same temperature profile
(thermal symmetry) and besides all "hot-spots" are located at the exit of the

reactor.

Computer simulations wusing: a) one- and two-dimensional
pseudohomogeneous and heterogeneous models, and b) experimental runs in a
pilot plant facility at the University of Western Ontario were performed to confirm
these observations. Two different processes were simulated, the first one, a
reactor to convert methanol into gasoline (de Lasa, et. al., 1984; 1985, and 1986;
Ravella, 1987) and the second one a reactor to convert synthesis gas into

hydrocarbon (gasoline range) (Simard, 1991; Simard et al. 1991). These studies
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confirmed the application of the novel Pseudoadiabatic operation for both

processes.

3.9. Modeling of fixed-bed reactors

Although the PO concept brings forth a substantially novel approach to the
design of fixed-bed catalytic reactors, most of the fundamentals used in its

development were based on conventional methods of reactor simulation.

A widely accepted classification of the available models is the one
introduced by Froment 1972a, 1972b, 1974, and 1984. This classification can be
used for pseudo-homogeneous or heterogeneous models. The most important

characteristics of these models are presented in Table 3.1.

The one-dimensional model considers only the changes that occur in the
longitudinal direction of the reactor, and the two-dimensional model provides
information on the conditions at every physical point of the reactor, as opposed to

the one-dimensional model that describes only "slices" of the bed.

Table 3.1. Classification for modeling of fixed-bed reactors.
Pseudo- Heterogeneous
homogeneous

One-dimensional Al = Basic model, Bl = Al + interfacial gradient
model ideal Bll = Bl + intraparticle

All = Al + axial mixing gradient

Two-dimensional All = Al + radial Bllt = Bl + radial mixing
model mixing
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While pseudo-homogeneous models consider the reactor as a continuum
by using average transfer parameters, heterogeneous models distinguish
between solid and gas phases. Note that, as will be discussed later, only the
basic pseudo-homogeneous mode! (Al) has been used in the context of the

present work.

3.9.1. Pseudo-homogeneous one-dimensional model

The basic pseudo-homogeneous model (Al) is generally used for the
majority of reactor simulations (Froment, 1984) because it is easy to solve and
manipulate. Since concentration (or partial pressure) are considered to occur in
the axial direction only, it is hypothesized mass transport takes place as a result
of the overall flow i otion (Froment 1972a). Thus, this model simulates a "plug
flow" reactor. Mass and energy conservation equations for this model may be

written as follows:

-a
0 perg 5]
= = APexp (3.22)
a_ (75
7 =BPep THC(T-T) (3.23)
e _per-
5 =P (T-T) (3.24)

The four parameters appearing in Eqs. 3.22 to 3.24 are defined as follows:

A=(P M pg)/(us pg) (3.25)
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B =(-H) pB/ (us pg CPg) (3.26)
C=2 U/(us pg Cpg R) (3.27)
D=@QIMIOR t, U/(W: Cp) (3.28)

The most important assumptions while using a one-dimensional model are

the following:

e Temperature is constant across the section of reactor with the only exception

of the region close to the wall.

¢ Mass and thermal axial dispersion effects may be neglected. This assumption
is consistent with the finding of several researchers for the range of conditions
usually encountered in industrial applications of fixed-bed reactors (Froment,

1972a, 1979b; Froment and Bischoff, 1979).

e The concentration and the temperature differences between the solid

catalysts and the gas phase may be considered negligible.

e The axial pressure drop in the bed is comparatively small with respect to the

total pressure, so this change can be neglected.

o The kinetic rate equation used in this mode! should be obtained at the same
conditions and using the same catalyst pellets than the process being

simulated.
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In addition, a pseudo-homogeneous one-dimensional representation
requires the evaluation of the overall heat transfer coefficient, U. The importance
of the heat transfer parameter in the simulation has been thoroughly reviewed in

the open technical literature (Stankiewick, 1989, Feyo de Azevedo et al., 1990).

The overall heat transfer coefficient was first evaluated with the following

equation derived from data summarized by Froment and Bischoff (1979)

1 1 R
+ +
hout aw 4Ker

—

1
m (3.29)

Various parameters involved in eq (3.29) were calculated with the

following correlations, as recommended by Froment and Bischoff (1879a):

k

aw = Kg exp(0.077+0.523lnRep) (3.30)
dp
PrRe
Ker =Kg (3.33 B P} (3.31)
mr
" dp
with: Pen, =ug x-l-)-— (3.32)
er
0.333_ p.0.333 0.8_p,0.4
hoyt = K¢ X (0.203 xRe xPr +0.22xRe""xPr-") (3.33)

0.0015

Eq (3.29) provides good modeling of U in an ample range of conditions

(flow rates, particle and tube diameters, type of packing).
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it has to be mentioned that the pseudo-homogeneous one-dimensional
model, as such, generates a predicted temperature profile representing the

average temperature in the cross- section.

In order to estimate the temperature at the reactor centerline, r=0, eq

(3.34) can be adopted:

T =T+ (T-T) (3.34)

Eq. (3.34) (Beek and Singer, 1951) relates the average temperature and
the centerline temperature by means of the Biot number. The basic assumptions
of eq (3.34) are that the temperature is a quadratic function of the radial position
and that the average rate of the reaction is equal to the reaction rate
corresponding to the average temperature. Eq 3.34 normally apply for mild radial

temperature changes.

3.10. Conclusions

The present chapter reviews the technical literature concerning Fischer-
Tropsch and particularly synthesis of hydrocarbons using cobalt supported
catalysts. Various relevant aspects regarding reactor modeling such as
probability growth, chain parameter, reaction stoichiometry and kinetic rates are

reviewed.

This review expands on the various possible available kinetic models and

the interrelation of these models with various mechanistic steps.
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The literature review is completed with a description of the FT reactors
and the modeling aspects of fixed bed reactors operating. Also the
pseudoadiabatic regime, a desired operating condition to be studied in the

context of the present study, is reviewed in significant detail.
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CHAPTER 4

EXPERIMENTAL APPARATUS

4.1. Catalyst testing apparatus.

Figure 4.1 reports a schematic diagram of the experimental set-up used to
evaluate the catalyst for the production of paraffins by the Fischer-Tropsch
synthesis. This set-up includes a pressurized cylinder containing the reactants
mixture (H2/CO ratio of 1, 2, and 3), hydrogen gas (Hydrogen 99.99%), and inert
gas (nitrogen). The inert gas was used to purge the system and to test the
system for any leaks. Traps of molecular sieves were used to remove O,, H,0,

and any metal carbonyl (Ni, Fe) impurities present in the reactant gas.

The flow-rates were measured and controlled using a Brooks 5850 series
mass flow controiler. A detailed explanation about the calibration procedure of

the mass flow controller is given in Appendix A.

A check valve is placed immediately after the mass controller to prevent
back flow. A relief valve is also included for safety measures in order to prevent
any undesirable increment of the system total pressure. A three-way valve is

used to direct the flow of gas either to the reactor or to bypass the reactor.

During a typical experiment the reactants mixture was circulated through
the reactor, a 7.62 c¢cm (3") I1.D. Berty recirculation reactor manufactured by
Autoclave Engineers. Products and unreacted synthesis gas exited the reactor

via two condensers. The first of these two condensers was operated at 60°C, to
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collect most of the liquid products. The second condenser was operated at 3 °C
(ice trap) to trap the remaining fraction of any remaining condensable

hydrocarbons.

The reactor pressure was controlled by a Tescom back-pressure
regulator series 26-3200 provided with a high temperature polyamide seat. An
additional valve was installed just before the back-pressure regulator to
prevent the flow of feed returning into the reactor through the bypass loop.

These two valves were set inside a heated box.

A three-way valve was installed after the backpressure regulator to
direct the product gas flow (unreacted gas and uncondensed products) either
to the wet test meter or to the gas chromatograph. A wet test meter (Precision
Scientific Co.) was used to meter the gas flow. Periodic calibration of the wet
test meter was performed using a bubble flow meter located at the outiet of

the apparatus.

On-line gas chromatograph injection was performed in a Hewlett-
Packard 5890 Series gas chromatograph. A heated six-port valve with a 1 mi
loop with an additional one-way valve and a manometer at the outlet of the
loop were used to keep constant both the volume and the pressure of the

injection.
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All lines from the outlet of the Berty reactor until the six-port valve were
wrapped with heating tapes to keep temperatures around 75 °C. This was
done to prevent any possible gas condensation or solidification of higher

hydrocarbons (waxes).

Finally, the reactor outlet stream, after it circulated through the wet test

meter, was sent outside the building through a ventilated exhaust.

4.2. Berty Reactor

All experimental runs were performed in a Berty reactor with internal
recirculation manufactured by Autoclave Engineers. Details about the reactor and
its configuration are shown in Figure 4.2. The Berty reactor used includes a 7.64
cm (37) inner diameter stainless steel body with an original basket volume of 2.54
cm (17) diameter and 5.08 cm (2) height. The basket volume was reduced by
means of an aluminum insert. This was done to facilitate the testing of smaller

samples.

Three heated zones (two at 1.1 kW and one at 0.8 kW) constitute the
reactor heating system. The reactor temperature was controlled within + 1°C by a
proportional temperature controller. The temperature of the system was
monitored by two thermocouples, the first one located in the upper reactor
section and the second one inside the catalytic bed. The thermocouples were
connected to an electrical circuitry, which enables the measurement of
temperature gradients in the gas film surrounding the basket and the temperature

gradients inside the catalysts.
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A magnetically driven impeller induces internal gas recirculation: upflow in
the circumferential area around the basket and downflow in the catalyst bed
(located in the basket). Bub and Baerns., (1980) reported that a gradientless

operation is achieved with this unit at the speed of 1450 rpm of the impeller.

: Y

Cap Screw

\ Gasket
\ Thermocouple Port

e LN
L ~
\ impeller
N N Electric Furnace
\ Reactor Body

N Inlet Port

. ~N
‘% Outlet Port
Sealed Shaft Housing
™\ Water Cooled Jacket

Encapsulated Magnet
Assembly

Tachometer Pick-up

Figure4.2. Berty fixed bed reactor, manufactured by Autoclave
Engineers.

The Berty reactor reproduces reaction rates and mass velocities

occurring in commercial fixed bed reactors. This unit operates, in fact, under
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a kinetic regime and heat and mass transfer conditions between the catalyst

and the reactant close to industrial catalytic units (Berty, 1974).

it is interesting to mention that the Berty reactor has already been
employed by several researchers to get kinetic measurements for the Fischer-
Tropsch reaction. Bub and Baerns (1980) used a Berty reactor with a iron-
manganese catalyst to get a kinetic expression to predict the performance of
catalytic fixed bed reactors for the FTS. Dixit and Tavlarides (1983) proposed
several kinetics models for the FTS having as a starting point experimental

runs performed in an internally recycled Berty reactor.

4.3. Startup procedure

A standard catalyst activation pretreatment was used in all experiments.
The catalyst (10cc) was reduced in a Berty reactor at 1.6 MPa on a stream of
pure hydrogen (40 cc/min). The reduction process was carried out in three
steps using three different heating ramps and dwelling times. Details about
the conditions employed during the reduction process are summarized in

Figure 4.2.

After the reduction was completed, the reactor was cooled down under
hydrogen flow. When the reactor temperature reached about 180 °C the
hydrogen flow was cut off, and synthesis gas (H./CO = 2:1) was circulated at
a gas space velocity of about 500 h™!, with the space velocity being defined in
STP cm®cm?® catalyst « h. Moreover, the reactor temperature was gradually

increased to 220 °C over a period of 24 h (conditioning period). This
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conditioning is required not only to prevent the formation of hot spots but also

to achieve nearly isothermal conditions.

T =370 °C
time = 2h

T=230°C

time = 2h 2 °C/min

T=100°C
time = 2h

Ramp 2
2 °C/min

Ramp 1
2 °C/min

Figure 4.3. Operating conditions for activation process.

During the first 36 hours of operation an initial unsteady-state behavior
(catalyst initial deactivation) was observed. Thus, the first mass balance was
effected after having the catalyst 48 hours on stream. This ensured that
steady state had been reached. Also after any change of process conditions,
the reactor was allowed to operate undisturbed for 24 hours and this in order
to achieve steady conditions and before the next mass balance was

performed.

Both total mass and atomic material balances were performed with the
special consideration that to accept a run for further analysis the oxygen
material balance has to be closed between 97 to 103 %. Otherwise the run
was rejected. This consideration was adopted since compounds containing

carbon and hydrogen may accumulate in the reactor in the form of high
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molecular weight hydrocarbons. This accumulation of heavy hydrocarbons

may negatively affect the overall mass baiance.

4.4. Gas Chromatograph Analysis.

The quantification of the mixture composition was performed by using the
External Standard (ESTD) method of calibration. The ESTD procedure reports

the amounts of components according to the formula:

Amount of i = Ap(i) X ARF(i) (4.1)
where Ap; is the area of the GC peak for sample component (i) and ARF;

is the absolute response factor for the sample component (i).

4.4.1. H,/CO calibrations

Three reactant mixtures, with different hydrogen to carbon monoxide
ratios, were used during the catalyst evaluation. Thus, H2/CO of 1:1, 2:1 and,
3:1 ratios were considered. These mixtures were prepared using gases
certified by BOC Gases. A typical report of the gas certification is included in
Appendix B. TCD calibrations for this mixture were carried out and the results

of these calibrations are presented in Table 4.1.



62

Table 4.1. Calibration of TCD for the different H,/CO ratios

Component BOC Gases UWO Lab. Response
analysis  Analysis factor
ARF(i
H2/CO ratio 1
Ha 51.1 50.9 2.512e-3
co 48.9 49.1 1.0344e-4
HiCO rati I
H2 33.7 329 2.1805e-3

CO 66.3 65.1 9.8348e-5

HA/CO ratio 3 e S
Ha 75.3 75.7 1.6874e-3
co 24.7 24.3 8.4414e-5

4.4.2. Gas Product Analyses

The stream leaving the reactor (unreacted gas and non-condensable
products) was analyzed on-line into a Hewlett Packard gas chromatograph (GC)
model 5890 equipped with a cryogenic unit. The equipment also included a 1.83
m long, 0.318 cm diameter (6 ft-1/8") Porapak Q column and a Thermal

Conductivity Detector (TCD).

A temperature program was set in the GC to improve separation of the
product mixture. After the injection, the column was maintained at -30 °C for 1
minute, after that the temperature was ramped at 40 °C/min to a maximum
temperature of 240 °C where it was held for 4 minutes. Because helium was
used as a carrier gas and as a reference gas a change of the polarity of the TCD

was implemented, after the hydrogen peak was detected.
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4.4.2.1. Calibration with Gas Mixtures

A gas calibration mixture prepared and certified for BOC Gases, which
simulates the composition of the gaseous products, was used to calibrate the
TCD. The reported composition provided by BOC Gases for this mixture is

included in Appendix C.

Table 4.2 presents the results of the calibration of the TCD using a gas
mixture supplied by BOC Gases. It can be appreciated, from Table 4.2, that both
compositions BOC Gases and UWO-Laboratory are similar. Also, the absolute
response factor for each component was calculated and reported in Table 4.2.
Note that periodic calibrations of TCD were also performed in order to secure

reproducibility of the analytical technique.

Table 4.2 Calibration of the TCD for gaseous product.

Component Composition Composition Absolute
BOC Gases UWO-Lab response factor
(%vol/vol) (%vol/vol) ARF;
n-Hexane 0.106 0.111 4.8747E-5
n-Pentane 0.204 0.211 5.1132E-5
n-Butane 0.499 0.509 4.1411E-5
Propane 0.501 0.505 5.9785E-5
Ethylene 0.782 0.80 8.9480E-5
Ethane 0.292 0.29 2.8616E-5
Methane 3.0 3.01 7.1188E-5
Carbon dioxide 4.99 5.04 1.4415E-4
Nitrogen 2.89 2.86 4.2676E-5
Carbon monoxide 28.0 27.91 9.8348E-5

Hydrogen 58.7 58.13 2.180E-3
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4.4.3. Liquid Product Analyses

During the mass balance period the liquid products (hydrocarbons +
water) were allowed to accumulate in the two separators (HTS and LTS;
Figure 4.1). After that, the liquid product was collected and physically
separated into aqueous fraction and hydrocarbon fraction. Note that in the
present study the aqueous fraction is considered only water given that
oxygenates compounds are rarely produced when a cobalit catalyst is used

(Adesina, 1996).

The hydrocarbon fraction was analyzed by using a 25m - 0.33um HP-1
crossed linked methyl-silicone capillary column and a flame ionization detector
(FID). The temperature program adopted was as follows: a) the temperature
of the column was initially maintained at -20 C for 1 min, b) the column was

heated up to 300 C at the rate of 25 C/min., where it was held for 60 minutes.

4.4.3.1. Calibration with Liquid Mixture

The identification of the hydrocarbon fraction was performed using a
flame ionization detector (FID). For the calibration of the FID a Boiling Point
Calibration Sample # 1, from Hewlett Packard, was used. This calibration
sample, a mixture of hydrocarbons from Cs to C4, is described in detail in

Appendix B.



65

CHAPTER 5

CATALYST PREPARATION AND CHARACTERIZATION

5.1. Introduction

This chapter presents details about the apparatus and methodology
used for the preparation and characterization of the catalysts evaluated in the
present study. Two types of catalysts were prepared using the following
components: a) cobalt as active phase, b) zirconium as promoter, and c) silica
gel as a support. One of the catalysts was uniformly impregnated (standard)
while the other was the so-called eggshell catalyst, in which the active metals

were deposited on the external surface of the support.

This chapter has been divided into two sections. The first section
describes the materials used for the preparation of the catalysts and the
techniques employed for their characterization. The second section reports a

discussion about catalyst characterization results.

§.2. Experimental

5.2.1. Materials

Spherical silica gel from UOP, DAR-240, was used as a support for the
catalysts investigated in the present study. The main properties of this

material are reported in Table 5.1.
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The impregnation of the support was effected with an aqueous solution
of cobalt nitrate prepared with Co(NO3);e6H,0 from Aldrich, 99% purity. This
solution contained about 1 wt % of an aqueous solution of 20 wt % zirconia

added to promote the FTS.

Table 5.1. Physical properties of the silica DAR-240.

Property Reference
Surface area (m%/g) 372 This work
Pore volume (cm®/g) 1.0342 This work
Apparent particle density (g/m®) 0.368 - 0.364  Supplier
True particle density (g/cm®) 0.589-0.582  Supplier
Average particle size (mm) 1.81+ 0.01 This work
Porosity (dimensionless) 0.6401 This work
Pore radius (A) 55 This work
Particle radius (mm) 0.905 This work

5.2.2. Preparation of standard catalysts

In the context of this work a “standard” catalyst is defined as a uniformly
impregnated catalyst, where the metal loaded has a nearly homogeneous

metal distribution across the radius of the support.

The experimental set-up used in the preparation of the standard
catalyst is shown in Figure 5.1. The incipient wetness technique was used to

prepare this type of catalyst. This technique is based on the quantitative
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addition of an impregnating solution: the amount of solution added depends
on the available pore volume in the catalytic support with no excess of

supernatant liquid allowed on top of the particles.

syringe

rubber cap

vacuum

Catalyst
particles

Figure 5.1. Experimental set-up for the preparation of standard
catalysts.

Following this procedure 20 g of silica gel were placed in the glass
container (Figure 5.1) and evacuated during 20 min. After this period, the
calculated amount of solution (cobalt nitrate + zirconium solution) was
incorporated into the container using a syringe. In order to insure the uniform
distribution of the solution into the support, the liquid from the syringe was
injected in several steps. After each step, the wet support was thoroughly

mixed with a glass rod until even distribution was visually observed.
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After impregnation, the catalysts were dried at ambient conditions over
night. Following this, the catalyst was dried at 100 °C, during 2h. Finally, the
sample was calcined during 4 hours in air at 400 °C with a heating rate of 5§

°C/min.

5.2.3. Preparation of eggshell catalyst.

This section includes a detailed description of the methodology used to
prepare a non-uniform impregnated cobalt-zirconium eggshell catalyst.
Basically most of the active metal is preferentially located near the outlet
support surface. Figure 5.2 shows a schematic representation of the assembly

used to prepare the eggshell catalyst.

For the preparation of the eggshell catalyst the support (20 g) was pre-
wet with water. The objective of this was to fill the pore network before
impregnation with the metal. However, no excess water was allowed on top of
the particles (or interparticie). After that the prewetted support was placed in
the container for impregnation. Then, an impregnating solution in a
solution/support volume ratio of § was poured on the support. After 4 seconds,
the vacuum line was opened and the excess of solution removed from the
container. In order to stop the advance of the impregnating solution a
“guench-in-hot” process was employed. With this end, the impregnated
sample was placed in a sand fluidized bath which was equipped with a metal
basket to recover the catalyst. The sand (particles of 60 um average size)

acted as heat transfer media to enhance fast drying of the catalyst particles



69

with drying being carried out at about 90°C to prevent the collapse of the

porous structure.

After this quick drying process, the catalyst was heated at 5 °C/min up

to 400 °C and calcined at that temperature during 4 hours.

Catalyst
particles

L— vacuum

Excess solution

Figure 5.2. Experimental apparatus used to impregnate eggshell
catalysts.

An alternative technique for preparing eggshell catalysts was also
attempted by CREC researchers pouring the impregnating solution in a dry
support. More details about this type of “eggshell” catalyst can be found in

Galarraga (1998).
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5.2.4. Catalyst characterization techniques

The catalysts considered in this study were evaluated using the
following surface characterization techniques: a) atomic absorption (AA), b)
BET surface area, c) temperature programmed reduction (TPR), and d) optical

microscopy,

5.2.4.1. Metal content

The atomic absorption analyses were developed using the equipment of
the Analytical Evaluation laboratories of PDVSA-INTEVEP in Venezuela. This
technique was applied mainly to corroborate the amount of metal loaded on
the support. The analyses were performed by dissolving the mineral species

present on the catalysts samples.

5.2.4.2. Surface Area Analysis (BET)

The surface area of the catalysts was determined using a TPD/TPR
2900 Analyzer instrument, manufactured by Micromeritics. The type of
analysis performed by this instrument is known as the single point BET since

only one equilibrium pressure is obtained for the adsorption of nitrogen.

For the BET surface area analysis the sample was weighed and then
outgassed under flow of helium at 120 °C during 2 hours. After outgassing, a
mixture of 30% nitrogen and 70% helium (vol.) was circulated through the
catalyst. The sample container was immersed in a liquid nitrogen bath to

refrigerate the catalyst to 77 K at which temperature nitrogen was absorbed
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onto the catalyst surface. Immersing the sample in water at room temperature

desorbed the nitrogen.

Nitrogen desorption was measured by a Thermal Conductivity Detector
(TCD). Four consecutive adsorption-desorption cycles were performed to
assure reproducibility of the system and to determine the total amount of

nitrogen desorbed.

In order to determine unknown amount of nitrogen a calibration of the
TCD is required. Thus pulses of known volumes of nitrogen were injected
directly to the TCD. The calibration curve obtained using this method is
reported in Appendix D. The total amount of nitrogen desorbed was correlated
with the total surface area by employing the BET model. A sample calculation

is also presented in Appendix D.

5.2.4.3. Temperature programmed reduction (TPR).

The temperature programmed reduction (TPR) was also carried out on
the TPD/TPR 2900 Analyser instrument. During the development of this
analysis the sample is exposed to a mixture of hydrogen (10% vol.) in argon
(carrier gas) with a flowrate of approximately 45 cc/min. In the meantime, the
temperature of the sample was increased at a rate of 10 °C/min. As the
catalyst was heated up, changes in the composition of the gaseous mixture
were detected using a Thermal Conductivity Detector (TCD). Mainly, these
changes were due to the hydrogen consumption by effect of the reducibility

and reaction of the cobalt species on the catalyst.
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5.2.4.4. Optical microscopy

This technique was used to confirm the formation of the so-called
“eggshell’ catalyst. The apparatus consists of: a) and stereomicroscope WILD
model M32Z, b) a colour camera 3CCD from Hitachi, model HV-C20, and c) a
colour video printer Mavigraph model UP-3000 from Sony. Direct
micrographies were collected at the laboratories of Surface Science Western,
by taking pictures of cross sections of eggshell catalysts. Pellet cross
sections were prepared with the aid of he Department of Earth Sciences, The

University of Western Ontario.

5.3. Results and Discussion

5.3.1. Metal content

Table 5.3 summarizes the results from the analytical evaluation of
“standard” and ‘eggshell’ catalysts. The table includes the elemental
percentage for cobalt and zirconium. It can be appreciated that the “eggshell”
catalyst has only 35% of cobalt and 25% of zirconium of the total amount

loaded in the standard catalyst.

5.3.2. BET surface area.

Regarding the surface area for the “standard’ and the “eggshell’
catalysts (Table 5.3) it was found that the impregnation methodology has an
important effect on the final surface area of the catalysts when compared with

the surface area of the support (372 m?/g). It was observed that the “standard’



73

catalyst displays a lower surface area (295 m?/g) than the “eggshell” catalyst
(352 m?/g). These different surface areas for these catalysts may be explained
given some plugging of pores occurs as metal is dispersed in the structure by
impregnation. Note that the degree of plugging depends on metal loading.
Because more metal was added to the standard catalyst then the reduction of
the surface area was more significant than the one observed in the “eggshell”

catalyst.

Table 5.2. Properties of the standard and eggshell catalysts.

Catalyst Surface Area Metal Content (wt %)
(m%g) Co 2r

Standard 295 11.92 0.89

Eggshell 352 4.18 0.223

5.3.3. Temperature programmed reduction

Figures 5.3 and 5.4 show the TPR profiles observed for the standard
and eggshell catalysts, respectively. For both cases two very well defined
peaks were observed. The first one close to 300 °C (low temperature) was
assigned to the transition of Co®* to Co?*. The second peak about to 320°C
(high temperature) is very likely due to the transition from Co?* to Co°. It has
to be mentioned that Ming and Baker (1995) and Lapidus et a/ (1991) reported
similar results when studying the reducibility of Co based catalysts supported

either on silica or on alumina.
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However, it is interesting to mention that some differences between the
two spectra were observed. The first difference is that for the eggsheli catalyst
the fransitions occurred at lower temperatures than those observed for the
standard one. The second aspect involves the existence of a broader profile
found in the eggshell catalysts at temperatures around 400 °C (Figure 5.3
zone marked as “@"). This behavior was not detected for the standard catalyst.
It has been claimed that the sharpness on a TPR profile depends on both
crystallite size and particle size uniformity (Micromeritics, 1992). Since the
silica support employed exhibits a high uniformity between particle sizes, it
can be concluded that the eggshell catalysts exhibits a broader crystallite size

distribution than that of the standard catalyst.
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Figure 5.4. TPR profile for the eggshell catalyst.
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5.3.4. Optical microscopy

The visual observation of the eggshell thickness was performed using
the optical microscopy technique. Figure 5.5 shows micrographies of cross-
sections for both the standard and the eggshell catalysts. The micrography for
the standard catalyst (Fig. 5.5.a) shows, as it was expected, a homogeneous

distribution of the metal in the silica gel support.

On the other hand, the eggshell catalyst (Fig. 5.5.b) exhibits a non-
uniform distribution of metal in the support with most of the metal preferentiaily
located near the outer region of the support surface. A very homogeneous
external annulus was observed (black circumference) which indicates a high
concentration of metal in this zone. On the other hand, the inner core
represented by a grey and white colour zone, shows a very low concentration

of metal.

From Fig. 5.5.b it can be inferred that the preparation of eggshell
catalyst, where most of the active metal is placed in the outer surface of the

support, was successfully achieved.

Finally, it is worth to mention that additional characterization work on
these eggshell catalysts has been reported elsewhere (Galarraga, 1998). This
work also included: a) the determination of metal distribution profiles by
means of scanning electron microscopy, b) the evaluation of metal crystallite

sizes and metal dispersion by using hydrogen puise chemisorption.



Figure 5.5. Micrographies as obtained from optical
microscopy: a) standard catalyst (27 x),
b) eggshell catalyst (42 x).
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5.4. Conclusion

The characterization techniques used in this work allow to establish the
difference between the standard and the eggshell cataiyst. The TPR for both
catalysts shows two peaks as indication of the chemical evolution of the
species present in these catalysts. It was also found, that 350 °C is the

minimum temperature required to produce the desired active species.

Various characterization techniques provided useful information about
metal content, surface area and distribution of the metal in the support. Thus,
it was demonstrated that the methodology used for the preparation of the

eggshell catalysts was adequate.
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CHAPTER 6

RESULTS AND DiSCUSSION

6.1. General overview

This chapter reports experimental results obtained during the course of
this research. The first section of Chapter 6, provides a comparison between
two Co-Zr-Si catalysts: a) a standard (uniformly impregnated) catalyst, b) an
eggshell catalyst. Following this, the effect of various operating conditions
such as temperature, pressure, gas hourly space velocity and inlet H2/CO

ratio on the performance of the eggshell Co-Zr-Si catalyst is examined.

More specifically, to provide a comprehensive evaluation of catalyst
performance the overall CO conversion, the product selectivity and the
hydrocarbon distribution are considered. Finally, this data is employed to find

a suitable kinetic model representing properly the experimental results.

6.2. Preliminary study

6.2.1. Introduction

In this section a comparison of the performance of two different types of
catalysts, a) Standard (uniformly impregnated) Co-Zr-Si catalyst, and b)
Eggshell Co-Zr-Si catalyst, is analyzed on the basis of the CO conversion, the

product selectivity and the hydrocarbon distribution. Details about the
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procedures for preparing and characterizing these catalytic systems are

described in section 4.4.4.

For the reaction testing, the apparatus already described in Chapter 4
was employed. In terms of general experimental procedure, the one already
presented in detail in Chapter 4, was adopted. Care was taken in order that
the runs were developed under conditions close to steady state: catalyst time-

on-stream > 48 h.

Regarding the overall mass balances, mass balances were carried out
for these experiments every 24 hours with complete runs exceeding 120

hours.

Note that two digits were employed to identify each experimental run.
The first digit represents the number of a complete experiment while the
second one identifies the run number inside a complete experiment. To
providle a complete description of the runs performed a detail listing of

experiments is included in Appendix E.

6.2.2. Comparison between Standard (uniformly impregnated) and
Eggshell catalysts.

In order to compare the performance of the two catalysts the standard
(uniformly impregnated) catalyst was evaluated at two different temperatures,
230 and 220 °C while the eggshell catalysts was tested at 220 °C only. The
rest of the other operating conditions were kept constant, as presented in

Table 6.1. Details about the experimental conditions are included in Appendix E.
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6.2.2.1. Carbon monoxide conversion

Given that the total amount of cobalt loaded in the standard (uniformly
impregnated) catalyst is much higher than the cobait content in the eggshell
catalyst, a performance comparison was developed with reaction rates

defined on the basis of the unit weight of cobalt.

Thus, Table 6.1 reports reaction rates for these two catalysts, with rates
in millimoles of carbon monoxide converted per unit time and per unit mass of
cobalt available. Comparison of these reaction rates shows that the eggshell
catalyst is more active than the standard catalyst at the same operating
conditions. For example, at 220°C the eggshell catalysts displayed a CO
consumption rate of -0.01435-mmole/(min gCo) while the standard catalyst
showed a CO consumption rate of -0.00813-mmole/(min gCo). Even more,
increasing the temperature from 220 to 230 °C, the rates increased, with the
standard catalyst, dispiaying a CO consumption reaction rate up to -0.01268-
mmole/ (min gCo). This rate was still lower than the CO consumption rate

found at 220 °C with the eggshell catalyst.

Concerning product selectivity it was found (Table 6.1) that CO,
formation increases from 2.58% to 8.47% when temperature was increased
from 220 to 230 °C. In both cases, however, the selectivity towards CO, was
significantly higher than the one observed in the eggshell catalysts where it

remained at 0.5%.
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Table 6.1. Summary of operating conditions used for testing standard
and eggshell catalysts.

Catalysts Standard Eggshell

Experiment number 13-6 14-6 15-6

Operating conditions
Temperature ( °C)
Pressure (MPa)

GHSV (h)
H2/CO ratio inlet

Analytical results
CO conversion, %

Hz conversion, %
-rco,(mmol CO conv. /min/gCo)
Mass balance, % (global)
Mass balance, % (oxygen)

Product selectivity (%)
Carbon dioxide
Water

Hydrocarbons

230
1.52
342
2:1

220
1.52
342
2:1

220
1.52
342
2:1

25.7
25.93
0.01435
97.5
98.6

0.5
56.90

70.44 50.62
72.41 49.09
0.01268 0.00813
95.5 99.9
98.3 99.9
I
8.47 2.58
49.12 54.35
42.41 43.07

42.6

6.2.2.2. Hydrocarbon product distribution

Hydrocarbon distribution is another important parameter while using the

catalysts of the present study. Fig. 6.1 reports the various weight fractions

within the hydrocarbon fraction. It can be observed that, in this respect, the

standard (uniformly impregnated)

Co-2Zr-Si catalyst displayed a similar

behaviour than the one reported in the literature for other similar catalysts
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(Dry, 1990 and Dalai et al. 1992). First, it can be noticed, that an increment of
temperature led to shifts in hydrocarbon production towards lower moiecular
products: selectivity to methane, C>-C4 and Cs-Cg hydrocarbon fractions was

increased while the C14-C20, and C4* fractions were reduced.

Moreover, hydrocarbon distributions for the standard (uniformly
impregnated) catalyst and for the eggshell catalyst are presented in Fig. 6.1. It
can be observed that the eggshell catalyst has an important impact on
hydrocarbon distribution. The eggshell catalyst has a lower selectivity towards
methane as well as toward C,," hydrocarbons. However, the eggshell catalyst
favours the formation of hydrocarbons in the C1,-C29 range (refer to Fig 6.1), a
very interesting fraction for refining processes. This is even more relevant

given the prevalent paraffinic character of this fraction (van Burgt et a/., 1988).

6.2.2.3. Anderson Schultz Flory distribution

It is interesting to further analyze the hydrocarbon distribution using the
Anderson-Schultz-Flory (ASF) distribution. Fig. 6.2 presents the changes in Wy/n
as a function of the carbon number “n" for the standard catalyst at 220 °C and
230 °C and for the eggshell catalyst at 220 °C. Therefore, one can analyze the
effect on the chain growth probability for two different cases: a) effect of
temperature for the uniformly impregnated catalyst, and b) effect of impregnation
methodology (by comparing both standard and eggshell catalysts tested at 220
°C).

For all the cases considered (standard and eggshell catalysts), it was

found that there is some deviation of the ASF distribution between carbon
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numbers 2 and 3 with a break point of the ASF at carbon number 8 (Fig. 6.2).
This deviation has been reported previously by several authors (Dalai et al. 1997,
Soled et al. 1995, Fox and Tam 1995, Satterfield and Stenger 1984). A possible
explanation of this deviation is the existence of at least two different o values with
this parameter expressing the probability of chain hydrocarbon growth: one «
represents the synthesis of the low carbon number molecules while the other the

synthesis of high carbon number molecules.
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Figure 6.1.  Hydrocarbon product distribution for Standard (uniformly
impregnated) and Eggshell catalysts. Tests performed
at: pressure = 1.52 MPa, GHSV = 342 h™, and inlet H./CO
ratio = 2,
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In spite of this and to be able to compare in a quantitative basis the
effect of temperature on a, the slope of the best straight line in Fig.6.2 for the
range of Cy," was calculated. It can be observed (Fig. 6.2) that in the case of
the standard (uniformly impregnated) catalyst a decrease in the value of a,
from 0.9 to 0.85, arises when temperature is increased from 220 to 230 °C.
Thus, higher temperatures tend to favour formation of lower carbon number
molecules. Note that a similar temperature effect over a was reported by
several authors (Singleton and Regier 1983; Stenger and Askonas, 1986; Dry,
1990 and Dalai et. al. 1992).

Fig. 6.2 also presents the Anderson-Schultz-Flory distribution for the
eggshell catalyst. Similar anomalies were observed for molecules with 2 and 3
carbon numbers with a break point of the ASF distribution at carbon 8.
Further, it is interesting to mention that the eggshell catalyst displayed a
similar o parameter with respect to the standard (uniformly impregnated)
catalyst between carbon 9 to 15. However, the eggshell catalyst yielded a
hydrocarbon product distribution for the Ci0-Cy fraction that deviated
significantly from the one of the standard (uniformly impregnated) catalyst. As
a result, a lower o parameter (a=0.8) showing a narrower hydrocarbon

product distribution was obtained with the eggshell catalyst.

For standard cobalt catalysts it has been reported that the diffusional
problems during the FT synthesis produce consecutive reinsertions of the o-

olefins, which are a product of the B-hydrogenation reaction (Kuipers et al.,
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1996). A consequence of this reinsertion is that the a-olefins grow bigger and
since the active metal exhibits a high hydrogenating activity the a-olefins end
up as high molecular weight paraffins. On the other hand, the hydrogenolyzing
activity of cobait (cleavage of C-C bonds as a result of hydrogen presence)

favours the production of the C,4-Cg range.

Thus, it can be argued that the eggshell catalyst exhibits such a
balance, between hydrogenation and hydrogenolysis, that it produces a
narrower product distribution than the standard catalyst. Furthermore, it
appears there is reduced probability of a-olefin reinsertion in the eggshell

catalyst versus the one observed for standard catalysts.

6.2.3. Conclusion

This section reports a comparison between Co-Zr-Si catalyst based on
a standard (uniformly impregnated) and eggshell formulations. Comparisons
are mainly developed assessing the influence of catalyst formulation on
carbon monoxide conversion (carbon monoxide disappearance rates), product

selectivity and hydrocarbon distribution.

It is observed that the standard catalyst displays an increase of the
carbon monoxide disappearance rates with reaction temperature. This
increment of temperature also produces an important increment of carbon
dioxide yields with a concurrent shift towards the production of lower

molecular weight hydrocarbons.
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Moreover the prepared eggshell catalyst shows the following: a) a
higher carbon monoxide disappearance rate, and b) a richer hydrocarbon

product fraction in the C4o-C2 range.
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Figure 6.2. Anderson-Schuitz-Flory distributions and alfa parameters
for Standard and Eggshell catalysts. Tests performed at

P = 1.52 MPa, GHSV = 342 h™ and inlet H,/CO ratio =2.
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6.3. Effect of the operating conditions

6.3.1. Introduction

Given the encouraging results obtained while comparing the
performance of both the standard (uniformly impregnated) and the eggshell
catalysts it was decided to proceed to a systematic evaluation of the eggshell

catalyst.

In this respect, this section describes the effect of changing various
operating conditions such as temperature, pressure, gas hourly space velocity
and inlet H2/CO ratio on carbon monoxide conversion, product selectivity, and

hydrocarbon product distribution.

The following range of operating conditions were selected for the

studies:

a) Temperature : 209 - 229°C,

b) Pressure: 0.35 - 1.52 MPa,

c) Gas hourly space velocity, GHSV: 200-505 h™',
d) H/CO ratio: 1to 3.

6.3.2. Experimental Procedure

The experimental set-up, as well as the experimental procedure for these
runs, has been already described in Chapter 4 of this thesis. The catalyst used
was an eggshell Co-Zr supported on silica. Details about the preparation and the

characterization of this catalyst are reported in Chapter 5.
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During the development of these experiments, a single batch of catalyst
(10 cm®) was employed. After reduction (refer to Section 4.3.) the synthesis
gas was fed to the reactor unit with the catalyst being kept under the same

operating conditions for 120 hours.

After completing this preparatory phase, the first experimental test was
developed (Run 17-1). This experimental condition to be repeated frequently
during the experimental program was, in the context of the present study,
identified as the “reference condition”. In addition to this, runs were extended
in between operating conditions having the catalyst on stream, for periods
long enough as to ensure that the steady-state behavior was reached. It was
judged that the time for reaching steady state was than 24 h given the fact
that the outlet gas compositions remained unchanged before that period of

time.

Overall mass balances were carried out for these experiments based on
24 hours runs with various experiments being carried out over a total of 3200
hours of reactor continuous operation. A detailed listing of experimental

conditions considered is included in Appendix E.

Three additional experiments (Runs 17-40, 17-79, and 17-121) were
developed at the so-called “reference condition” to assess periodically the
catalyst activity, the catalyst deactivation and the reproducibility of the system
results. Table 6.2 describes operating conditions, conversions, product

distributions, and mass balances for these four reference runs.
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From Table 6.2, it can be observed that the carbon monoxide
conversion, for the repeat experiments called ‘reference condition”, were very
close. Since all the experimental data for the kinetics studies were carried out
over a period of five months of continuous operation, all evidence indicates
that the catalyst was quite stable and did not deactivate significantly during

these extended runs.

Reproducibility of experimental data was determined using carbon
monoxide conversion as a basis. With this end in view, the standard deviation

and the 95% confidence interval level were calculated for various repeats.

The carbon monoxide conversion was found to range from 15.67% to
18.58%, which gives an average of about 17.28% with a standard deviation of
t 1.4%. This represents an error close to 8% value which is commonly found
for this type of experiments. Figure 6.3 presents the carbon monoxide
conversion versus the time-on-stream. The dotted lines in Figure 6.3 report
the 95% confidence interval level confirming the trends already observed from

the standard deviation.
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Table 6.2. Summary of operating conditions and results for the

“Reference Condition”

Experiment number

Operating conditions

Temperature ( °C)
Pressure (Mpa)
GHSV (h)
H/CO ratio inlet
Hours on stream (h)
Analytical resuits
CO conversion, %
H2 conversion, %
Mass balance, % (global)
Mass balance, % (oxygen)
Product selectivity (%)
Carbon dioxide
Water
Hydrocarbons

17-1  17-40 17-79 17121

220 220 220 220
152 152 152 1.52
360 390 390 390
2:1 2:1 21 2:1

144 1065 2020 3012

18.58 16.56 1567 18.32
19.64 19.64 1315 13.31
98.18 97.15 96.39 98.65
99.10 98.23 98.76 98.76

281 301 404 233
53.55 53.18 54.10 56.33
4363 4381 4186 41.34
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Figure 6.3. Change of carbon monoxide conversion with time-on-
stream. Runs 17-1, 17-40, 17-79 and 17-121. Tests
performed at T = 220 °C, P = 1.52 MPa, GHSV = 390 h™' and
inlet H2/CO = 2.
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6.3.3. Effect of temperature

Several experiments were performed in order to study the influence of the
temperature over the CO conversion, selectivity, and hydrocarbon product
distribution. Two sets of experiments were selected (refer to Table 6.3) covering
a wide range of the typical operating conditions for FTS.

The first set of experiments was performed with an initial Hz/CO=2 ratio,
1.52 MPa pressure and 348 h™' GHSV. The second set of operating conditions
was at Ho/CO= 1, 0.73 MPa pressure and 234 h™' GHSV.

Table 6.3. Summary of Operating Conditions: Effect of the Temperature.

SET 1 2
Experiment number 174 17-7 17-10 17-13(17-70 17-67 17-64
Operating conditions _
Temperature ( °C) 209 215 220 226 | 209 215 222
Pressure (MPa) 152 152 152 152(0.73 0.73 0.73
GHSV (h'") 348 348 348 348 | 234 234 234
H2/CO ratio inlet 21 21 21 21|11 11 11
wpicines
CO conversion, % 10.16 16.3 20.51 23.42| 2.89 6.78 10.8
Hz conversion, % 9.68 15.5 21.27 24.13| 9.94 17.33 21.78

Mass balance, % (global) 97.21 100.6 98.2 98.2 | 98.7 98.02 98.1
Mass balance, % (oxygen) 98.75 99.35 99.2 99.0 [ 98.9 98.32 98.9

Product selectivity (%)
Carbon dioxide 000 104 117 16 |0.89 048 429
Water 56.83 54.95 54.93 54.79{55.13 55.93 52.65

Hydrocarbons 43.17 44.01 43.89 43.61|43.98 43.59 43.06
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6.3.3.1. Carbon monoxide conversion

Figure 6.4 reports the effect of temperature on the CO conversion. It was
found that the CO conversion increased steadily with temperature and this for
both sets of operating conditions studied. Note that these results are in
agreement with those published before by Vannice (1975), and Everson and

Mulder (1993).
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Figure 6.4.  Effect of the temperature on the CO conversion. Runs as
listed in Table 6.3. Tests performed at: gas pressure = 1.52
MPa, GHSV = 348 h™

6.3.3.2. Hydrocarbon product distribution

Regarding products formed, the product distribution is given for set #1 of
the operating conditions. Fig. 6.5 reports product distribution for an inlet H./CO
ratio of 2. In this case, as temperature increases, the product distribution shifts
towards higher molecular weight hydrocarbons and this does not agree with

trends reported by other investigators. A possible justification for this is that
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temperatures were changed in a lower range than previous work. Dalai et al.
(1992) employed, for instance, temperatures from 250 to 275 °C while in the
development of this research temperatures were kept in the 200-220 °C range
and as close as possible to the ones found in industrial units. Similar resuits to
the ones of the present study were reported by Everson and Mulder (1993) using
supported ruthenium catalysts at 230 °C. It is also interesting to note (Fig. 6.5)
the low selectivity towards methane and high selectivity to C,o-C2y fraction
exhibited by the eggshell catalyst within the range of temperatures considered in

this work.

100 -
90 - =209 °C
0215 °C
220 °C
70 - ma26°C

Weight fraction (w/w)

o

C1 C2-C4 C5-C9 C10-C20 C21+

Hydrocarbon fraction

Figure 6.5. Effect of temperature on the hydrocarbon product
distribution. Runs as summarized in Table 6.3. Tests
performed at: gas pressure = 1.52 MPa, GHSV = 348 h™,
and inlet H2/CO ratio = 2.
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6.3.3.3. Anderson-Schultz-Flory distribution

The Anderson-Schultz-Flory (ASF) distribution (W,/n versus the
hydrocarbon carbon number) at four different temperatures, as used in set #1,
are displayed in Fig. 6.6. it was found that in all cases there is some deviation
from the ASF distribution. Most FT product distributions reported in the technical
literature, present appreciable deviations from ASF polymerization kinetics.
Practically all these deviations are caused either by secondary reactions or by
the need of involving at least two different values of a.

ASF distributions in Fig 6.6 are characterized by a sudden decline in the
C2-C; range. This can be attributed to a decrease of the desorption rate constant
with increasing carbon numbers (Schulz et.al., 1995). The ASF distributions also
present a sudden drop at Cg carbon number and this indicates that no single
value of the chain growth probability, o, can be used to describe the complete
spectrum of hydrocarbons products. This sudden drop in ASF plots was
observed by Dalai et al. (1997), and by Satterfield and Stenger (1984). Moreover,
the slight increase in o in the range Cg-C15 can be explained by an increased re-
adsorbability of product molecules (Schulz, et al. 1995).

The o parameter was estimated by the slope of the best straight line for
the C1s' range. It can be observed (Fig 6.6) that o« augmented from 0.79 to 0.86
when the temperature increased from 209 to 226 °C. Thus, the increment of
temperature, in the range studied leads to a product distribution with a higher
average molecular weight and consequently, hydrocarbons of longer carbon
chain lengths. This is certainly an undesired effect if one would like to maximize
the hydrocarbon fraction in the Ci-C2 range and this calls for a close

temperature control in industrial scale units using the eggshell catalyst.
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Figure 6.6. Anderson-Schultz-Flory distribution as a function of the
temperature. Runs as listed in Table 6.3. Tests performed
at: P = 1.52 MPa, GHSV = 348 h™! and inlet H,/CO ratio = 2.
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6.3.4. Effect of the Pressure

While using the eggshell catalyst, several experiments were performed
to study the influence of the pressure on CO conversion, selectivity, and
product distribution. The pressure was increased from 1.1 to 1.52 MPa, while

other operating conditions were, as described in Table 6.4, kept constant.

Table 6.4. Summary of Operating Conditions: Effect of the Pressure

Experiment number 17-22 17-25 17-79
Operating conditions

Temperature ( °C) 221 221 221
Pressure (MPa) 1.10 1.33 1.52
GHSV (h™) 390 390 390
H2/CO ratio inlet 2:1 2:1 2:1
Analytical results
CO conversion, % 10.82 14.13 15.67
Hz conversion, % 13.96 14.44 13.15
Mass balance (overall), % 97.88 97.03 96.39
Mass balance, % (oxygen) 98.12 88.32 98.76
Product selectivity (%)
Carbon dioxide 3.43 2.98 4.04
Water 51.48 53.66 54.10

Hydrocarbons 45.09 43.36 41.86
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6.3.4.1. Carbon monoxide conversion

Carbon monoxide conversion, and its change with total pressure, is
reported in Fig 6.7 for the 1.1-1.52 MPa total pressure range. In this respect,
catalyst activity in terms of CO conversion showed a slight increase with total
pressure. These results were expected, given the corresponding increment of
partial pressures of both CO and Hz, which lead overall to an increment of the
FT synthesis rate and consequently of the CO conversion. Regarding

pressure effects, it can be stated that they compare well with those obtained

previously by Dalai (1997).
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Figure 6.7. Pressure effect on Carbon Monoxide Conversion. (Runs
reported in Table 6.4). Tests performed at: Temperature =
221 °C, GHSV = 390 h™, and inlet H,/CO ratio =2,
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6.3.4.2. Hydrocarbon product distribution

The influence of total pressure on product distribution is reported in Fig
6.8 with the hydrocarbon product distribution moving towards heavier products
at higher total pressures. This figure also shows that consistent with this
selectivity to methane, C2-C4, and Cs-Cg hydrocarbon fractions decrease with
total pressure. It is speculated that observed changes in the product selectivity
are probably due to the changes in the relative rates of elementary reactions

involved in the hydrocarbon synthesis (Dalai et al., 1992).
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Figure 6.8, Effect of the pressure on the hydrocarbon product
distribution. (Runs listed in Table 6.4). Tests performed at:
Temperature = 221 °C, GHSV = 390 h, and inlet H,/CO
ratio = 2.
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6.3.4.3. Anderson-Schultz-Flory Distribution

The ASF distributions and the effect of total pressure are reported in
Fig. 6.9. Important deviations of the classical ASF distribution with single o
values were noticed. Furthermore for o defined for C1s* it was observed that
there is a consistent increment of o from 0.83 to 0.87 when the total pressure

is increased from 1.1 MPa to 1.52 MPa.

In this respect, Stenger and Askonas (1986) found similar resuits while
using a iron-based catalyst measuring increasing a parameters from 0.56 at

0.37 MPa to 0.68 at 1.48 MPa.
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Figure 6.9. Anderson-Schultz-Flory distribution as a function of the

pressure. (Runs listed in Table 6.4). Tests performed at: T
= 221 °C, GHSV = 390 h™ and inlet H2/CO ratio = 2
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6.3.5. Effect of GHSV.

In order to study the influence of the gas hourly space velocity, GHSV,
over CO conversion, product selectivity, and hydrocarbon distribution four
experiments were carried out. The operating conditions used are reported in

Table 6.5.

In these experiments the GHSV was varied from 432 to 210 h™', while the
rest of the operating conditions were kept at constant values. The temperature
selected (230 °C) for this experiment was higher than other temperatures used in
previous experiments. This was done to obtain a reasonable CO conversion

when the GHSV was increased from 210 to 432 h™.

Table 6.5. Summary of Operating Conditions: Effect of the GHSV.

Experiment number 17-88 17-91 17-94 17-97
Operating conditions _
Temperature ( °C) 230 230 230 230

Pressure (MPa) 1.52 1.82 152 152
GHSV (h) 432 360 276 210
H2/CO ratio inlet 2:1 2:1 2:1 2:1
Analytical results
CO conversion, % 18.2 2436 31.37 39.67
H conversion, % 17.79 2232 2998 40.16

Mass balance, % (global) 98.8 984 982 97.2
Mass balance, % (oxygen) 98.9 984 985 985

Product selectivity (%)
Carbon dioxide 4.47 449 434 435
Water 53.53 53.17 5347 5260
Hydrocarbons 41.99 4234 4219 43.04

Table 6.5 also summarizes overall mass balances closing in the 97%

range and oxygen balances closing in the 98 % range.



105

6.3.5.1. Carbon monoxide conversion

The effect of the gas hourly space velocity, GHSV, over the carbon

monoxide conversion is reported in Fig 6.10. As expected the highest CO

conversion was obtained when the GHSV was 210 h™' and the lowest CO

conversion for a GHSV of 432 h™ and this agrees with the results of Everson and

Muider (1993).
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Figure 6.10.
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Effect of the GHSV on the conversion of Carbon
Monoxide. Runs numbers listed in Table 6.5. Tests
performed at: T = 230 °C, P = 1.52 MPa, and inlet H./CO
ratio = 2.

6.3.5.2. Hydrocarbon product distribution

The hydrocarbon product distribution as a function of the GHSV is

reported in Fig. 6.11. It is shown that the distribution of lighter products

(methane, C2-C4 and Cs-Cg ) is favoured with increased GHSV. On the other
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hand, the C1,-C2o and Cz* hydrocarbon fractions show an increment with
smaller GHSV. This result confirms that for conditions leading to longer
contact times, lower GHSV, chain growth takes place in a more significant
extent and there is, as a result, an increase in the formation of higher

molecular weight hydrocarbons.
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Figure 6.11. Effect of the GHSV on the hydrocarbon products
distribution. Runs numbers reported in Table 6.5. Tests
performed at: T = 230 °C, P = 1.52 MPa, and inlet H,/CO
ratio = 2.

6.3.5.3. Anderson-Schultz-Flory distribution.

The effect of the GHSV on the Anderson-Schultz-Flory, ASF,

distribution is reported in Fig. 6.12. Deviations previously reported in the ASF



107

distributions were also present here. However for the higher GHSV, these
deviations were less important than in prior cases. Another finding was the
similarity of the various distributions in the C1,1-C2o sections of the plot. In fact,
from carbon 11 to carbon 26 ASF distributions have almost the same o
values, indicating a smali effect of GHSV on chain growth probability. Outside
this region, however, an important difference was observed between ASF
distributions and this suggests the important influence of GHSV on chain

growth probability after carbon number 26.

This phenomenon can be explained by the different contact times
provided to reactants and products. Higher GHSV lead to lower contact-times,
and as a result to a decreased probability of secondary reactions due to a
decreased opportunity for a-olefin reinsertion. Furthermore, a lower GHSV or
higher contact time, gives more opportunity for a-olefin reinsertion and as a

result higher chain growth probability.

In this respect, it is important to point out that reinsertion rates augment
exponentially with carbon number and this due to the preferential
physisorption of longer hydrocarbons on catalyst surface [Kuipers ef al. (1996)

and Iglesia et al. (1991)].
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Figure 6.12. Anderson-Schultz-Flory distribution as a function of the
GHSV. Runs numbers listed in Table 6.5. Tests performed
at: P = 1.52 MPa, T = 230 °C and inlet H2/CO ratio = 2.
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6.3.6. Effect of H2/CO ratio.

A number of experiments were carried out at different H,/CO ratios with
the temperature, pressure and GHSV kept constant. Three H2/CO ratios were
tested: 1:1, 2:1 and 3:1. This was done to understand the influence of this
parameter on carbon monoxide conversion, selectivity and product

distribution. The operating conditions used are described in Table 6.6.

Table 6.6. Summary of Operating Conditions: Effect of the H./CO ratio

Experiment number 17-106 17-91 17-127
Operating conditions

Temperature ( °C) 230 230 230
Pressure (MPa) 1.52 1.52 1.52
GHSV (h™) 360 360 360
H2/CO ratio inlet 11 2:1 3:1

Analytical results

CO conversion, % 7.87 24.36 56.86
H2 conversion, % 22.5 22.32 42.33
Mass balance, % (global) 97.37 98.4 97.2
Mass balance, % (oxygen) 98.45 98.4 97.6

Product selectivity (%)

Carbon dioxide 5.81 4.49 5.57

Water 48.61 53.17 50.24

Hydrocarbons 45.58 42.34 4419
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6.3.6.1. Carbon Monoxide Conversion

As reported in Fig 6.13 the CO conversion increased from 8 to 57 % while
the H./CO ratio was changed from 1:1 to 3:1. This demonstrates that the ratio of
hydrogen to carbon monoxide in the feed stream had a marked effect on the
catalytic activity and this is consistent with published results (Singleton and
Reigier, 1983; and Everson and Mulder, 1993). These changes were also
consistent with the strong influence of hydrogen partial pressures in the reaction

kinetics.
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Figure 6.13. Effect of the H,/CO ratio on the conversion of carbon
monoxide. Runs numbers listed in Table 6.6. Tests
performed at: T = 230 °C, P = 1.52 MPa and GHSV = 360 h™'.
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6.3.6.2. Hydrocarbon product distribution

The effect of the H2/CO ratio on the overall product distribution is
reported in Fig. 6.14. It is observed that there is a marked effect of H,/CO ratio
on hydrocarbon distribution. For example, selectivity to methane, C,-C4 and
Cs-Cg hydrocarbon fractions increased with Ho/CO ratio, while selectivity to

C10-C20and C21* hydrocarbon fractions decreased with the same ratio.

This shift of hydrocarbon selectivity towards lighter molecular weight
hydrocarbons with H2/CO ratio was reported by Everson and Mulder (1993)
and also by Singleton and Reigier (1983). It is argued that higher partial
pressures of hydrogen, favour secondary reactions such as hydrogenation
and hydrogenolysis. Thus for example, hydrogenclysis of paraffins and olefins
reverse or moderate the process of chain growth leading to a decrease in the

a values ( Kuipers et al. 1996).

6.3.6.3. Anderson-Schultz-Flory distribution.

Figure 6.15 reports the Anderson-Schultz-Flory distribution for
experiments where the H,/CO was changed. Deviations from the classical
ASF distribution are observed. The level of these deviations was however
quite different for various cases studied. When the H,/CO=3 ratio was used,
deviations from the classical ASF were relatively small. For the H2/CO=2 ratio
deviations were, yet more important. Even more, significant deviations from
the classical ASF distribution were found when the H./CO=1 ratio was

employed.
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Regarding the o parameter it was estimated using the slope of the best
linear fitting for carbon number over Cis. The o parameter showed a
consistent increase from 0.76 to 0.87 while the H2/CO ratio varied from 3 to 1.
This effect on the a parameter was expected given the reduction of the

hydrogen partial pressure and the correspondingly higher carbon monoxide

partial pressure.
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Figure 6.14. Effect of the H2/CO ratio on the hydrocarbon products
distribution. Runs numbers reported in Table 6.6. Tests
performed at: T = 230 °C, P = 1.52 MPa and GHSV = 360 h™'.
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Figure 6.15. Anderson-Schultz-Flory distribution as a function of the
H2/CO ratio. Runs numbers summarized in Table 6.6. Tests
performed at: T = 230 °C, P = 1.52 MPa and GHSV = 360 h™.
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6.3.7. Conclusion

For the eggshell catalyst of this study, a series of experiments were
carried out to study the influence of the operating conditions on carbon
monoxide conversion, product selectivity, and hydrocarbon product

distribution. The resuits obtained led to the following conclusions:

e Carbon monoxide conversion increased with temperature. In addition,
within the range covered in these experiments, an increment of
temperature shifted the hydrocarbon distribution towards higher molecular
weight hydrocarbons.

e The total pressure had a mild effect on carbon monoxide conversion with
the total pressure increasing the chain length of the hydrocarbons formed.

o The effect of gas hourly space velocity (GHSV) on carbon monoxide
conversion and hydrocarbon products distribution was also important.
Increasing GHSV decreased the CO conversion shifting the hydrocarbons
distribution towards lighter molecular weight hydrocarbons.

e Carbon monoxide conversion increased with Hz/CO ratio with lower H./CO
ratios favouring the production of higher molecular weight hydrocarbons.

e The Anderson-Schultz-Flory, ASF distribution, for all the experiments
developed, presented systematic deviations of the classical ASF
distribution. It appears that more than one o parameter is needed for this
type of distribution. While this phenomenon may be attributed to either

secondary reactions or the presence of different sites on the catalyst it
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appears that for the eggshell catalyst, of this study, secondary reactions

are the most likely chemical events explaining these deviations.

6.4. Kinetic modeling

This section describes the kinetic models considered for FTS on cobalit-
catalysts. The main goal was to discriminate between possible kinetic modeis
for the conversion of synthesis gas into higher hydrocarbons. These kinetic
models are required to provide satisfactory simulation of the pseudoadiabatic

reactor using an eggshell cobalt catalyst.

6.4.1. Kinetic Experiments

Overall the Fischer-Tropsch synthesis is a complex network of parallel
and series reactions with these reactions involving different extents and
determining catalyst performance. These reactions can be classified into
primary and secondary reactions with different dependence with respect to

pressure, temperature and composition.

Given the above mentioned facts a kinetic study with a FTS catalyst
should be made over a wide range of process conditions and this to evaluate

more precisely the catalyst performance.

The data used in this section is based on the experimental runs
reported in Section 6.3 (Appendix E). Table 6.7 reports run number, operating
conditions as well as the reaction rates found for each run. It can be

appreciated that operating conditions were varied as follows: temperature from



116

209 to 230 °C, pressure from 0.34 to 1.52 MPa, GHSV from 210 to 504 h™', and

H./CO ratio from 1 to 3.

The rate of reaction for the FTS was defined based on the assumption
that the CSTR model applies for the internally circulated Berty reactor

operated at 1900 RPM.

_ Flep, -cu,)

e = (6.1)

and

F(cgo -cco)

60 =~y (6.2)

Adding egs (6.1) and (6.2), MH,+CO » the combined moles of hydrogen

plus carbon monoxide converted per unit time and mass of catalyst were

calculated from:

THp+CO = "VV:;RCE‘z ~Ch, )— (ccc’:o -Cco )] (6.3)

Itcan in this way be shown that the 1y, ,co increases from -0.0326 to

-0.3018 mmol/min/g of catalyst.
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Table 6.7. Experimental Reaction Rates

Run Temp. Pressure GHSV H2/CO ratio I H2+CO
# (°C) (MPa) (h" (mol/mol) (mmol/min/g of catalyst)

17-16 209 1.10 390 2 0.0326
17-31 209 1.33 372 2 0.0384
17-34 209 1.62 360 2 0.0425
17-49 209 1.52 210 2 0.0447
17-52 209 1.52 258 2 0.0441
17-61 209 0.73 210 2 0.0245
17-70 209 0.73 234 2 0.0231
17-19 215 1.10 390 2 0.0621
17-28 215 1.33 272 2 0.0751
17-37 215 1.52 360 2 0.0879
17-46 215 1.52 210 2 0.0905
17-55 215 1.62 264 2 0.0815
17-58 215 0.73 222 2 0.0426
17-67 215 0.73 234 2 0.0463
17-22 221 1.1 390 2 0.0878
17-25 221 1.33 390 2 0.1096
17-40 220 1.52 390 2 0.1212
17-43 221 1.52 210 2 0.1088
17-64 222 0.73 234 1 0.0675
17-73 221 0.73 210 2 0.0678
17-76 222 0.73 300 2 0.0676
17-79 222 1.52 390 2 0.0965
17-82 222 1.62 504 2 0.0771
17-85 222 1.52 432 2 0.0816
17-109 222 1.52 372 1 0.0853
17-112 222 1.07 402 1 0.0736
17-121 222 1.52 390 2 0.0993
17-123 221 1.52 378 3 0.1561
17-124 221 1.62 378 3 0.1576
17-88 230 1.52 432 2 0.1262
17-91 230 1.62 360 2 0.1460
17-94 230 1.52 276 2 0.1528
17-97 230 1.52 210 2 0.1677
17-100 229 1.52 240 1 0.1155
17-103 229 1.52 306 1 0.1113
17-106 229 1.52 372 1 0.1077
17-115 229 1.07 402 1 0.1125
17-118 230 0.59 402 1 0.0647
17-127 229 1.52 378 3 0.3018
17-130 229 0.34 402 3 0.1078
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6.4.2. Kinetic models

There is a significant volume of technical literature dealing with kinetic
modeling for FTS (Storch et al., 1951; Anderson, 1956; Yang et al., 1979; Bub
and Baerns, 1980, Pannell et al., 1980; Rautavuoma and van der Baan 1981;
Dixit and Taviarides 1982; Wojciechowski, 1988; Sarup and Wojciechowski,
1989; Post et al., 1989; Yates and Satterfield 1991; Iglesia et al, 1993). While
there are important differences in between equations there are a number of
common factors that should be the basis of the kinetic models postulated: a) FTS
occurs far from the reaction equilibrium. Thus, there is no reverse reaction term
involved in the numerator of the rate equation, b) there is minimum influence of
water gas shift reaction and consequently there is no external condition (other
reaction equilibrium condition) interelating partial pressures, c) FTS rate is
constantly inhibited by carbon monoxide, thus there should be a CO partial
pressure term included in the denominator of the rate equation.

In 1991, Yates and Satterfield published a study summarizing most
common and accepted kinetic equations for the Fischer-Tropsch synthesis on
cobalt catalysts. On this basis five different kinetics models were considered:

Model 1 (Power law model)

—5(1 1

R\T Tav

MHp+CO = ‘koe[ D Peo Pﬂz (6.4)

Model 2 (Iglesia et.al.,1993)

:E(l_LD

koe(R‘ T T oo o

fHy+CO = = 3 Y 2 (6.5)
t+bpeo )
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Model 3 (Sarup and Wojciechowski, 1989)

(:E.(l__‘_n
T T
koe R av Peo pﬂz

"Hp+CO = = (6.6)
2 (1 +bp gg )2
Model 4 (Rautavuoma and van der Baan,1981)
(#-+)
ke R\T Tav Lo p:'\
H,+CO = - 2 (6.7)
(1 + bp Eo )3

Model 5 (Anderson, 1956)

(w(rw))

R T

) _ koe 11 T Tav pEO sz (6.8)
H,+CO (1 + bp%o pmz)

Regarding eq (6.4) this is a straight forward empirical power law
equation frequently used by many authors in the technical literature (Pannel
et. al., 1980; Yang et al., 1979; Wang et al., 1987). In these power law
expressions the constants are empirical parameters used to adjust the data
and having very limited physicochemical meaning. In eq (6.4) the m coefficient
for the pu2 term is positive while the power n for pco is negative and this

confirms the inhibition effect by adsorbed CO.

Egs 6.5-6.8, however were derived using a Langmuir-Hinshelwood-
Hoogen expression. These expressions highlight different key reaction steps.
For instance, some kinetic models postulate a role for the dissociated CO
while others claim that the CO is adsorbed but not dissociated (Sarup and

Wojciechowski, 1989). Moreover, there is also the possibility of assuming that
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hydrogen adsorbed onto catalyst surface dissociatively (Rautavuoma and van

der Baan, 1981).

While there are, as already described, important differences the
Arrhenius’ equation for correlating the dependence of reaction coefficients

with temperature have been used consistently in kinetic models reported:

k=kg e[_%] (6.9)

with k being the rate coefficient, k, the pre-exponential term, Ea the activation
energy, R4 the ideal gas law constant of 8.3144 joules/g.-moles.K and T the
absolute temperature in degrees Kelvin.

Regarding eq (6.9), it involves parameters, such as the pre-exponential
factor and the activation energy. These parameters may sometimes display
strong cross-correlation. To overcome cross-correlation, since the range of the
observed temperatures is relatively much smaller than the mean temperature
the following form of the equation is frequently preferred (Bates and Watts,

1988; and Kittrell, 1970):

k= koe(_ RE‘G T:' n (6.10)

where T, is the average absolute temperature corresponding to the
experimental range where experiments were developed.
With this end in view, and to use eq (6.10) data was analyzed using the

value of 493 K, average temperature for experiments performed.
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6.4.3. Modeling Results

The kinetic parameters for the five kinetic models were estimated by a
non-linear least square method. A FORTRAN program UWHAUS, which
operates using the Marquardt algorithm (Marquardt, 1963). This program was
used to calculate the best estimates of these parameters. A so-called MAIN
program was used to read the experimental data and the subroutine MODEL
was employed to compute the function values required to access UWHAUS. A

detailed listing of the program MAIN and MODEL, is included in Appendix E.

The fitting for the estimation of the parameters was based on the
minimization of the summation of the squares of the differences between
experimental and predicted reaction rates. Discrimination between the

different kinetic expressions was based on the following criteria:

o The quality of the fitting which was indicated by the value of the variance,

o The 95% confidence interval levels of the parameters,

¢ The randomness of the distribution of the residuals,

o The correlation matrix obtained to identify cross-correlation between the

parameters.

Results of the parameter estimation obtained for the Models 1, 2, 3,
4,and 5 are presented in Tables 6.8, 6.9, 6.10, 6.11, and 6.12. It has to be
mentioned that the quality of fitting for the models was satisfactory. The
variance of normalized residuals caiculated from the summation of the

squares of the residuals were in the range of 3.171x10* - 3.629x10*
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m.mol/(min.g.cat) which, compared to the average experimental rate of 9.175

x107% m.mol/(min.g.cat), corresponded to an approximate deviation of 0.44%.

Also in Tables 6.8 through 6.12, it can be observed that reasonable
confidence intervals on parameters were obtained: For example, for the pre-
exponential factors (ko) confidence intervals were in the 0.5 — 12%. Moreover,
the confidence interval for the energies of activation, E5, were in the range
0.8 — 23%, with values of the energies of activation between 113 to 129

KJ/mole.

It is important to notice that, as reported in Table 6.13, these values of
the activation energies are in the range of those reported in the technical
literature (Storch et al., 1951; Anderson, 1956; Yang et al. 1979 and Post et
al. 1989). This confirms the validity of the experimental methods and
parameter estimation techniques applied. It can also be argued that the
magnitude of energies of activation is a good indication of no or very limited
mass and heat transport controls. In fact, smaller energies of activation for

FTS are normally indicators of potential mass and heat transport limitations.

Finally, for the exponent of the various concentration terms the
confidence intervals were in the range of 15 - 52%. For Model 1 the reaction
order in CO is negative suggesting that adsorbed CO and derived CH, species
are the most abundant reactive intermediates. In this respect, Iglesia et al.,
(1993) suggested that positive reaction order for CO while using a kinetic

expression as the empirical one advanced in Model 1, is an indication of the
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catalyst surface not being saturated with CO and CH, species. Saturation of
the surface leads to negative CO reaction orders in eq (6.4), an expected
condition in eggshell catalysts having a surface rich on adsorbed CO and CHy

species.

Models 2, 3, 4, and 5 led to positive reaction orders for CO and this
demonstrated the dominant influence of “b” parameters. These "b" parameters
representing adsorption coefficients in Models 2, 3, and 4 were in the range of
55 -82 % with values between 5 - 39 (units varied for each case). Thus , given
the magnitude of “b” (e.g. bpco >> 1 for Model 2) this leads, once the proper
algebra considered, to effective negative orders for CO and this allows to
reconcile the trends of Model 1 with all the other models. Note that the only

exception was Model 5 which led to a smaller b value and to a situation where

bpo Py, =1

Regarding parameter mutual dependence, this can be examined in the
cross-correlation matrix (Tables 6.8 to 6.12). From these tables it can be
noticed that the five models considered have independent kinetic parameters
with little cross-correlation: all cross-correlation coefficients smaller than 1.
Consequently, it can be concluded that there is, in the present work, little
cross-correlation between the kinetics constants considered and the numerical

methods used to asses the kinetic constants are correct.
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Table 6.8. Results of the parameter estimation obtained for the
kinetic model 1 (Equation 6.4 Power law model)

Parameters Values

Parameter Guess Final Lower Upper +%
Ko 20E+12 2.19E+12 2.18E+12 2.19E+12 0.457
E 90 127 126 128 0.787
n 1 -0.428 -0.568 -0.287 32.71
m 1 0.886 0.706 1.07 20.32

Correlation Matrix

ko E N m
ko 1.0000
E 0.0012 1.0000
n 0.0000 -.08827 |1.0000
m 0.0000 0.0568 |-0.3226 1.0000

Sum of squares after regression = 0.0130644

Variance of residuals = 0.0003629 36 degrees of freedom

1 1

e(ﬁ?_ﬂ@))p% of, 6.4)

~TH,+c0=Ko
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Table 6.9. Results of the parameter estimation obtained for the

kinetic model 2 (Equation 6.5 Iglesia et al., 1993).

Parameters Values

Parameter Guess Final Lower Upper +%
ko 2.0E+18 143E+14 143E+14 143E+14 1079
b 1000 38.53 10.25 66.81 73.40
E Q90 129 101 157 21.70
n 1 0.547 0.415 0.679 24.13
m 1 0.945 0.707 1.16 25.19
Correlation Matrix
ko b E n m
ko 1.0000
b -0.0028 1.0000
E 0.0094 -0.1345 1.0000
n -0.0399 0.6815 -0.1154 1.0000
m -0.0238 | -0.0367 0.0380 -0.2993 1.0000
Sum of squares after regression = 0.01110077
Variance of residuals = 0.0003172 35 degrees of freedom
-E( 1 1
koe(i(?-ﬁ]]l)ao ph
- f,+C0 = — 1z (6.5)

G*bpco}
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Table 6.10. Results of the parameter estimation obtained for the
Kinetic model 3 (Equation 6.6 Sarup and Wojciechowski
model).

Parameters Values

Parameter Guess Final Lower Upper +%
ko 2.0e+18 1.01E+14 1.01E+14 1.01E+14 7.05
b 1000 19.32 5.01 33.63 74.06
E 90 129 100.7 157.2 21.94
n 1 0.453 0.323 0.583 28.70
m 1 0.945 0.777 1.11 17.78
Correlation Matrix
ko b E n m
ko 1.0000
b 0.0027 1.0000
E -0.0076 | -0.1766 1.0000
n -0.0638 | -0.6597 | -0.1066 1.0000
m 0.0030 -0.0348 0.0360 0.3025 1.0000
Sum of squares after regression = 0.0111058
Variance of residuals = 0.0003172 35 degrees of freedom
(=)
R\\T Tav n .m
koe' ™ PcoP
“TH,+CO = i 6.6)

(‘*bpgo)z
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Table 6.11. Results of the parameter estimation obtained for the

Kinetic model 4 (Equation 6.7 Rautavuoma and van der
Baan model).

Parameters Values

Parameter Guess Final Lower Upper +%
ko 2.0E+18 7.00E+13 7.00E+13 7.00E+13 11.35
b 1000 12.22 2.20 22.24 82.0
E 90 129 100 157 22.48
n 1 0.229 0.1629 0.2942 28.47
m 1 0.9434 0.777 1.112 17.63
Correlation Matrix
ko b E n m
ko 1.0000
b 0.0003 1.0000
E -0.1765 0.0758 1.0000
n -0.0929 0.6758 -0.0553 1.0000
m 0.0071 0.0321 0.0330 0.3051 1.0000

Sum of squares after regression = 0.01110005

Variance of residuals = 0.0003171

-H,+c0 =

[i(l___
Koel RILT Tav

n m
Pco sz

(1+bp20)’

35 degrees of freedom

(6.7)
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Table 6.12. Results of the parameter estimation obtained for the
Kinetic model 5 (equation 6.8 Anderson et al. model)
Parameters Values
Parameter Guess Final Lower Upper +%
ko 2.0E+18 280E+13 2.80E+13 2.80E+13 0.71
b 1000 46 2.07 7.15 55
E 90 113 111.7 114 1.15
n 1 0.21 0.1 0.32 52.3
m 1 1.27 1.08 1.46 14.96
Correlation Matrix
ko b E n m
ko 1.0000
b 0.0002 1.0000
E 0.002 -0.4532 1.0000
n 0.0052 0.0407 -0.5874 1.0000
m -0.0000 0.816 -0.3870 -0.49 1.0000
Sum of squares after regression = 0.0480579
Variance of residuais = 0.0003156 37 degrees of freedom
#w)
Ry\T Tav
koot pcoPy
~H,4C0 = — He (6.8)

(1+bp'c1:opﬂ2)
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Table 6.13. Comparison between parameters as obtained from this
work and the ones reported in the technical literature.
Model Reference Parameter
n m Ea (Ki/mole)

Yang et al. (1979) -0.5 1 120
Wang (1987) -0.33 0.55 -

! Pannell et al. (1980) -0.5 0.68 -
This work -0.43 0.89 127
Iglesia et al. (1993) 0.65 0.60 -

2 This work 0.547 0.945 129
Sarup and 0.5 1 )

3 Wojciechowski (1989)
This work 0.453 0.945 129
Rautavuoma and van

o  derBaan (1981) 0.5 1 :
This work 0.23 0.94 129
Anderson (1956) 1 2 102

s This work 0.21 1.27 113
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The adequacy of the five kinetic models is also shown comparing the
predicted and experimental rates of synthesis gas conversion. Figs. 6.16 to
6.20 report predicted rates and experimental rates for Models 1, 2, 3, 4, and §
respectively. These figures (6.16 to 6.20) also include a linear regression and
the 95% prediction interval for these models. Note that all models considered

provide good fitting for all the range of reaction rates studied.

Moreover, comparison between normalized residuals, experimental and
predicted rates of synthesis gas conversion for the Models 1, 2, 3, 4, and 5
are presented in Figs. 6.21, 6.22, 6.23, 6.24 and 6.25. A visual check of these
plots demonstrate that residuals fluctuate around a constant mean with,
however Models 2 and 3 (Figs. 6.22 and 6.23) providing a residual distribution

quite symmetrical over the entire range of observations.

Adequacy of postulated kinetic models can also be considered based
on the values of the constants “n” and ‘m". For example, Model 2 yields a
value of n = 0.547 and m = 0.945 and these two values are consistent with
mechanistic explanations. Model 3 yields a value of n = 0.453 and a value of
m = 0.945 also consistent with expectations. Model 4, however, gives a n =
0.229 and m = 0.9434 with the n value being too small for a proper

mechanistic justification.

Regarding Model 5, n and m values were 0.21 and 1.27 respectively

with “b” yielding the group b p2qo pﬂz a value close to one. Similarly to Model
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4, Model 5 displayed an “n” to small to be valid. In summary, considering

these facts Models 2 and 3 are the more likely ones to be valid.

Moreover while comparing Modeis 2 and 3, Model 2 shows a
denominator with a power of one while Model 3 a denominator with a power of
2. Given the expected two sites mechanism leading to a denominator with a
power of 2, Model 3 is overall favoured as the expression for further
calculations. Thus, while reviewing the five kinetic models considered even if
in terms of data adjustment there are smali differences, one can argue about
the advantage of considering Model 3 for further analysis given its higher

probability of being phenomenologically consistent.

6.4.4. Conclusion
Five kinetic rate expressions were considered in the context of the
present study. This was done on the basis of comparing experimental and

predicted rates and the following can be concluded:

o The kinetic parameter estimated for the five kinetics models presented a
reasonable confidence interval, which indicates the adequacy of the 40 kinetic
runs and the numerical technique adopted.

o Plots of the residuals as a function of the predicted rates for the models
presented a symmetrical (normal) distribution of residuals and this was

particularly true for the Models 2 and 3.
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o Models 2, 3 and 4 presented a positive reaction order for CO in the range of
0.23-0.55 and for H, consistently close to 0.95.

o The empirical Model 1 presented a negative reaction order for CO and a
positive one for H> suggesting that adsorbed CO and derived CH, species are
the most abundant reactive intermediates. While the order for CO was
compared with the one of Models 2, 3, and 4 it was realized that given these
models display a high adsorption parameter (b) the effective CO order for the
models is negative as well and there is as a result consistency between
Models 1, 2, 3 and 4.

~ Regarding the Model 5, it displayed an adsorption parameter “b” leading to a

bpto pﬁz of about 1.

~ The apparent activation energy for the various kinetics expression was in the

range of 113-129 KJ/mole range suggesting no intraparticle mass transfer

controls.
» Overall Model 3 was the one preferred for further simulation, given it was the

one more consistent with various mechanistic steps.
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Figure 6.16. Predicted versus experimental reaction rate for Model 1.
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Figure 6.17. Predicted versus experimental reaction rate for Model 2.
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Figure 6.18. Predicted versus experimental reaction rate for Model 3.

“T(H2+CO): EXPERIMENTAL, m.mol/(min.gcat)



136

0.40
Linear regression /

0.35 1 95% prediction interval J 4

0.30 -
0.25 -
0.20 -
0.15 -

0.10

T(H2+CO): PREDICTED, mmol/(min.gcat)

-0.05 | 1 | T I T
000 005 010 0.15 020 0.25 0.30 0.35

“T(H2+CO) EXPERIMENTAL, m.mol/(min.gcat)

Figure 6.19. Predicted versus experimental reaction rate for Model 4.
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Figure 6.20. Predicted versus experimental reaction rate for Model 5.
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Figure 6.23. Comparison between the predicted and the experimental

residuals for Model 3.
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Figure 6.25. Comparison between the predicted and the experimental

residuals for Model 5.
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CHAPTER7

PSEUDOADIABATIC REACTOR SIMULATION

7.1. Introduction

This chapter describes results of the numerical simulation of a pseudo-
adiabatic (PO) fixed bed reactor using a Co-Zr/SiO; catalyst. This type of
catalytic reactor is considered of particular value for the conversion of synthesis

gas into hydrocarbons in the C10-C2 range.

As mentioned earlier, (refer to the Literature Review Section) a pseudo-
homogeneous one-dimensional model is considered for the numerical simulation
of the PO reactor. Note that there are other models available in the technical
literature, pseudo-homogeneous and heterogeneous two-dimensional models.
These models were considered in previous contributions by UWO researchers
(de Lasa et al., 1985; Ravella and de Lasa , 1987a; Ravella, 1987; Simard,
1991). It was found that for the PO regime simulations from these models do not
significantly differ from the one-dimensional pseudo-homogeneous
representation. Consequently this representation can provide satisfactory reactor

simulation.

A specific objective of the reactor simulation, in a pseudo-adiabatic mode
of operation, is the study of the influence of several operational parameters, such
as inlet CO partial pressure, inlet gas and coolant temperature, and flow of

coolant over the CO conversion and temperature. In any case, results of this
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study are very useful to assess the range of operation for the pseudo-adiabatic
regime (PO) or alternatively for the development of control strategies for further

scale-up of the PO unit.

A summary of the simulated experiments and of the various operating
conditions selected is presented in Table 7.1. These operational ranges were
chosen given they represent the normal range of operating conditions in a FT

reactor.

7.2. Pseudo-homogeneous One-dimensional Model

A number of important assumptions have to be made while using a
pseudo-homogeneous one-dimensional model (Soria Lopez et al., 1981; Ravella,

1987, Simard, 1991). These assumptions can be summarised as follows:

e Mass and thermal axial dispersion effects may be neglected. This assumption
is consistent with the findings of several researchers (Froment, 1972a;
Froment and Bischoff, 1979) and is applicable for the range of operating
conditions usually encountered in industrial fixed-bed reactors. In the case of
the PO reactor, simulated in this research, this assumption is valid since the

L/d; ratio was approximately 100 (Froment 1972b).

e Concentration and temperature gradients between the solid catalysts and the
gas phase may be considered negligible. This hypothesis was justified given
the small Prater number and the effectiveness factor very close to unity (Post

et al., 1989).
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Table 7.1. Simulated Operating Conditions

Run # Inlet Gas Inlet Coolant  Flow of Flow of  Pressure
Temp Temp gas coolant (MPa)
(°C) (°C) (Liter/min) (kg/h)
1 210 210 10 15 0.3
2 210 210 10 15 0.8
3 210 210 10 15 1.0
4 210 210 10 15 1.8
5 210 210 10 15 2.0
6 210 210 10 15 3.0
7 210 210 10 15 5.0
8 200 200 10 15 1.5
9 210 210 10 15 1.5
10 220 220 10 15 1.5
11 230 230 10 15 1.5
12 240 240 10 15 1.5
13 210 195 10 15 1.5
14 210 200 10 15 1.5
15 210 205 10 15 1.6
16 210 220 10 15 1.5
17 210 230 10 15 1.5
18 210 210 10 5 1.5
19 210 210 10 75 1.5
20 210 210 10 10 1.5
21 210 210 10 15 1.5
22 210 210 10 20 1.5
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The axial pressure drop in the bed is comparatively small with respect to the
total system pressure, so pressure drop changes can be neglected. This
assumption was confirmed given that the pressure drop, calculated using the
Ergun equation (Mccabe and Smith, 1976) was 0.9 KPa/m. Thus, the

pressure drop influence on the total pressure was safely neglected.

The overall heat transfer coefficient U, is considered to be constant. This
means that both the physical properties of the fluids (represented by the
Prandti number) and the fluid dynamics of the system (represented by a
Reynolds number) can be taken as constants in the reactor. This was verified
while performing the reactor simulation re-evaiuating at every step of the
calculation the different physical properties of the reaction gas mixture and of
the liquid coolant: density, viscosity, heat capacity, and thermal conductivity. It
was observed that variation of these physical properties was less than 3%,

which confirmed the adequacy of the postulated assumption.

In the one-dimensional model it was considered that the temperature and the
partial pressure were essentially constant across the reactor cross-section.
Temperature changes were only accounted in the vicinity of the wall using a
modified heat transfer coefficient. While many authors agree that there could
be important gradients in the radial direction for conditions leading to hot
spots, in the pseudo-adiabatic regime with no hot spots or very small hot
spots neglecting temperature and partial pressure radial variations is fully

adequate.
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Regarding the simulation of FT synthesis under PO conditions, there are a
number of specific problems to be addressed. First, the reactor operates with
some fraction of liquid products. While for typical conditions selected for the
simulation (200-230 °C, 1-3 MPa) water remains in the vapour phase (Chaumette
et al., 1995), heavier hydrocarbons can condense forming liquid inside the
reactor tubes. This condensed phase can filt potentially the pore of the catalyst
and can generate intra-particle mass transfer limitations (Post et al., 1989). Note

that it is expected these effects are very likely minimized in an eggshell catalyst.

Another effect of hydrocarbon condensation is their contribution to the
overall exothermicity of the reaction. Note that the heat released during
condensation generates an extra 2% of the heat being produced (Chaummette et

al., 1995).

Furthermore, the presence of a liquid fraction enhances heat transfer and
leads to a better distribution of heat inside the reactor tubes, thus helping to get
more uniform temperatures. This may eventually contribute to the deveiopment

of the pseudo-adiabatic regime.

Unfortunately, fully accounting for the effect of condensed liquid in the
reactor simulation is not an easy task. Consequently, as a first approximation it
was decided to develop a PO simulation assuming no liquid products was
present and thus, having all reaction products in the gas phase. In order to
justify this assumption, a simulation was performed using a HYSIM package

having a stream with an hypothetical conversion of carbon monoxide of 65 %.
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This simulation demonstrated that under the conditions of the present study with
hydrocarbon products rich in the C1o-C2 fraction the liquid fraction is only 3.3 wt
% of the total outlet stream (Galarraga and Peluso, 1995). Thus, to neglect the
liquid fraction in terms of potential effects on transport phenomena is a sound

approximation.

More specifically numerical simulation of the pseudo-adiabatic reactor was
achieved solving a set of three differential equations. These equations represent

the mass and heat balances of the reactor model.

-a

—dx (T-Pb)
—ax _ 7.1
— AP exp (7.1)

( = )
%:B Pexp\ T+ C(T-T,) (7.2)
dTe oo
5 =0 (T-To) (7.3)

In the present project the simulation was implemented by means of a
computer program written in the FORTRAN 77 language. The three model
equations were solved simuitaneously along the longitudinal direction of the
reactor, Z. In order to integrate this set of three equations the program used a
fourth-order Runge-Kutta routine. A listing of the program used for the

calculations called "PBREACT" is presented in Appendix G.

As a brief outline of the "PBREACT" program, it can be stated that this

program employs data to calculate heat-transfer parameters for each point in the
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reactor. Then, these resuits were used to generate a U value, “U calculated from
correlation”. Finally, the program used the values of U, AHgr, and the kinetic
information to calculate the group of constants called A, B, C and D (refer to
equations 3.24, 3.25, 3.26 and 3.27 in Chapter 3 section 3.9.1). Note that these
parameters are needed to solve the set of three ordinary differential equations
getting the average reactor temperature (T), coolant temperature (Tc), the
centreline temperature (T*), partial pressure of CO and CO conversion for every

point in the reactor.

Table 7.2 presents a typical output from the numerical simulation of the
one-dimensional model. in the first section of Table 7.2 the input values for the
simulation are listed. In the second section of this table the calculated
parameters required to estimate the overall heat transfer coefficient, U, are
reported. Finally, a second page of the program output summarises the following
results: a) reactor temperature profile (T), b) coolant temperature profile (T¢), ¢)
centreline temperature profile (T*), d) partial pressure of CO (pco), and e) the CO

conversion (Xco) as function of the reactor axial distance (Z).

Concerning the rate equation, the kinetic model called “Kinetic Model 3",
described in Chapter 6, was used in the reactor simulation. It has to be
mentioned that this model was developed in a Berty reactor using an eggshell
catalyst of 1.8 mm particle size. Kinetic parameters in this model are apparent

kinetic constants including eventually intra-particle diffusional phenomena.

Regarding the heat of reaction, it was evaluated based on CO converted.

Note that to evaluate this heat of reaction is of major importance in the range
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temperatures of interest. This is essential for an adequate reactor simulation.
Classical thermodynamics methods, involving heats of formation of the various
reactants and products, were employed. A listing of the program "HEAT" used to

perform these calculations is presented in Appendix G.

For CO conversion ranging between 60 to 90 %, the AHr values were
found to oscillate in a relatively narrow range with an average enthalpy of -162.83
KJ/mole of CO converted with standard deviations equal to + 0.076 kJ/mole of
CO converted. This deviation only represents 0.04 % of the mean values and this
result shows that it is possible to use an average enthalpy of reaction for all
calculations. Note that this average value of AHRr is very close to those reported
in the literature (refer eq 3.3 in Chapter 3) and therefore, the AHR for this reaction
was kept constant at -162.83kJ/mole of CO converted (-38889.34 Kcal/ Kmole of
CO converted).

Regarding the reactor to be simulated, in this study, it is similar to the unit
already installed in the Chemical Reactor Engineering Centre laboratories of the
University of Western Ontario. This reactor was successfully used for the
following: a) methanol conversion into hydrocarbons (Ravella, 1987) and b)
synthesis of gas into hydrocarbons (Simard, 1991). This reactor is a single-tube,
2 m long and 0.0209 m diameter (3/4 inch Schedule 40S) jacketed unit. The
jacket of the reactor consists of a concentric pipe (1-1/4 inch Schedule 40S). The
gap between the central pipe and the jacket, where the coolant will circulate, is to
be filled with steel shots of 1.5 mm in diameter to improve heat transfer in the
coolant side. For additional details about the design and operation of this reactor

unit refer to Ravella (1987) and Simard (1991).
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Table 7.2. Output program-PO Reactor Simulation (PBREACT)

SSSSCESSECEOCEEESE0OESEESRECESIEesESS

SIMULATION ONE-DIMENSIONAL MODEL

EXPERIMENT NUMBER 1

CES00PCINSISETINCOIPRIPNECECGSSIDOSSSERS

[NPUT VALUES FOR THE SIMULATION

SE0BSSCESELSESBESSOCSENNSLSOSEINENNESS

INITIAL TEMPERATURE OF GAS 205.00 c

INITIAL GAS FLOW 10.00 liter/min

H2/CO RATIO 2.00

TOTAL PRESSLRE 1.5 MPa

INITIAL TEMPERATURE OF COOLANT 205.0 C

COOLANT FLOW 15.0 Kg/h

{NLET MOLES TOTAL .026786 Kmol/hour
INITIAL MOLES OF H2 .018389 Kmol/hour
INITIAL MOLES OF CO .008397 Kmol/hour
ENTHALPY OF REACTION -38889.00 Kcal/kmol CO converted
KO OF THE REACTION .219E+11 m3/m3 cat/s

SOBSLESLEEISISENIESEItEEOOs0OtOESERERRBRS

CALCULATED VALUES DURING THE SIMULATION

889840845898 08083525088¢CSISSSREENERSERENES

MOLAR FLOW .022 Kmol/hour
GAS DENSITY 4.087 Kg/m3

GAS SUPERFICIAL VELOCITY 169.70830 m/h

GAS HEAT CAPACITY .7351 Kcal/ C/Kg
GAS VISCOSITY OUT 070 Kg/m/h

GAS THERMAL CONDUCTIVITY OUT .103 Kcal/ C/ a/h
REYNOLDS GAS 27.8533

PRANDTL NUMBER GAS .4975

PECLET GAS 13.45

BICOT GAS 2.99

COOLANT DENSITY 943.4 Kg/m3
COOLANT VISCOSITY 1.888 Kg/m/h
COOLANT THERMAL CONDUCTIVITY .103 Kcal/ C/ a/h
REYNOLDS COOLANT 28.9

PRANDTL COOLANT 9.49

EFFECTIVE RADIAL THERMAL CONDUCTIVITY .796 Kcal/H/m/ C
JACKET HEAT TRANSFER COEFFICIENT 637.086 Kcal/h/m2/ C
WALL HEAT TRANSFER PARAMETER 226.399 Kcal/h/m2/ C

U FROM CORRELATIONS 107.73 Keal/h/m2/ C
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Table 7.2. Output Program -PO Reactor simulation (PBREACT) (Cont....)

P P gt e s Pt Pt put e P et P Pt Pt Pt et Pt g e g

.010
.060
.110
. 160
.210
.260
.310
. 360
410
.460
.510
. 560
.610
. 660
.710
.760
.810
.860
.910
.960
.010
.060
.110
.160
.210
. 260
.310
. 360
.410
. 460
.o10
. 560
.610
.660
.710
.760
.810
.860
.910
.960

SB35 0B38808808080000480808088828S S

SIMULATED TEMPERATURE PROFILE

SEOSNSSEEINISASERESE00SIBIOSNIEEESSSS

RUN NUMBER 1
T T
205.35 205.50
205.98 206.40
206.12 206,57
206.19 206.65
206.25 206.71
206.31 206.77
206.37 206.83
206.43 206.89
206.49 206.96
206.55 207.02
206.61 207.08
206.67 207.14
206.73 207.21
206.79 207.27
206.85 207.33
206.91 207.39
206.97 207.46
207.03 207.352
207.09 207.58
207.16 207.65
207.22 207.71
207.28 207.78
207.34 207.84
207.41 207.91
207.47 207.97
207.53 208.04
207.60 208.10
207.66 208.17
207.72 208.23
207.78 208.30
207.85 208.37
207.91 208.43
207.98 208.50
208.04 208.57
208.11 208.63
208.17 208.70
208.24 208.77
208.30 208.84
208.37 208.91
208.43 208.97

Tc

205.00
205.04
205.09
205.15
205.20
205.25
205.31
205.36
205.42
205.47
205.53
205.58
205.64
205.69
205.75
205.80
205.86
205.91
205.97
206.02
206.08
206.14
206.19
206.23
206.31
206.36
206.42
206.48
206.33
206.39
206.65
206.70
206.76
206.82
206.88
206.94
206.99
207.05
207.11

207.17 .

Pco

. 46995
.46877
.46756
.46634
.46510
.46384
.46257
.46129
.45999
.45868
.45735
.45601
. 45465
.45328
.45189
.45048
.44906
.44762
.44616
. 44469
.44320
.44169
. 44016
.43861
.43705
.43546
. 43386
. 43223
.43059
.42893
.42724
. 42553
.42381
.42206
. 42028
.41849
.41667
.41483
.41296
.41107

Xco
.13

1.48
2.16
2.85
3.53
4.22
4.91
5.60
6.30
6.99
7.69
8.39
9.09
9.79
10.49
11.19
11.90
12.61
13,32
14.03
14.74
15.45
16.17
16.89
17.61
18.33
19.05
19.77
20.49
21.22
21.95
22.68
23.41
24.14
24.87
25.61
26.34
27.08
27.82
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7.3. Effect of the CO Inlet Partial Pressure on Reactor Temperature
Profile.

Regarding the simulation of the PO reactor, a first aspect was to evaluate
the effect of the inlet CO partial pressures on the PO regime. This was done
considering a plot like the one of Fig.7.1 relating the CO partial pressure and the
temperatures found at different axial positions. It was observed that the variation
of the inlet partial pressure generates different CO conversions and consequently

produces different temperature profiles in the reactor.

As mentioned previously, the PO regime is the regime where the axial
reactor temperature increases steadily with the bed length in such a way the
highest temperature in the unit is reached at the reactor outlet (Soria Lopez,
1981). When the reactor operates outside the PO regime, “hot-spots” develop at
a finite axial reactor position. This condition is known as “maximum in a finite

axial reactor position” (MFARP) (de Lasa, 1983).

From Fig.7.1, it can be observed that the reactor temperature profiles
change significantly as the initial CO partial pressure increases. Note that for
instance at an initial total pressure of 0.3 MPa, which corresponds to an inlet CO
partial pressure of 0.09 MPa, a progressive temperature increment was noticed.
This represents an ideal PO condition with temperature always increasing aiong

reactor axis.

Moreover, for a total pressure of 0.8, 1.0, 1.5 and 2.0 MPa, conditions

equivalent to an inlet CO partial pressure of 0.25, 0.31, 0.47, and 0.63 MPa the
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reactor temperature shows a trend similar to the one at 0.3 MPa. Reactor
operating conditions practically remain in the PO regime with the axial
temperature always increasing and with the outlet temperature being the highest.
Note that in these cases, using higher initial pco leads to higher CO conversions.
It has to be mentioned that towards the end of the temperature profiles, pco of
0.003 MPa, 0.006 MPa, 0.009 MPa, and 0.017 MPa at the axial positions of 12,
9.5, 7.5 and 6 m respectively, there is a minor hot spot : 0.1°C, above the thermal
level reached at the infinite reactor position (z — «). This hot spot was
considered small enough and outside the actual reactor length of 2m to
practicaily change the trend of the overall curve. Thereby, it was judged that the
PO regime still dominates the operation of the unit for p°co of 0.25 MPa, 0.31
MPa, 0.47 MPa, and 0.63 MPa. Note that for the operating conditions of Table
7.1 (inlet total pressure of 3.0 MPa) the overall CO conversion is about 55% and

this represents a typical performance of a FTS reactor.

On the other hand operating conditions at a total pressure of 5.0 MPa
(inlet CO partial pressure of 1.56 MPa) a well-defined hot spot appears inside the
2m length reactor. Significant changes in the dp/dT slope are observed with
important hot spots developing inside the unit. In this case, the MFARP operation
dominates and consequently hot spots (dp/dT — « ) are encountered inside the

2m-reactor length.

It was thus concluded that for this particular set of operating conditions
the limit of the domain for PO operation was found to be close to 2.0 MPa of total

pressure, which is equivalent to 0.63 MPa of CO inlet partial pressure.
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In summary, this demonstrates that there are two characteristic regimes

associated with changes in the inlet reactor pressure:

a) the MFRAP, with the hot-spots placed inside the reactor : dp/dT — « for Z

< 2m,

b) the PO regime with temperature always increases along the reactor

length: dT/dz > 0 for z < 2m.

Since the normal ranges of operating pressures in FT with Co-Zr catalysts
are expected to be between 1.0 to 3.0 MPa, these results demonstrate that the

PO concept can be applied with advantage to the FT process.

Another interesting observation concerns the differences between the
centerline temperature and the average cross-sectional temperature. It was
observed that this difference is typically for a PO condition of not more than 0.5
°C (refer to Table 7.2). Thus, for all practical purposes the average temperature

at a given axial position is a good estimate of the reactor temperature.

7.4. Coolant inlet Temperature Effect on the Reactor Temperature Profile.

The coolant temperature is another important parameter to be investigated
keeping constant all the other operating parameters. With this end in view,
changes of CO partial pressures with reactor temperature were calculated at
different coolant inlet temperatures: 195, 200, 205, 210, 220 and 230 °C having a
gas inlet temperature set at 210 °C and a total gas pressure of 1.5 MPa. Fig. 7.2

summarises simulation resuits.
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As it can be noticed, all the T-pco profiles showed the characteristic
behaviour of the PO regime. Special trends were found, however, close to the
reactor entry and this was the result of the differences of inlet temperatures
between the coolant and the reactant. For example, when the coolant was fed at
195, 200 and 205 °C it produced a cooling effect in the gas stream.
Consequently the temperature and the conversion in the top reactor section
showed a slight overall reduction. This change on the shape of the curves can be
explained given in the first few centimetres of the reactor the coolant removes a
significant fraction of the heat of the reaction and a fraction of the enthalpy of the

incoming gas stream.

However, when the inlet coolant temperature was set at 210 °C, the same
temperature used for the inlet gas, no phenomenon of temperature equilibration
was observed between the coolant and the gas. This yielded, as expected a PO

profile.

Furthermore, for 220 °C and 230 °C of coolant inlet temperature, the PO
regime was still developed. An interesting characteristic is that the reactant
temperature rises in the first section of the reactor until surpassing the coolant
temperature. Nevertheless, due to the temperature differences between the
coolant and the gas at inlet conditions, higher overall carbon monoxide

conversions were reached.

It has to be mentioned, as shown by Arandes and de Lasa (1995), that

higher differences of coolant and reactor temperatures with the coolant having
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the highest temperature can lead to hot-spots in the first section of the reactor.
Therefore it is recommended to avoid excessive differences between these two

operating variables to prevent the presence of hot spots.

7.5. Effect of the inlet temperature on the reactor temperature profile.

To study the effects of different inlet temperatures over the reactor
performance both coolant and gas inlet temperatures where varied from 200 °C

to 240 °C. The combined inlet gas pressure was set at 1.5 MPa.

T-P plots (Fig. 7.3) shows that increasing the inlet temperature change
significantly the T-P, profiles. While for inlet temperature of 200 °C, 205 °C, 210
°C, and 220 °C the behaviour is pseudoadiabatic, for 230 °C, however the PO
condition applies up to the last reactor section. At this point there is a hot spot
present. This effect was even more pronounced at 240 °C inlet temperature. In
this case the hot spot developed close to the reactor entry yielding a

characteristic MFRAP operation.
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7.6. Effect of the flow of coolant on the reactor temperature profile.

The physicochemical properties of coolant and the coolant flow play a very
important role in muiti-tubular reactors with heat exchange. The flow of coolant,
in particular, influences heat transfer and affects the operating regime. To clarify
this matter the coolant flow effect was investigated simulating the variation of this
parameter between 5 and 20 Kg/h, while the other parameters were kept

constant.

Fig.7.4 displays T-pco profiles for different coolant flows. It can be
appreciated that T-pco plots show consistently PO regimes with small difference
between them. Thus, T-pco profiles for 15 and 20 kg/h coolant flows display PO
conditions with temperature differences of 6 and 8 °C, between the reactor entry
and reactor outlet. Note that these temperature differences are quite acceptable

and this given the exothermic reaction involved in this simulation.

When flows of coolant were decreased to 10, 7.5 and 5 kg/h the operation
was still practically PO, with small hot spots calculated outside the reactor (z>
2m). It was also observed that as expected the AT between the top and bottom of
the reactor increased as the flow of coolant decreased. For example when the
simulation was performed with a flow of the coolant of 5.0 kg/h the AT increase
was up to 22 °C. Lower flows of coolant removed less heat and consequently

yielded higher reactor temperatures with significantly increased reaction rates.
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7.7. Effect of the kinetics expression on the reactor temperature profile.

As mentioned before five kinetics models, described in Chapter 6, were
evaluated during the development of this work. Model 3 was selected, as the
more adequate kinetic expression, to perform the reactor simulation. However
and to evaluate the possible effects of a different kinetic models on the
temperature profile developed, the five kinetics models were evaluated using a

standard operating condition such as:

¢ Inlet gas and coolant temperature at 210 °C,
o Total pressure of the system at 1.5 MPa,

o Flow of coolant as 15 kg/h, and

o Flow of gas at 10 I/min.

The results of this simulation are presented in Fig. 7.6. The T-pco profiles
for all the cases dispiay in general similar profiles with however small differences

between modeils.

Note that for the conditions selected Models 3 and 4 display PO profiles.
As well, Model 2 provides close temperature profile still in the PO regime. Models
1 and 5 show the highest reaction rates and as result a PO condition inside the

reactor with an expected hot spot at z > 2m.

Thus, it was concluded that the PO regime under the conditions tested is

too not sensitive to the kinetic mode! selected.
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7.8. Conclusions

A one-dimensional pseudo-homogeneous model was considered to
simulate a pseudo-adiabatic reactor for the conversion of synthesis gas into
hydrocarbons in the diesel range via FTS. The pseudo-adiabatic regime was

consistently observed in several of these runs.

Moreover, the predicted CO conversions obtained from this simulation
demonstrate that the PO regime is a very useful regime in such a reaction

system, and justifies further research and experimental studies.

Results of this study are very relevant for the definition of the domain of

operating conditions leading to the pseudoadiabatic operation (PO regime).

It is also demonstrated here that various kinetics models with the kinetics
constants obtained for an eggshell catalyst yield similar CO conversion and
reactor performance results. Thus, the PO regime is not too sensitive to the

specific kinetic model selected for the reactor simulation.
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CHAPTER 8

CONCLUSIONS AND RECOMMENDATIONS

8.1. Conclusions

The resuits and the achievements of the present study can be

summarized as follows:

8.1.1. Catalyst development

Two catalysts were successfully developed for the conversion of syngas
into heavy paraffinic oils via the Fischer-Tropsch reaction. One of the catalysts
was a uniformly impregnated (standard) catalyst while the other was the so-
called eggshell catalyst, in which the active metals were deposited on the
external surface of the support. The catalysts were prepared using the following
components: a) cobalt as active phase, b) zirconium as promoter, and c) silica
gel as a support. Catalysts were characterized using several characterization
techniques and this provided useful information about metal content, surface
area and distribution of the metal in the support. It was demonstrated that the
methodology used for the catalyst preparation of the eggshell catalysts was

adequate.

An evaluation of standard and eggshell catalyst in an internally recycled
Berty reactor was performed. The objective was to assess the effect of catalyst
design on the CO conversion (carbon monoxide disappearance rates), the

product selectivity and the hydrocarbon distribution. It was found that the
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eggshell catalyst yielded higher carbon monoxide disappearance rates than the
standard one. It was also demonstrated that the standard catalyst has an
undesirable higher selectivity towards carbon dioxide than the eggshell catalysts.
Finally it was noticed that the hydrocarbon distribution yielded by the eggshell

catalyst present a favorable hydrocarbon distribution in the range of C10-Cao.

8.1.2. Effect of the Operating Conditions

Once it was established that the eggshell catalyst was an interesting
choice for FTS, systematic runs were developed in a Berty reactor to test the
effect of operating conditions on CO conversion, product selectivity, and
hydrocarbon distribution. This led to the following conclusions:

o Carbon monoxide conversion increases with temperature. Also while
temperature is increased there is a shift towards the hydrocarbons of higher
molecular weight.

o The total pressure has a minor effect on carbon monoxide conversion and
hydrocarbon distribution.

o The carbon monoxide conversion decreases with GHSV and at smaller
GHSV the hydrocarbon distribution is shifted towards lighter molecular weight
hydrocarbons.

o The H./CO ratio (defined at inlet reactor conditions) has an important impact
on hydrocarbon distribution. For instance, for lower H./CO ratio, the

production of higher molecular weight hydrocarbon is favored.
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Important deviations from the classical ASF distribution were observed and

this was attributed to secondary reactions present during the FTS.

8.1.3. Kinetic modeling

Using the experimental resuits obtained five kinetic models reported in the

literature were considered. The model discrimination process was based on the

mathematical expression which best represent the experimental data. Proper

fitting of the experimental data was carried out using a non-linear regression

algorithm. From this the following can be concluded:

The kinetic parameters estimated for the five kinetics models presented
reasonable confidence intervals, which indicates the adequacy of the
experimental design and the numerical technique adopted.

Models 2, 3, and 4 presented a positive reaction order for CO in the range of
0.23-0.55 and for H; consistently close to 0.95.

Models 2 and 3 presented the best fitting to the experimental data. Between
these two models, Model 3 was considered to be the one more
phenomenologically viable.

Model 1 displayed a negative reaction order for CO and a positive for H,. This
suggests that adsorbed CO and derived CHy species are the most abundant
reactive intermediates present in the catalyst surface. This was further
confirmed observing the high CO adsorption constant for Models 2, 3, and 4.
Apparent activation energy for all the kinetic expression fell within the range

of 104-127 KJ/mol. These values are very close to those reported in the
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technical literature. This was an important indication that mass transport

restrictions were not a major factor affecting catalyst perfformance.

8.1.4. Pseudoadiabatic simulation

A one-dimensional model was employed to simulate the Pseudoadibatic
reactor (PO) for the conversion of syngas in the C1x-Cz range via FTS. The
influence of several operational parameters such as inlet CO partial pressure,
inlet gas and coolant temperature, and coolant flow over the reactor performance

was studied.

Results of the reactor simulation, show a pseudoadiabatic regime for most
of the conditions explored and this for operating conditions within the normal
range for FTS. Thus, the PO regime is a very attractive alternative to explore and

justifies further research and experimental studies in this area.

It was also demonstrated that various kinetics models with the kinetic
constants obtained in the context of the conversion of CO on a “eggshell” catalyst
provide close resuits and could be thus, used with confidence for the simulation

of the reactor performance and the PO regime.

8.2. Recommendations.

The previously stated conclusions lead to some recommendations for

future research:
o Further testing of eggshell catalysts are needed to establish its performance

(stability) during extended periods of operation.
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Additional consideration of the FTS kinetics while using eggshell catalysts is
necessary to better understand deviations of the ASF distribution. In this
respect, determination of the olefin/paraffin ratio for the outlet reactor stream
is highly advisable.

Evaluation of the eggshell catalyst in the Pseudoadiabatic reactor pilot plant
unit, available at CREC, will be most valuable to compare experimental and
simulated temperature and CO conversion profiles. This evaluation is a must
for scaling up this unit for FTS process in the near future.

Economic analysis of a process converting syngas into middie distillate
hydrocarbons range, involving an eggshell catalyst and a multitubular
Pseudo-adiabatic reactor is a very critical step. This evaluation, including a
fair comparison with existing technologies, will demonstrate the commercial

feasibility of the proposed approach.
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APPENDIX A. Equipment calibration

A.1. Mass Flow Controller Calibration

This appendix describes the calibration of the mass flow controller. This
calibration was performed at room temperature and at the pressure selected for
the experimental test. It is important to mention that no effect of pressure in the
reactor was expected over the mass flow since a AP from 5 to 50 psig was kept
between the inlet and the outlet of the mass fiow controller.

The procedure used for the calibration of the mass flow controller was as
follows:

o After the catalyst was loaded into the reactor, and the reactor was sealed a
test for leaks was carried out. The calibration was performed for different
mass flow controller positions, which represent various opening of the vaive.

e A valve position was selected in the controller display. After 30 minutes the
first flow reading was taken.

¢ A bubble flowmeter installed in the outlet of the experimental set-up was used
in order to estimate the gas flow leaving the reactor.

e Every 15 minute a new lecture was taken until the difference between the
successive values was no more than 10 %. After that a new valve position
was selected and the procedure was repeated again.

Table A.1 summarizes the results for the calibration of the mass flow
controller at the different valve positions evaluated. It can be appreciated that all
the reading are very close to the average value for each valve position. A small

Standard deviations were found to be smaller than 1.1 with an error 1.0%. The
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average values from Table A.1 are plotted in Fig. A.1 with all the average value

failing into the 95% confidence interval.

Table A.1. Example of calibration reading for the mass flow controller
at various positions of the valve
Valve Reading Reading Reading Reading Average STD Error
position #1 #2 #3 #4
0.0 0.0 0.0 0.0 0.0 0.0 00 00
1.0 28.5 28.2 27.7 28.0 28110 0.29 1.04
1.1 31.7 322 31.8 32.1 3195 021 065
1.5 43.1 427 424 42.2 4260 034 038
2.0 60.1 58.7 59.2 59.3 9.33 050 0.85
3.1 85.0 88.0 87.0 87.0 86.75 1.09 1.26
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Figure A.1.  Calibration curve for the mass controller vaive.
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A-2. Calibration of the wet test meter

Simultaneously to the calibration of the mass flow controller the wet test
meter, located in the experimental setup previously described in Chapter 4, was
also calibrated. The gas stream leaving the experimental set-up goes through the
wet test meter before it is sent to the bubble flowmeter. The procedure used for
the calibration of the wet test meter is as follows:

a) Once the valve position for the flow meter controller was selected in the
controller display, 10 minutes were allowed in order the flow to stabilize inside
the system.

b) After 10 minutes, the wet test meter indicators were set in zero and 20
minutes later (30 minutes on stream), the first wet test meter reading (volume
accumulated in 20 minutes) was taken. This was done at the same time a
reading in the bubble flowmeter was effected.

c) After 15 minutes two new reading were performed: a) in the wet test meter
(volume accumulate in 35 minutes), and b) in the bubble flowmeter.

d) This procedure is repeated two more times with an interval of 15 minutes.

The resuits of this calibration are reported in Table A-2. It can be observed
that values obtained for the flow reported from the readings in the bubble flow
meter were very close to that those obtained with the wet test meter “single point
reading”. These values, wet test meter “single point reading’, were calculated

using equation A.1.

Yaccumutated

WET, = A-1
(punctual) HOS ( )
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where WET punctuany is the wet test meter “single point reading”, Vaccumuiated is the
volume accumulated in the wet test meter during the time of the experiment, and
HOS is the time elapsed from the moment of the wet test meter was set in zero
unil the end of the experiment.

Average reported values in Table A-2 were estimated between the values
obtained for the bubble flowmeter and the wet test meter “single point reading”).
Values are very close to 28.1 cc/min with a standard deviation between 0.1 to 0.3
cc/min, which is very aceptable value for this type of calibration. Thus, the error

associated with the measurement of the flow is smaller than 1.5 %,

Table A.2 Calibration of the wet test meter

HOS Lecture, Wet test Wet test meter,
(min.) Bubble flow meter, Single point | Average | STD | Error
meter Vaccumulated reading (%)
(cc/min) (cc) (cc/min)

20 28.5 556 27.8 28.15 | 0.35 | 1.24
35 28.2 987 28.2 28.2 - -
50 277 1415 28.3 28.0 0.3 | 1.07
65 28.0 1833 28.2 28.1 0.1 |0.36
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APPENDIX B. Calibration of TCD for CG

This appendix include 4 sections as follows:

Appendix B.1: Certificate of analysis for H,/CO mixture.
Appendix B.2: Calibration of TCD for different H2/CO ratios (raw data).
Appendix B.3: Certificate of analysis for hydrocarbon gas mixture

Appendix B.4 :Calibration of TCD for hydrocarbon gas mixture (raw data).

B.1. Certificate of analysis for H,/CO mixture

Certificate of Analysis

To: 80C Gases London Date: Octaber 6. 1997

For: PON:

Material Submitted: Specification:  BOC Standard
33% Carbon Monoxide Balance
Hydrogen

Analytical Mcthod:  Gas Chromatograph

Batch Cylinder # CO H2
Number

V71563 142214 Bi% Balance
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B.2. Calibration of TCD for different H./CO ratios (raw data).

As mentioned before, section 4.4.1, a TCD calibration for the GC was
carried out. This calibration was performed for different H2/CO ratios. Resulits are
reported in Table B1. This table also lists the average concentration value, the

Standard deviation, and the percentage error.

Table B.1. Calibration of the TCD for different H./CO ratio (raw data)

Component Injection Injection Injection Average STD Error in

1 2 3 comp. Injection
volivol %
H2/CO ratio 1
H2 50.8 51.9 49.6 50.75 0.96 1.89
CcO 49.2 48.1 50.5 49.25 0.96 1.94

H./CO ratio 2

H2 66.81 65.78  67.07 66.55 0.56 0.84

CcoO 33.19 3422 3293 33.45 0.56 1.67

H./CO ratio 3

H2 76.45 74.6 75.1 75.38 0.78 1.04

co 23.55 254 24.9 24.62 0.78 3.17
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B.3. Certificate of analysis for hydrocarbon gas mixture

Certificate of Analysis

To: BOC Gases .London
For:  University of Western Ontario

Material Submitted: Hydrocasbon Mixtuse
Analytical Method:  Gas chromatography

Cylinder# Component

960744 286017 n-Hexape
a-Pentane
n-Butane
Propane
Ethylene
Ethane
Mcthane
Carbon Dioxide
Nitrogen
Carbon Monoxide
Hydrogen

Date: 16 July, 1996

PO#:

Specification: BOC Standard

Requested Analytical

0.1% 0.106%
0.2% 0.2.04%
0.5% 0.499%
0.5% 0.501%
0.3% 0.782%
0.5% 0.292%
5.0% 1.00%
1.0% 4.99%
2.9% 2.89%
28% 28.0%
Balance Balance
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B.4 Calibration of TCD for hydrocarbon gas mixture (raw data).

This calibration was performed for the gaseous product and the results are
reported in Table B.2. This table also lists the average concentration value, the
Standard deviation, and the percentage error. Figure B.1 shows a typical

chromatogram for gaseous product.

Table B.2. Calibration of the TCD for gaseous product (raw data).

Component Injection Injection Injection Average STD Errorin

1 2 3 comp. Injection
(volivol) (%)
n-Hexane 0.111 0.11 0.111 0.1 0.001 0.52
n-Pentane 0.215 0.207 0.211 0.211 0.004 1.90
n-Butane 0.517 0.5 0.509 0.509 0.01 1.67
Propane 0.50 0.498 0.504 0.505 0.006 1.16
Ethylene 0.796 0.805 0.8 0.8 0.005 0.56
Ethane 0.289 0.292 0.29 0.29 0.002 0.6
Methane 2.98 3.04 3.01 3.01 0.031 1.10
Carbon 5.1 5.05 5.06 5.04 0.06 1.2
dioxide
Nitrogen 2.87 2.89 2.87 2.857 0.042 1.46
Carbon 28.01 27.8 27.91 27.91 0.106 0.38
monoxide

Hydrogen 88.17 58.15 58.18 58.13 0.019 0.03
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Figure B.1. A typical chromatogram for gaseous product.

189



190

APPENDIX C: Identification of the components in the liquid
hydrocarbon fraction.

The boiling point calibration Sample #1 from Hewlett Packard, was used
for the identification of the hydrocarbon components contained in the liquid
hydrocarbon product. Table C.1 shows in detail the composition of this calibration

sample. Moreover a typical chromatogram of the expected synthesized

hydrocarbons is presented in Fig C.1

Table C.1. Boiling point calibration sample #1
Table C.1 Boiling point calibration sample #1

Catalog Number: 35080-8714 Lot Number: K1253
Page: 1

This analytical standard was gravaimetrically sreoared, and the
analyte concentrations were verified using high resolution gas
chromatagraphy and/or high performance liguid chromatogranhy. The
solution was orenared at the naminal concentration stated an the box
label. The true value for each analyte, determined gravimetrically.
is listed below.

Camponent % by Weights
n—-ventane 8.32 "
n-hexane 4.38°
n—-heptane 4.55
n-actane 4.67-
n-nonane ].77
n-decane ?.71
n-undecane 4 .92
n-dodecane 19.91-
n-tetradecane 10.14
n—-pentadecane S.11
n—hexadecane 10.2
n-hentadecane S.17
n—-octadecane 2.21
n—-eicosane 1.30
n—-tetracosane Q.90
n-octacosane 0.90
n-hexatriacontane 0.?21
n-tetracontane 0.92
n-dotriacontane 0.90

Solvent: none
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Figure C.1. Typical chromatogram for liquid hydrocarbon product.
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APPENDIX D: BET Analysis.

D.1. Calibration of the thermal conductivity detector (TCD)
As mentioned before, in Chapter 5, a calibration of the thermal
conductivity detector (TCD) of the TPD/TPR 2900 is required in order to perform

the specific surface area measurements.

This calibration was carried out by injecting known volumes of pure
nitrogen directly into the detector using a precision syringe. The change of the
TCD signal, by effect of the nitrogen injected, is sent to a computer and

integrated to give an area proportional to the volume injected.

In order to prepare a calibration curve different volumes of nitrogen were
injected. Each volume was injected three times to insure reproducibility. Table
D.1 summarizes the data collected during a typical calibration. This table
includes the amount of nitrogen injected with the precision syringe (ml), the area
detected by the analyzer for the three repeats. The table also lists the average of
the detector response, the standard deviation for each injection, as well as the

percental error.

The data from Table D.1. was used to prepare the calibration curve as
presented in Fig. D.1. This figure shows a plot of the different areas detected as
a function of the volume of nitrogen injected. Dots in this figure represents the
average of repeats. Average data was fitted with a second order polynomial with

a correlation index, R?, higher than 0.99.
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Table D.1. Data obtained during a typical calibration for BET analysis.

Volume Area detected by the analyzer (AU)
injected Response Response Response Average Error in
{ml) 1 2 3 area STD injection
1 3.447e+6 3.426e+6 3.294E+6  3.39E+06 8.29E+04 245
2 7.009e+6 7.061E+6 7.032E+6  7.03E+06 2.61E+04 0.37
3 1.119E+7 1.126E+7 1.120E+7 1.12E+07 3.79E+04 0.34
4 1.657E+7 1.558E+7 1.557E+7 1.56E+07 5.77E+03 0.04
5 2.056E+7 2.034E+7 2.048E+7 2.05E+07 1.11E+05 0.54
6 2.521E+7 2.535E+7 2.534E+7 2.53E+07 7.81E+04 0.31
8 3.465E+7 3.475E+7 3.472E+7 3.47E+07 5.13E+04 0.15
9 3.978E+7 3.974E+7 3.974E+7  3.98E+07 2.31E+04 0.06
10 4.518E+7 4.529E+7 4.616E+7 4.55E+07 5.37E+05 1.18

5.00E+07
4.50E+07 ¢ Response 1

— o Response 2

= 4.00E+07 | x Response3

< ——Average

-] 3.50E+07 e Poly. (Average )

£ 3.00E+07

3

3 2.50E+07

® 200E+07 |

o

x 1.50E+07 |

& 1.00E+07 | -

y = 104098)¢ + 4E+06x
5.00E+06 | R?=0.9997 '
0.00E+00

0 2 4 6 8 10 12

Volume of nitrogen injected (ml)

Figure D.1. Calibration curve for BET analysis
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D.2. Measurement

The complete methodology to determine the surface area of a solid

sample consisted of the following steps (Micromeritics, 1992):

a)

b)

Q)

h)

Sample tube is weighed before analysis (w),

Sample (amount is between 50 to 80 mg) is placed into the sample tube
and weighed to know the exact amount of sample (wz),

Sample tube is located in the equipment sample port,

The sample surface is cleaned by degassing at 150 °C during 30 min under
inert atmosphere (He),

A dewar containing liquid nitrogen is placed around the sample, then the
gas mixture (containing 30 % of nitrogen) is flowed over the sample to
adsorb nitrogen at liquid nitrogen temperatures,

After equilibration, the baseline of the recorder must return to zero, the
dewar is withdrawn and instead of it a beaker containing tap water is now
placed around the sample in order to facilitate the nitrogen desorption as
the sample reaches room temperature,

Following this, three pulses of nitrogen are injected directly to the detector
(through the injection port) in order to verify the calibration curve,

Sample tube is withdrawn and weighed to determine the weight of the

sample after the analysis.
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D.3. Surface Area Calculation.
Typical information< as obtained from the BET analysis, is included in

Figure D.2.

Peak“ RT:me Area ' Height RTemp Identifier Total Gty
158 3: ?355{82 3 ‘3§
LRHE iR L

&
Bg:t;lgr E;} eéigségg?;sis of SAB—~2 sample (<UOP) Bet eor C?ype TCD
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4 5 6 99
800
| b 700
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Figure D.2. Print-out from a BET analysis on a support sample

Figure D.2 shows 5 peaks and their corresponding areas as reported in
the print-out. Peak number 2 and number 3 correspond to the adsorption and

desorption process, respectively. Meanwhile peaks, 4,5 and 6 were known
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amounts of nitrogen injected directly to the detector in order to check the detector

response.

The BET method specifies that the volume required to calculate the
surface area is that of the desorption peak. Thus, the unknown volume of
nitrogen, V2, was calculated using the calibration curve. The next step involved
the calculation of the volume of nitrogen at Standard Temperature and Pressure

conditions, Vste using equation D.1.

273K Patm
Vsrp = D.1
STP = N2 393 2+ Toom | 760 (®.1)

where Toom = 22 °C and Patm = 766 mmHg. After that, the volume of the nitrogen

monolayer was calculated employing equation D.2
Vin = vsw[1 -%] (0.2)

where Py, is the partial pressure of nitrogen and Pyo is the saturation pressure of
nitrogen, with Pno being equal to Parm + 15 mmHg.

Finally, the volume of the nitrogen monolayer was related with the surface
area using equation D.3

2
Vinlem® )+ 8.023x1 oza(Mg) *16.21x1 0'2"(___‘“ ]

mol molecuie

Sa = o (D.3)
22414(m]xwm(g)

Table D.2 presents the data obtained from the BET analyses performed

on samples of the present study, namely: the silica support, standard catalyst
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and eggshell catalyst. The table also includes data obtained for BET analyses
carried out on a reference sample. The reference sample was an alumina

support supplied by UOP with a surface area of 180 m?/g.

Table D.2. Data obtained from the BET analyses.

Reference
Sample Support Standard Eggshell Test 1 Test 2
Tube weight 142532 13.5584 14.3621 15.9440 13.3154
+ sample before analysis  14.2982  13.6023 14,3925 16.1460 13.4855
+ sample after analysis 142918  13.5987 14,3912 16.1407 13.4800
Sample weight (g) 0.0386 0.0403 0.0291 0.1967 0.1646
Analysis conditions
Temperature (°C) 25 22 22 23 22
Pressure (mmHg) 764 766 764 762 760
Gas composition (Ng) 0.3 0.3 03 03 0.3
Partial pressure of 229.2 229.8 229.2 228.6 228.0
nitrogen (Py2)
Saturation pressure (Pyo) 779 781 779 777 775
Pn2/Pno 0.2942 0.2942 0.2942 0.2942 0.2942
Desorption data
Desorption peak area 2.08e+7 1.72E+7  1.48E+7 5.02E+7 4.45E+7
Desorption volume (ml) 5.0648 4.1995 3.6142 12.2331 10.8441
Vx STP (ml) 4.6680 3.8705 3.331 11.2774 9.9945
Vmonolayer (mi) 3.2948 27319 2.3511 7.9579 7.0543
Surface (m?%) 14.35 11.8997 10.2412 34.6638 30.7279
BET surface area (m%/g) 372 295 352 176 187
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APPENDIX E: Summary of Operating Conditions, Conversions,
Selectivity and Hydrocarbon distribution

This appendix include 4 tables as follow:

Table E.1 : Summary for Exp. 13 (Standard catalyst)
Table E.2 Summary for Exp. 14 (Standard catalyst)
Table E.3 Summary for Exp. 15 (Eggshell Catalyst)
Table E.4 Summary for Exp. 17 (Eggshell Catalyst)

The % of CO conversion was calculated as:

Coin _ Cooul

*100% (E.1)
co;,

as well, the H, conversion was estimated with the same procedure.

The product selectivity was determined using Equation E.2

Selectivity of product X;= (mass product X/2X)x100% (E.2)

Mass balance data based on oxygen balance, of 100 + 3% was accepted

as adequate.
Finally all product selectivity were reported as a function of % mass by

mass of the total product spectrum.



Table E.1. Summary of Operating Conditions, Conversions, Selectivity and Hydrocarbon Distribution.

Run # 13-1 13-2 13-3 134 13-5 13-6
Operating conditions

Temperature, °C 230 230 230 230 230 230
Pressure, MPa 1.52 1.52 1.52 1.52 1.52 1.52
GHSV,h"! 348 348 348 348 348 348
Ratio H/CO, mol/mol 2 2 2 2 2 2
Operation time, h. 20.0 252 251 210 230 233
Operation on stream, h. 20 45.2 70.3 91.3 114.3 137.6
Experimental Results

% CO conversion 99.14 93.88 70.69 69.71 68.96 70.44
% H; conversion 57.41 65.29 74.80 74.79 72.92 72.41
Rco,(mmol CO conv./min/gCo) 0.01641 0.01690 0.01377 0.01248 0.01245 0.01268
Mass (H,+CO})in, g 30.38 38.28 38.28 31.90 34.95 35.39
Mass (gases) out, g 2.99 8.19 13.76 12.04 16.23 13.38
Mass (H0q.q) OUL, g 2,72 17.51 11.20 12.59 13.10 12.94
Mass (HCyquq) out, g 0.40 4.42 7.80 5.72 6.49 6.78
Overall mass balance % 20.1 78.7 856 95.1 99.6 93.5
Oxygen mass balance % 18.94 89.23 86.8 101.7 101.6 98.33
Products Distribution

CO, selectivity, %w/w 1.88 6.11 9.43 833 9.03 847
H,0 selectivity, %wiw 57.83 53.48 48.12 48.93 48.46 49.12
HC selectivity, %w/w 40.28 40.41 42.44 42.74 42.51 42.41
Hydrocarbon Distribution

Fraccion C, 6.75 6.04 6.11
Fraccion C,- C, 8.32 9.75 9.9
Fracclon Cs - Cy 31.23 29.34 28.59
Fraccion Cyo - C2 41.12 43.13 42,67
Fraccion C,," 12.58 11.74 12.73

[7¢]



Table E.2. Summary of Operating Conditions, Conversions, Selectivity and Hydrocarbon Distribution.

Run # 14-1 14-2 14-3 144 14-5 14-6
Operating conditions

Temperature, °C 220 220 220 220 220 220
Pressure, MPa 1.52 1.52 1.62 1.52 1.52 1.52
GHSV,h* 342 342 342 342 342 342
Ratio H,/CO, mol/mol 2 2 2 2 2 2
Operation time, h. 230 230 253 240 238 238
Operation on stream, h. 23 46 71.3 95.3 119.3 143.1
Experimental Results

% CO conversion 85.00 71.28 63.73 51.75 51.20 50.62
% H_ conversion 81.23 62.43 61.43 58.60 50.60 49.09
R¢o.(mmol CO conv./min/gCo) 0.01175 0.01056 0.00957 0.00832 0.00813
Mass (H,+CO)in, g 34.94 34.94 38.36 36.46 36.46 36.08
Mass (gases) out, g 8.56 11.96 15.69 16.90 17.89 19.56
Mass (H,Ouquq) 0Ut, 9 345 10.10 10.45 10.69 10.70 10.48
Mass (HCyq.) out, g 1.75 2.30 6.23 6.93 6.35 6.02
Overall mass balance % 39.4 69.7 844 94.7 98.1 99.9
|Oxygen mass balance % 41.23 82.56 86.7 95.6 98.5 100.0
Products Distribution

CO; selectivity, %wiw 3.15 2.03 1.97 1.63 2.62 258
H,0 selectivity, %wiw 55,62 65.48 54.89 54.82 54.67 54.35
HC selectivity, %w/iw 41.23 42.49 43.14 43.56 42.71 43.07
Hydrocarbon Distribution

Fraccion C, 6.24 549 5.35 5.04
Fraccion C, - C, 453 3.98 375 382
Fraccion Cs - Co 12.67 12.3 12.27 12.45
Fraccion Cyp- Co 48.24 45.47 45.9 45.59
Fraccion C,," 28.31 32.76 32.73 33.11

oo



Table E.3. Summary of Operating Conditions, Conversions, Selectivity and Hydrocarbon Distribution.

Run # 15-1 15-2 15-3 154 15-5 156
Operating conditions

Temperature, °C 220 220 220 220 220 220
Pressure, MPa 1.52 1.52 1.52 1.52 1.52 1.52
GHSV,h" 342 342 342 342 342 342
Ratio Hx/CO, mol/mol 2 2 2 2 2 2
Operation time, h, 250 235 240 23.0 24.0 20.3
Operation on stream, h. 25 48.5 72.5 95.5 119.5 139.8
Experimental Results

% CO conversion 67.52 4507 24.35 27.45 25.30 25,74
% H; conversion 54.16 44.00 23.45 30.93 2490 2593
Reo.{mmol CO conv./min/gCo) 0.02310 0.01423 0.01459 0.01427 0.01435
Mass (H,+CO)in, g 37.31 35.08 35.82 34.33 35.82 30.23
Mass (gases) out, g 12.30 17.21 26.43 25.81 25.70 22.05
Mass (H2Ouu0) OUL, 9 3.75 8.74 5.91 6.32 6.03 541
Mass (HCyqua) OUt, g 1.23 442 2.35 2.82 272 2.03
Overall mass balance % 46.3 86.6 96.8 101.8 97.9 97.5
[Oxygen mass balance % 54.30 87.94 95.6 99.1 98.5 98.6
Products Distribution

CO, selectivity, %w/w 1.33 113 1.19 0.97 0.45 0.50
H,0 selectivity, %wiw 61.04 5.49 54.92 55.58 55.4 56.9
HC selectivity, %w/w 37.63 43.38 43.89 43.46 44 .15 42.6
[I-!ydrocatbon Distribution

Fraccion C, 4.91 4.28 4.29 432
Fraccion C; - C, 6.89 9.95 8.75 8.98
Fraccion Cs - Cy 14.35 23.65 23.10 22,28
Fraccion C,g - Czo 65.77 56.12 58.45 59.45
Fraccion C,," 8.08 6.00 541 497

10C



Table E.4. Summary of Operating Conditions, Conversions, Selectivity and Hydrocarbon Distribution .... contd....
Run# 171 | 17-2 173 174 | 1756 176 17-7 | 178 179 17-10] 17-11 17-12 17-13 | 17-14 17-15
Operating conditions
Temperature, °C 220 209 209 209 215 215 215 220 220 220 226 226 226 208 2098
Pressure, MPa 162 | 162 152 152 | 152 152 1582 | 152 1562 1521} 152 152 152 11 1.1
GHSV,h"' 390 | 348 348 348 | 348 348 348 | 348 348 348 | 348 348 348 | 390 390
Ratio Hx/CO, mol/mol 2 2 2 2 2 2 2 2 2 2 2 2 2 2 2
Operation time, h. 24 235 235 245] 245 230 235 23 24 240 ) 2565 255 235 24 24.0
Operation on stream, h. 144 | 167.5 191 2155| 240 263 2865|3095 3335 3575)] 383 4085 432 456 480
Experimental Results R
% CO conversion 18.58 | 12.10 1089 10.16, 1820 1560 16.3 | 18.87 19.20 20.51 ) 2360 2252 2342} 787 552
% H, conversion 1964 ) 1169 839 968 | 1568 17.30 155 | 2093 21.27 2127|2485 2230 2413| 795 6.72
Mass (H,+CO)in, g 40.17 | 3510 35.10 36.60| 3660 34.35 351 [ 3435 3585 3585|3809 38.08 351 |40.17 4017
Mass (gases) out, g 33.10| 30.58 3098 31802996 2910 299 | 2710 28.03 2831|2887 28.30 26.85) 3660 37.40
Mass (HOuqu) OUt, g 378 ] 2855 212 221 | 363 334 348 ]| 434 457 456 | 565 582 501 | 175 171
Mass (HCyo.ua) OUt, 9 256 [ 162 145 157 | 201 178 194 | 204 257 232 | 332 310 262 | 123 130
Overall mass balance % 98.18 | 99.00 9843 97.21| 97.27 99.62 100.63} 9747 98.10 98.16 | 99.34 97.74 98.234| 98.53 100.60
[Oxygen mass balance % 99.10 ) 88.13 1011 98.75]| 98.65 ©99.35 99.35]98.13 988 9916|9940 95786 99.01]| 988 99.34
Products Distribution
CO, selectivity, %wiw 281 | 000 OCO0C 000 | 095 105 104 ) 126 133 117 | 141 149 16 | 000 0.00
'H,o selectivity, %wiw 63.55)| 6§72 5646 5683|5489 5495 5495|5473 5462 5493|5458 5431 5479 ] 66.12 56.17
HC selectivity, %w/w 4363 | 428 4354 43174416 4401 4401} 402 4405 438914401 4419 436114388 43.83
Hydrocarbon Distribution
Fraccion C, 4.54 459 466 378 3.64 31 an 306 3.08 4.94
Fraccion C;- C, 1332 11.02 10.34 679 7.73 8.04 7.81 776 769 12.56
Fraccion Cs - Cy 31.05 2467 2562 21.88 21.82 23.56 2435 21.54 2289 28.64
Fraccion C,q - C20 42.45 57.04 56.18 57.56 57.06 5547 54.91 48.01 47.52 50.12
JFraccbon (P 8.64 268 32 989 975 9.83 9.82 19.63 18.82 3.74

4114



Table E.4. Summary of Operating Conditions, Conversions, Selectivity and Hydrocarbon Distribution .... contd....

Run # 17-16 | 17-17 17-18 17-19]| 17-20 17-21 17-22 | 17-23 17-24 17-25| 17-26 17-27 17-28| 17-29 17-30
Operating conditions

Temperature, °C 209 215 215 215 221 221 221 221 221 221 215 215 215 209 209
Pressure, MPa 1.1 1.1 1.1 1.1 11 11 11 33 133 133|133 133 133! 133 133
GHSV,h"! 390 390 390 390 390 390 390 390 390 390 372 372 372 372 372
Ratio Hx/CO, mol/mol 2 2 2 2 2 2 2 2 2 2 2 2 2 2 2
Operation time, h. 24 240 240 240 | 245 24 24 240 165 235 | 235 235 20 240 240
Operation on stream, h. 504 | 5280 5520 576.0]600.5 6245 6485]6725 689.0 7125| 736 7595 7795 803.5 8275
Experimental Results

% CO conversion 477 | 787 742 757 | 1151 1248 1082 135 1456 14.13| 13.28 1233 11.73| 95 7.7
% H_ conversion 486 | 795 732 851 | 154 1556 1396| 145 1781 1444|1262 1045 115 { 10.2 88
Mass (H,+CO)in, g 40.17 | 40.17 4017 40.17 | 41 40.17 40.17 | 40.17 27.62 3933 | 37.51 3751 3193 38.31 38.31
Mass (gases) out, g 369 | 3502 366 3549|3696 353 3552 324 23899 3345|3221 3237 278 {3400 344
Mass (H,0,,0) Out, g 165 | 224 253 245 24 253 246 | 34 187 269 | 254 257 209 | 191 176
Mass (HCqu0) Out, g 1.21 1.7 161 1.75 | 1.31 145 134 | 267 134 202 | 1.9 1.81 1.5 132 103
Overall mass balance % 98.979197.112 101.42 98.805|99.195 97.784 97.884|95.793 98.15 97.025|97.734 97.974 98.309]97.181 97.076
Oxygen mass balance % 99.01 | 98.21 9954 98991 99.1 9867 98.12]|97.12 98.56 98.32| 98.65 98.01 99.12 | 98.12 98.44
Products Distribution
|ICO, selectivity, %w/w 0 107 127 148 | 323 352 343 | 351 301 298| 194 151 1 000 0.00
H,0 selectivity, %wiw 56.04 | 4519 5312 5295|5273 5169 5148|5185 5298 5366|5576 4403 56.39| 564 56.31
HC selectivity, %w/w 4396|4412 4561 4557 | 4404 4479 4509 ] 4464 44.01 4336 423 4252 4261]| 446 4469
Hydrocarbon Distribution

Fraccion C, 4.94 7.23 56 4.56 5.34

Fraccion C; - C, 12.86 9.33 11.27 10.06 6.11

Fraccion C5 - Cy 28.64 2510 36.63 34.02 19.92

|Fraccion C,o - C20 50.62 51.21 35.86 40.46 59.45

Fraccion C,,* 2.94 7.13 10.64 10.90 9.18

€0C



Table E.4. Summary of Operating Conditions, Conversions, Selectivity and Hydrocarbon distribution... contd...

Run # 17-31 | 17-32 _17-33 17-34 | 17-35 17-36 17-37 | 17-38 17-39 17-40| 1741 1742 17-43 | 1744 1745
Operating conditions

Temperature, °C 209 | 209 209 209 | 215 215 215 | 220 220 220 | 221 221 27 215 215
{Pressure, MPa 133 | 162 152 152 | 152 152 152} 152 152 152 | 152 152 152 ] 152 152
GHSV b 372 360 360 360 360 360 360 390 390 390 210 210 210 210 210
Ratio H,/CO, mol/mol 2 2 2 2 2 2 2 2 2 2 2 2 2 2 2
Operation time, h. 24 24 24 26 | 230 230 230 | 235 235 235 ]| 240 240 240 | 24 24
Operation on stream, h. 851.5] 8755 8995 90255]|9485 9715 9945)] 1018 10415 1065 ] 1089 1113 1137 | 1161 1185
Experimental Resuits

% CO conversion 730 | 7.8 8.1 82 | 121 1161 1325[1708 1858 1656 2655 28.19 2802 | 17.13 14.79
% H; conversion 630 | 8.1 79 624 ] 135 1263 1425|1934 1964 1964|2769 3059 3063} 1882 16.12
Mass (H,+CO)in, g 383113707 3707 40163553 3553 3553|3933 3933 3033]2162 2162 2162|2162 2162
Mass (gases) out, g 3472 331 335 3598| 311 3158 3093)3278 325 331 |1591 158 16.19) 183 18.41
Mass (H.0 ) out, g 1.61 164 1.7 189 | 245 226 249 | 346 3752 324 | 2968 336 323 | 191 1.95
Mass (HCy ) out, g 1051 108 103 124 ] 152 121 151 ]| 187 223 187 | 181 207 205}] 102 09
Overall mass balance % 97.572]96.574 97.761 97.385]98.705 98.649 98.311]96.898 97.844 97.152|95.689 98.196 99.306(98.196 98.335
Oxygen mass balance % 98.56 | 978 9798 981519892 99.01 9887 | 97.34 9801 98.23] 97.56 9892 99.35] 98.67 99.05
Products Distribution

CO; selectivity, %w/w 0.00 0 01 019 ]| 203 196 144 | 374 281 301|106 319 3024 235 035
H,0 selectivity, %w/w 58.24 | 57.79 581 578315416 5425 54735227 5355 53.18|55.08 53.05 53.13| 54 5534
HC selectivity, %wiw 41.76 | 42.21 418 4199|4381 43.79 4383|4398 4364 43814386 43.76 4385] 43.65 44.31
Hydrocarbon Distribution

Fraccion C, 4.82 4.69 77 46 472

Fraccion C,-C, 12.86 10.9 9.87 12.11 12.25

Fraccion Cs - Cy 28.64 26.09 26.01 24,05 20.72

Fraccion C,g - C20 50.62 55.31 49.64 47.15 5.58

Fraccion Cy," 2.94 3.01 10.71 12.09 16.73

14174



Table E.4. Summary of Operating Conditions, Conversions, Selectivity and Hydrocarbon distribution... contd...

Run # 17-46 | 17-47 17-48 17-49] 17-50 17-51 17-52 ] 17-53 17-54 17-55| 17-56 17-57 17-58 | 17-59 17-60
Operating conditions

Temperature, °C 215 209 209 209 209 209 209 215 215 215 215 215 215 215 215
Pressure, MPa 162 | 152 152 152 | 152 152 152 ]| 152 152 152|073 073 073 ]| 073 0.73
GHSV,h' 210 | 210 210 210 | 264 264 264 | 264 264 264 | 222 222 222 | 210 210
Ratio Hx/CO, mol/mol 2 2 2 2 2 2 2 2 2 2 2 2 2 2 2
Operation time, h. 24 | 235 235 240 )] 240 240 240 | 240 235 235 | 240 240 240 240 240
Operation on stream, h. 1209 112325 1256 1280 | 1304 1328 1352 | 1376 1399.5 1423 | 1447 1471 1495 | 1519 1543
Experimental Resuits

% CO conversion 17.33| 1263 1513 1229| 906 9.5 99 [ 1737 1741 1691] 139 121 12| 102 9.07
% H, conversion 18.82 1 11.79 1449 1164]| 978 935 937 | 1677 1768 1832| 145 132 1096] 82 7.81
Mass (H,+CO)in, g 2162|2117 2117 2162|2718 27.18 27.18| 27.18 2661 2661|2286 2286 2286( 2162 2162
Mass (gases) out, g 1823|1848 1783 19.02| 244 241 2397|2276 2165 21.81] 201 2037 2006| 194 1962
Mass (HOuqu0) OMt, g 189 | 145 176 131 ] 127 136 146 | 256 256 245 | 145 143 146} 123 112
Mass (HCquq) OUt, g 104 | 078 122 102|097 099 102 166 171 181 | 075 062 067 | 0.76 056
Overall mass balance % 97.872|97.827 98.299 98.751|98.013 97.314 97.314|99.264 97.407 97.219| 97.55 98.075 97.069/98.936 98.52
Oxygen mass balance % 98.451 9815 99.05 991 | 988 9856 98.75| 99.3 99.01 98559765 9952 986 | 99.15 98.03
Products Distribution

CO, selectivity, %ww 172 | 088 091 043 ]| 025 032 0.15 22 228 239 ] 481 354 485 ] 321 345
H,0 selectivity, %wiw 5502 | 5564 56.7 56.23]|56.12 557 5663|5469 5428 5325|5256 5227 5243|5358 46.41
HC selectivity, %w/w 4326 1 4348 4239 4334|4363 4398 432214311 4344 4436|4263 4419 4272]| 43.21 50.14
Hydrocarbon Distribution

Fraccion C, 343 3.10 an 3.52 11.3

FraccionC; - C, 6.59 12.72 9.87 7.02 8.33

Fraccion C5 - Cq 16.52 27.55 28.1 19.85 17.74

Fraccion C,, - C20 48.06 47.21 49.5 53.65 47.44

Fraccion Cy," 25.4 9.42 7.43 15.96 15.19

s02



Table E.4. Summary of Operating Conditions, Conversions, Selectivity and Hydrocarbon Distribution .... contd....
Run # 17-61 ] 1762 1763 17-64 | 1765 17-66 1767 | 1768 1769 17-70} 17-71 17-72 17-73| 17-74 17-75
Operating conditions
Temperature, °C 215 222 222 222 215 215 215 209 209 209 222 221 221 222 222
Pressure, MPa 1.1 073 073 073|073 073 073|073 073 073|073 073 073}1073 073
GHSV,h! 210 234 234 234 234 234 234 234 234 234 210 210 210 300 300
Ratio H/CO, mol/mo) 2 1 1 1 1 1 1 1 1 1 2 2 2 2 2
Operation time, h, 240 | 270 230 200 | 240 260 240] 250 170 260 ) 480 230 240 | 270 24
Operation on stream, h. 1567 ) 1594 1617 1637 | 1661 1687 1711 | 1736 1753 1779 ] 1827 1850 1874 | 1901 1925
Experimental Results
% CO conversion 879 11269 1166 108 | 396 722 678 ]| 318 348 289 | 192 1882 187 } 1391 1543
% H, conversion 8.45 11892 2089 21.78) 1584 1493 1733] 1106 893 994 | 1878 1729 1763 13.23 1156
Mass (H,+CO), g 2162 | 38.71 3298 2868|3441 37.28 3441|3585 2437 37.28 | 4334 2117 2162|3475 31.37
Mass (gases) out, g 195613358 2906 2519] 315 3402 3159|3334 2256 3508|3567 1737 1694 | 3042 2693
Mass (H,04,.0) OUt, g 113 1 253 207 169 | 075 135 113|091 079 094 | 447 206 275 ] 258 252
Mass (HCyqu0) out, g 065 ) 202 131 126 | 069 112 1.01 | 0.82 0.7 079 | 235 101 153 | 1.39 128
Overall mass balance % 98.705198.502 98.363 98.117)95.728 97.881 98.024|97.824 98.687 98.739]|98.039 96.552 98.15 |98.964 97.96
|Oxygen mass balance % 99.12 | 9891 988,76 98.91| 97.65 98.01 9832 98.75 98.7 9893(99.23 9785 98.45) 99.08 99.32
Products Distribution
|CO, selectivity, %ww 334 | 398 379 429 | 074 049 048 | 099 098 089 | 497 596 6512 632 463
H,0 selectivity, %wiw 5245 {5482 5386 5265)4935 5559 5593|5491 5531 5513|5277 51.78 51.76| 5224 54.28
HC selectivity, %wiw 44.21] 412 4234 43.06] 4991 4393 4359] 44.1 4371 4398|4277 4226 4312|4244 41.09
Hydrocarbon Distribution
Fraccion C, 10.5 1.47 2.81 341 139
Fraccion C, - C, 9.37 3.66 4.51 8.49 8.88
ﬁFraccion Cs-Cy 15.15 5.29 7.98 12.18 17.06
Fraccion C,q - C20 47.51 51.49 50.67 46.86 40.59
Fraccion C,,* 17.47 38.10 34.03 29.07 19.57

80¢



Table E.4. Summary of Operating Conditions, Conversions, Selectivity and Hydrocarbon Distribution .... contd....

Run # 17-76 | 17-77 17-78 17-79]| 17-80 17-81 17-82 | 17-83 17-84 17-85] 17-86 1787 17-88| 17-88 17-90
Operating conditions

Temperature, °C 222 222 222 222 222 222 222 220 220 220 230 230 230 230 230
|Pressure, MPa 073 ] 152 152 152 ] 182 152 152 ) 152 152 152 ) 152 152 152 152 152
GHSVh'! 300 | 390 390 390 | 504 504 504 | 432 432 432 | 432 432 432 | 360 360
Ratio H,/CO, mol/mo! 2 2 2 2 2 2 2 2 2 2 2 2 2 2 2
QOperation time, h. 230 | 240 240 240 | 240 200 190 ]| 270 220 220 | 240 240 240 ) 210 23
Operation on stream, h. 1948 { 1972 1996 2020 | 2044 2073 2092 | 2119 2141 2163 | 2187 2219 2235 ) 2256 2279
Experimental Results

% CO conversion 1541 ] 1545 1667 1567 ) 934 105 1079|1331 1396 1273 181 1713 182 [ 2426 25.02
% H, conversion 1181|1291 1387 1315| 702 983 972 {1129 1123 1294 | 192 18.03 17.79] 2246 23.05
hMass (H,+CO)in, g 29.6 | 40.17 40.17 40.17] 5191 6273 411 | 50.06 40.79 4079] 445 445 445 | 3244 36.15
Mass (gases) out, g 26.08] 3294 3194 3302|4724 56289 37.31| 4340 3511 3572 36.67 3797 37.87| 2542 28.82
Mass (H,Oq.0) 0Ut, g 221 | 3.47 3.9 368 {2445 327 208 | 341 298 285 | 397 404 412 | 399 4.01
Mass (HCjquq) OUL, g 095 | 231 245 202|125 214 119 | 24 162 151 | 201 189 197 | 178 182
Overall mass balance % 98.784] 96.39 9532 96.39 1]98.122 98.356 98.735|98.302 97.352 98.259|95.843 98.652 98.787|96.147 95.851
Oxygen mass balance % 9890} 978 9801 98.76]| 98.56 99.01 99.19] 989 9832 9880|9745 989 9891 974 97.82
Products Distribution

CO, selectivity, %wiw 545 ] 4.19 41 404 | 515 4.5 437 ] 433 386 387 | 476 452 447 | 474 4581
H,0 selectivity, %w/w 65349 | 54 539 541 | 5719 5441 5475| 538 5451 5466|5199 5264 5353|5286 52.334
HC selectivity, %wiw 41.07 | 41.81 42 4186 | 3766 41.08 40.88 | 41.88 41.64 4146 | 43.25 4284 41.99]| 42.35 4286
Hydrocarbon Distribution

Fraccion C, 6.46 376 593 528 488

Fraccion C,-C, 14.41 7.45 12.32 11.11 13.18

Fraccion Cs - Cg 343 33.24 29.96 28.77 34.22

Fraccion C,, - C20 32.33 44.28 45.01 45.28 37.01

Fraccion Cp," 12,50 11.27 6.78 9.58 10.61

L0¢



Table E.4. Summary of Operating Conditions, Conversions, Selectivity and Hydrocarbon Distribution .... cont,d....

Run # 17-91 ] 17-92 17-93 17-84 ] 17-95 17-96 17-97 | 17-98 17-99 17-100{17-101 17-102 17-103}17-104 17-105
Operating conditions

Temperature, °C 230 | 230 230 230 | 230 230 230 | 229 229 229 | 229 229 229 | 220 229
Pressure, MPa 1.52 | 152 162 152 152 152 152 | 162 152 152 | 162 152 152} 152 152
GHSV ! 360 | 276 276 276 | 210 210 210 | 240 240 240 | 306 306 306 | 372 372
Ratio Hx/CO, mol/mo! 2 2 2 2 2 2 2 1 1 1 1 1 1 1 1
Operation time, h. 250 | 25 22 220|220 220 260 )| 230 210 260 | 220 240 230 | 240 24
Operation on stream, h. 2304 | 2329 2351 2373 ]| 2395 2417 2443 | 2466 2487 2513 | 2535 2559 2582 | 2606 2630
Experimental Resuits

% CO conversion 2436 | 34.19 3215 31.37]3939 3921 3967| 292 1664 1383|1059 1209 11.58| 957 8.23
% H, conversion 22321 30.77 31.3 2978|4073 3901 4016| 28.3 3815 3795] 3191 3217 30.74| 235 2198
IMass (H,+CO), g 3861] 2061 2608 26061986 1986 2348|3382 3088 3823|4125 45 43.12) 547 547
Mass (gases) out, g9 31.055] 2092 18.54 18.73| 13.04 1328 15.19 | 26.91 25.72 32.61{ 36,53 38.99 38 | 48.82 48.78
Mass (H.0pua) out, g 476 5.1 437 412 ]| 413 405 486 | 3.78 223 261 ] 239 219 239 | 278 291
Mass (HCy 4} out, g 216 | 302 255 273|213 207 276 | 187 198 198 ] 178 167 186 | 199 201
Overall mass balance % 98.355|98.075 97.698 9B.158] 97.18 97.684 97.147|96.274 96.924 97.306|98.667 95.222 97.982|97.971 98.172
IOxygen mass balance % 98.40 | 98.67 98.10 9845| 98.50 98.30 9845 | 97.75 9748 98.01]98.75 97.1 9801 98.3 98.2
Products Distribution

CO, selectivity, %wiw 449 | 403 418 434 | 447 429 435 | 388 584 687 | 665 530 570 581 543
H,0 selectivity, %ww 53.17 | 5366 53.82 5347|5235 5292 5260|5695 5046 48.13] 4746 4968 4938 | 4861 50.45
HC selectivity, %w/w 42,34 1 42.30 42.00 4219]43.18 4279 43.04 | 39.17 4370 45.00] 4589 45.02 4492 ] 4559 44.12
Hydrocarbon Distribution

Fraccion C, 4.55 3.49 3.34 2.58 273
FraccionC,-C, 11.87 9.38 8.7 6.97 7.23

Fraccion Cs - Cg 31.9 28.25 26.03 16.05 16.87

Fraccion C,o - C20 40.59 46.32 47.06 50.66 51.65

Fraccion C,,* 11.09 12.56 14.86 23.74 21.53
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Table E.4. Summary of Operating Conditions, Conversions, Selectivity and Hydrocarbon Distribution .... contd....

Run # 17-106]17-107 17-108 17-109117-110 17-111 17-112]17-113 17-114 17-115{17-116 17-117 17-118{17-119 17-120
Operating conditions

Temperature, °C 230 222 222 222 222 222 222 229 229 229 230 230 230 220 220
Pressure, MPa 152 | 1.52 1.52 1.52 1.07 1.07 107 1.07 1.07 107 | 059 059 059} 162 152
GHSV,h*! 372 372 372 372 402 402 402 402 402 402 402 402 402 390 390
Ratio Hy/CO, mol/mol 1 1 1 1 1 1 1 1 1 1 1 1 1 2 2
Operation time, h. 240 | 23 24 260 | 230 240 2401 220 240 240 | 240 240 2401 240 240
Operation on stream, h. 2654 | 2677 2701 2727 | 2750 2774 2798 | 2820 2844 2868 | 2892 2916 2940 )| 2964 2988
Experimental Results

% CO conversion 787 | 545 645 71 574 6.25 6.03 79 1025 107 56 602 581 | 1893 17.76
% H, conversion 2255)] 1731 1798 18.81]| 1561 161 1537|2568 222 2243 13.16 1323 1295| 10.06 1445
Mass (H,+CO)in, g 547 | 5242 547 59261 56.65 59.15 59.15]| 5419 5915 59.15| 590.15 59.15 59.15| 40.17 40.17
Mass (gases) out, g 4936 ]| 48.11 4812 54595201 5396 5441|4906 5319 53471 549 547 548 | 31.79 3367
Mass (H;O0,0u0) OUL, @ 2.31 134 154 212 | 177 175 187 | 212 312 301 174 1.1 166 | 3.89 352
Mass (HCy,0) OUt, g 1.58 1.4 136 167} 1683 1.5 145 | 1.9 198 214|135 127 111 ] 203 202
Overall mass balance % 97.367] 97.00 93.272 98.515|97.635 96.737 97.60 | 97.97 98.546 99.10 |98.039 97.515 97.329|93.876 97.61
|Oxygen mass balance % 98.45| 9735 9744 9895|9835 9765 97.73]9832 9859 9891|9845 97.32 97.45] 97.98 98.01
Products Distribution

CO, selectivity, %wiw 581 | 526 372 395 ) 448 465 479 ) 642 456 427 | 711 5988 652 | 228 243
hH,O selectivity, %wiw 486114809 487 5082 50.16 5092 5047|4691 5194 5243|4923 50.21 50.13 | 57.88 5547
HC selectivity, %w/w 4558 | 4665 4498 4523 | 4536 4443 4474 ]| 4666 4349 43.31{ 4366 4381 43.36| 39.83 4214
Hydrocarbon Distribution

Fraccion C, 3.25 5.93 272 1.85 3.32

Fraccion C, - C, 7.38 48 6.07 481 6.83

Fraccion Cs - Cg 17.01 8.42 14.42 15.98 18.46

Fraccion C,o - C20 52.28 51.37 46.59 52.09 42.75

Fraccion C,,’ 20.09 29.49 30.2 25.26 28.63
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Table E.4. Summary of Operating Conditions, Conversions, Selectivity and Hydrocarbon Distribution .... cont'd....

Run # 17-121]17-122 17-123 17-124[17-125 17-126 17-127]{17-128 17-129 17-130
|Operating conditions
Temperature, °C 220 221 224 221 229 229 229 229 229 229
Pressure, MPa 152 ) 152 1562 152 ] 162 152 152 ) 034 034 034
GHsVh* 390 | 378 378 378 | 378 378 378 | 402 402 402
Ratio H,/CO, mol/imo)} 2 3 3 3 3 3 3 3 3 3
Operation time, h. 240 | 23 26 230 ] 240 240 240 | 24 24 240
Operation on stream, h. 3012 | 3035 3061 3084 | 3108 3132 3156 | 3180 3204 3228
Experimental Resuits
% CO conversion 18.32 | 2559 3196 3264} 5522 561 5686 ) 1883 19.19 2054
% H, conversion 1331 ] 23.04 2135 2329 | 441 43.65 4233|1381 1582 136
Mass (H,+CO)in, g 40.15| 27.97 3162 27.97|29.18 29.18 29.18} 31.03 3103 3103
Mass (gases) out, g 3363 | 2232 2417 21.06]| 175 17.72 1711} 27.711 2679 26.37
Mass (HzO40u0) OUL, g 385 ] 361 488 453 | 764 801 858 | 228 3.07 3.19
Mass (HCqq) out, g 2127} 167 207 187 | 338 259 267|068 068 078
Overall mass batance % 98.648198.677 98.419 98.177|97.738 97.053 97.19 | 98.84 98.421 97.776
Oxygen mass balance % 98.76 | 98.75 98.9 98.35| 98.47 96.01 97.57 | 989 98.56 98.1
Products Distribution
CO; selectivity, %wiw 233 | 278 255 261 ) 446 523 557 | 158 308 335
H,0 selectivity, %wiw 56,33 ) 50.89 5356 52.87 ) 50.57 50.79 50.24 | 53.64 5142 5297
HC selectivity, %wiw 41.34 1 46.34 4389 4452§4497 4406 4419] 448 4549 4368
Hydrocarbon Distribution
Fraccion C, 3.76 17.87 7.95 13.54
Fraccion C, - C, 9.84 12.91 214 15.35
Fraccion Cgs - Cq 36.17 31.65 50.88 34.35
Fraccion C,q - C20 41.16 34.31 15.78 34.75
Fraccion C,,* 9.07 3.26 2.79 2.01
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APPENDIX F: Program for the estimation of the kinetics
parameters

Appendix F.1. Main Program used to call UWHAUS and Model subroutines

. Main prog example for uwhaus

program uwmain

parameter(nobmax=100,npmax=15)
parameter(nscrat=5"npmax+npmax*2 +2*nobmax +npmax"nobmax)
parameter (nprob=1)

dimension scrat(nscrat)

dimension signs(npmax),diff(npmax)
dimension th(npmax)

¢ X1=PH2 X2=PCO (MPa), r=(RH2+CO), t= Temp (K)
dimension X1(nobmax), X2(nobmax),r(nobmax), t(nobmax)

character*3 filein*30, fileout*30
real tav, tsum

common X1,X2tav, t
external model

write(*,”) ‘enter name of input data file'
write(*,”) 'enter name of output data file'
read(*,'(A30))ileout

open(5 file=filein)
open(6.file=fileout)

write(*,*) 'enter the number of parameters and observations'
read (*,*) np,nob
write(6,") 'Number of parameters and observations are:’

do 10 i=1, nob
read(5,") X1(i),X2(i).r(i). t(i)
write(6,*) X1(i),.X2(i), r(i), t()

10 continue
c

doi=1,np

signs(i)=0.

diff(i)=.01

enddo

c set pre-exponential parameter to retain the given sign
signs(1)=1.

¢ set activation energy to retain the given sign
signs(2)=1.
signs(3)=1.

¢ set variables used in UWHAUS
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c

eps1=.0000001
eps2=.0000001
mit=999
flam=.1
fnu=10.

write(6,100)
100 format ('the initial guesses are:')
doi=1,np
read(5,")th(i)
write(6,") th(i)
enddo

tsum=0.0
doi=1, nob
tsum= tsum-+t(j)

enddo
tav=tsum/nob
write (6,") tav

call uwhs(nprob,model,nob,r,np.th,diff,signs,eps1,eps2,
1 mit,flam,fnu, scrat)

close(5)

close(6)

stop

end
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Appendix F.2: Subroutine model

subroutine model(nprob.th.f,nob,np)
dimension th(*), f(*}, X1(100),X2(100), t(100)
common X1,X2, tav, t
real tav
do i=1,nob
¢ Model 1 Power law

f(i)=th(1)*exp((-1.*th(2)/8.314)*(14(i)-1/tav))*X2(i)**th(3)
1 *X1(3i)™th(4)

¢ Model Iglesia
f(i)=th(1)"exp((-1.*th(3)/8.314)*(1A(i)- 1Rav))
c *X1(i)**th(4)*X2(i)th(5)/( 1 +th(2)*X2(i)**1)

[¢]

O

Model Sarup and Wojciechowski
f(i)=th(1)*exp((-1."th(3)/8.314)*(1/t(i)-1/tav))*X2(i)*th(4)
c 1 *X1(i)"th(5)/(1+th(2)*X2(i)**th(4))**2

(g]

Model Rautavuoma and van der Baan model
f(i)=th(1)*exp((-1.*th(3)/8.314)*(1/t(i)-1/av))*X2(i)**th(4)
1 *X1(i)*th(5)/(1+th(2)*X2(i)"*th(4))**3

0O00

Model Anderson
f(i)=th(1)"exp((-1.*th(3)/8.314)*(1/(i)-1/tav))*X2(i)**th(4)
1 *X1(i)"th(5)/(1+th(2)*X2(i)*th(4)*X1(i)*th(5))

o000

enddo
return
end
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APPENDIX G: Program for the PO reactor simulation.

Appendix G.1 PO REACTOR SIMULATION
C PROGRAM REACTOR “PBREACT PROGRAM’

(:Qtiit'i'ﬁtiﬂtﬂ*ﬁtﬁ't‘tﬁt'i*tﬂitti*tiit*itii"'iitti"t"tﬁﬁﬁ't***iﬁ*'

PSEUDOHOMOGENEUS ONE DIMENSIONAL MODEL
FOR THE SIMULATION OF THE SINGLE-TUBE P.O REACTOR

ARRRETRARERARRARAAARAREAAAAR AR RSAAARARRNAN A AAA AR AR ANT AN AR A TR ANARE R

o
o
C
C UPDATE 12" June 1998
C
Cc
Cc

DOUBLE PRECISION DT1, DZ, COf

DIMENSION NC(40), FM(40), NWMEZ(40)

REAL NC, NHCT, NCPA, NCP,NWMEZT ,NWMEZ

REAL NC2H2i,NH20i,NTi,NT,NH2i,NCOi,NCO,NH2,NC2H2,NH20
REAL KCO,KH2,C2H2KG,KH20,KG,KC

REAL REC,PRC,REG,PRG,PEMR KER,PT

REAL VCT(50000),vCTC(50000), VZ(50000),VTCTR(50000)
REAL COS(50000), H2S(50000),C2H2S(50000), H20S(50000)
REAL XT(50000),CONVCO(50000),Pco(50000), ntf(50000)

REAL MOL(6), TMOL(6)

(:"'*'tﬁ'ﬁ‘*'t#ﬁ"iiﬁ"it'iﬁtttiiiﬁiiﬁtii-.t*ﬁi'iﬁ'tﬁﬁiﬁ*ﬁﬂi"'**ﬁ*ﬁ*ﬁ*

Cc INPUT DATA
(:ti*iitﬁﬁtﬁiﬁtﬁititﬁ**'t*ﬁtitt’iiiﬁitﬁi'iita*iﬁi'ﬁiﬁt.ﬁt'i‘iititiititi*
WRITE (6.") 'Experiment number’
read (6,") num
write (6,*) Temperature gas in (C )’
read (6,") tgin
write (6,%) 'Inlet total pressure (MPa)'
read (6,") P
write (6,*) 'Inlet gas flow rate (Liters/minute)’
read (6,") flow
write (6,*) 'Coolant flow rate (kg/hr)'
read (6,") wc
write (6,") 'Inlet Coolant temperature (C )’
read (6,") tcin

HARARARRARETAARARREARAARAAAARR R A AN AN A AR ARRAARAARAARRRAAR RS

C

C INITIAL VALUES
TGIN=TGIN+273
TIN=TGIN-273
TCIN=TCIN+273
TCOLI=TCIN-273
T=TGIN
TC=TCIN



0004

00
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PT=P/0.10133
r=0.0105
d1=0.0266
d2=0.0351

DZ =0.01
ZZ=0.0

ZT=12.0
TN=1.0
X1=0.0
AK1=0.0
AK3=0.0
AK4=0.0
E =Activation energy = 129 KJ/mol = 29119 cal/mol
R = 1.987 cal/moi*K
EA =E/R

EA=14654.0
CORR1=Ko
Kinetic model 1
CORR1=2.19E+12

Kinetic model 2
corr1=143E+14

Kinetic model 3
CORR1=1.01E+14

Kinetic model 4
CORR1=7.00E+13

Kinetic model 5
CORR1=2.80E+13

AHr = -1683 Kj/mol = -38889 Kcal/lKmol CO conv.
AHR=-38889
NNN=0

ctmmmn*nm*nttn"ﬁtmnfnmmnmmnanmn«nst

Cc

C

OPEN FILE DATA2.TXT ( MOLES OF HIDROCARBONS FROMC1 TO C30)
OPEN (5, FILE ='DATA6.TXT")
REWIND (5)
i=
NT=0
DO 5 1=1,30
READ (5,10) NC(l)
10 FORMAT(16x,F9.7)
NHCT=NHCT+NC(l)
5 CONTINUE
LOOP FOR CALCULATION OF MOLAR FRACTION OF HIDROCARBONS FM(J)
FMT=0
REWIND (5)



216

DO 300 J=1,30
READ (5,10) NC(J)
FM(J)=NC(J)/NHCT
FML=FML+FM(J)
300 CONTINUE
C  CALCULATION OF THE MOLECULAR WEIGHT OF HIDROCARBONS
(NWMEZT)
M=0
REWIND (5)
MM=16
DO 400 M=1,30
NWMEZ(M)=FM(M)*MM
NWMEZT=NWMEZT +NWMEZ(M)
MM=MM+14
400 CONTINUE
C AVERAGE CARBON NUMBER OF THE HIDROCARBON FRACTION
NCP =0
DO 500 K=1,30
NCPA=FM(K)*K
NCP=NCP+NCPA
500 CONTINUE

Ciﬁtm."i"i"'i*tﬁ".mﬂi'"ﬁ"i"ﬁﬂ'"*"iﬁ'imi“mim’

CALCULATION OF MOLAR FLOW

FLOW = GAS OF SINTESIS FLOW RATE LTS/MIN
NTi= FLUJO DE MOLES INICIALES KGMOL/HR
NCOi= INLET MOLAR FLOW OF CO

NH2i= INLET MOLAR FLOW OF H2

NH20i= INLET MOLAR FLOW OF H20

NC2H2i= INLET MOLAR FLOW OF HIDROCARBONS
ALPHA= M OF THE ESTEQUIOMETRICA REACTION
OMEGA = N OF THE ESTEQUIOMETRICA REACTION
BETA = H2/CO RATIO

NT = MOLAR FLOW

NT= NTi (At 2=0)

OO0 OOO00

NC2H2i=0.0
NH20Qi=0.0
ALPHA=(NCP*2)+1
OMEGA = NCP
BETA=2.19

C INLET MOLES
NTi=FLOW*60.0/(22.4*1000)
NT=NTi

C INLETMOLES OF CO E H2
NCOi=NTi/(1+BETA)
NCO=NCOi
NH2i=NCOi*BETA
NH2=NH2i

C Openfile
open (1, file = 'Xmol1.txt')
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rewind (1)
DO13N=1,5
READ (1,1000) MOL (N)
1000 FORMAT (16X,F9.7)
SMOL = SMOL + MOL(N)
13 CONTINUE
REWIND (1)
DO1SNN=15
READ (1,10) MOL (NN)
TMOL(NN) = MOL(NN)/SMOL
15 CONTINUE
WTO = TMOL(1)*28 + TMOL(2)*2 + TMOL(3)*44 + TMOL(4)*18 +
1 TMOL(5)"NWMEZT
WT=(28"NCOi+2*NH2i)/(NCOi+NH2i)
C  CALCULATION OF MOLAR FLOW
9500 NT=NTi + (1-ALPHA)*X1
WT =(NCO*28 + NH2*2 + NH20"18 + NC2H2*NCP)/NT
NNN=NNN+1

(:'i'tf..ﬁt’iitii.'ii.itttt

C CALCULATION OF INLET GAS DENSITY GAS (H2 AND CO)

ARARERAAAERRNRAEARRARRAARNARAARARRANNR

NCOi = INLET MOLAR FLOW OF CO (KGMOL/HR)
NH2i = INLET MOLAR FLOW OF H2 (KGMOL/HR)
WTi = MOLECULAR WEIGHT OF GAS IN (KG/KMOL)
R =0.08200 (ATM*LTS)/(KMOL" K)
PT = INLET PRESSURE TOTAL (ATM)
GASD = GAS DENSITY IN (KG/M3)
GASD=(PT/0.08200/T)"WT

ARRAAARBARRAAREARRAARAAAAAACARARAAEARERANRRARARAANIRAAAR AR RAR AR ARRRRN

CALCULATION GAS SUPERFICIAL VELOCITY

V= GAS SUPERFICIAL VELOCITY (M/H)
V= NT/(3.14159*R**2*PT)*0.08208"T

ARXRARBRAARRAREARA AR AR AARAAR AR AANRA AR ARAARRARRARAAAARRARAN AN AARRAN

CALCULATION OF HEAT CAPACITY

CALCULATION OF HEAT CAPACITY OF THE HIDROCARBONS (OULET)
WHERE FM(l) = MOLAR HIDROCARBON FRACTION

QOOO0 0000 0000000

HYDROCARBON GAS PHASE
CALCULATION CP MEAN FOR THE GAS FRACTION
cpc1=(25.36+168.678E-04"1+713.121E-07*1"2-408.371E-10°t**3)*FM(1)
cpc2=(8.181+161.465e-03"t-400.710e-07"t**2-694.209e-11°t"3)*FM(2)
cpc3=(-5.338+310.239e-03"t-164.64e-06"t**2+346.908e-10"t"*3)"FM(3)
cpcd=(-1.78+386.961e-03*-193.255¢-06***2+348.326e-10"t"3)'FM(4)
cpc5=(-3.411+485.009e-03"1-251.94e-06"**2+486.767e-10"1"*3)"FM(5)
cpcB=(-4.738+582.41e-03"t-310.64e-065"1*2+629.232e-10"t"*3)"FM(6)
cpc7=(-5.619+676.93e-03"t-363.95¢-06"**2+740.735e-10"t**3)*FM(7)
CPCB=(-7.477+777.47e-03"t-428.442e-06"t"2+917.635¢-10"t"*3)"FM(8)
cpcO=(-8.386+872.155¢-03"t-482.164e-06"t""2+103.11e-09"t**3)"FM(9)
cpc10=(-9.30+966.713e-03"t-535.09e-06"t*2+113.89e-09"t*3)*FM(10)

OO0
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cpc11=(-11.24+106.784e-02"t-600.95e-06*t"*2+132.4e-09"t""3)*FM(11)
cpc12=(-12.18+116.265e-02"t-654.55e-06*t"*2+143.6e-09"t"*3)*"FM(12)
cpc13=(-13.15+125.77e-02*t-708.69e-06"t**2+155.1e-091*t**3)*FM(13)
cpc14=(-14.95+135.79e-02"t-772.74e-06"t"*2+172.59e-09"t**3)*FM(14)
cpc15=(-15.97+145.32e-02*t-826.97e-06"t"*2+184.07e-09*t**3)*FM(15)
cpc16=(-17.07+154.83e-02"t-880.61e-06"t"*2+195.15e-09*t"*3)*"FM(16)
cpc17=(-18.72+164.83e-02"t-945.0e-06*t*"2+213.020e-09"t**3)*FM(17)
cpc18=(-19.57+174.25e-02"t-997.55e-06"t**2+223.64e-09"t**3)*FM(18)
cpc19=(-20.5+183.732e-02*t-105.14e-05"t**2+235.09e-09"t"*3)*FM(19)
cpc20=(-22.42+193.82e-02"t-111.63e-05"t**2+252.93e-09"t**3)*FM(20)
cpc21=(-16.201+1.9984*t-0.001186"t**2+2.391e-07*t**3)*FM(21)
cpc22=(-17.11+2.09384"t-0.001173*t**2+2.51e-07"t**3)"FM(22)
cpc23=(-18.019+2.18884"t-0.0012274"t"*2+2.63e-07"t**3)*"FM(23)
cpc24=(-18.928+2.28384"t-0.0012818*t"*2+2.75e-07"t**3)*FM(24)
cpc25=(-19.837+2.37884"t-0.0013362*t**2+2.87E-07*t*"3)*FM(25)
cpc26=(-20.746+2.47384*t-0.0013906*t"*2+2.986e-07"t**3)*FM(26)
cpc27=(-21.655+2.56884"t-0.001445"t**2+3.105e-07*t"*3)*"FM(27)
cpc28=(-22.564+2.66384"t-0.0014994"t"*2+3.23e-07*t""3)*FM(28)
cpc29=(-23.473+2.75884"t-0.0015538"t**2+3.34e-07*t**3)*FM(29)
cpc30=(-24.382+2.85384"t-0.0016082*t**2+3.462e-07"t**3)*FM(30)

C  CALCULATION OF THE AVERAGE HEAT CAPACITY OF THE

Cc HIDROCARBONS (OULET)
cpC2H2=cpc1+cpc2+cpe3+cped+cpeS+cpeb+epe7+cpe8+cpc9+cpc10+
1 cpcl11+cpet2+cpci3+cpei14+cpeci1S5+cpc16+cpc17+cpe18+cpe19+cpc20
1 +cpc21+cpc22+cpc23+cpc24+cpc25+cpc26+cpc27+cpc28+cpc29+cpc30

C CALCULATIONS OF HEAT CAPACITY OF THE GAS SINTESIS (UNREACTED)

AND

C THE H20

CPCO=(2.90063e+01+2.49235e-03"t-1.86440e-05"t"*2+4.79889e-08

1 *t**3-2.87266e-11*t""4)

CPH2=(1.76386e+01+6.70055e-02"t-1.31485e-04"t**2+1.05883e-07

1 *t**3-2.91803e-11't""4)

CPH20=(3.40471e+01-9.65064e-03"t+3.29983e-05"t**2-2.04467e-08

1 *1**3+4.30228e-12"t**4)

CPCO2=19.87+7.344E-2*T-5.602E-5*T**2+1.715E-8"T**3

CALCULATIONS OF THE AVERAGE HEAT CAPACITY (CPGAS OUT) CPGAS
AND HEAT CAPACITY TOTAL CPGAST
CP KCAL/(KG HR)
T=K
CPGAS = (CPCO*TMOL(1) + CPH2*TMOL(2) + CPCO2*TMOL(3) +
1 CPH20*TMOL(4) + CPC2H2*'TMOL(S))

cpgas = (cpco*nco/nt) + (cph2*nh2/nt) + (cph20*nh20/nt) +

1 (cpc2h2*nc2h2/nt)

CPGAS = (cpgas/WT)*0.2389

wa"m ARRN

390000

AARRRTRAE

Cc CALCULATION OF GAS VISCOSITY

Cc UG =KG/ (HM)

c HYDROCARBON GAS PHASE

Cc CALCULATION uG MEAN FOR THE GAS FRACTION

UGC1=(3.8435 +4.0112E-01"t -1.4303E-04*t**2)*FM(1)*3.6e-04
UGC2=(0.5142 +3.3449e-01"t -7.1071e-05""*2)*"FM(2)*3.6e-04



C
C

UGC11+UGC12+UGC13+UGC14+UGC15+UGc16+UGc17+UGc18+UGc19+UGc20
+UGc21+UGc22+UGc23+UGc24+UGc25+UGc26+UGC27+UGc28+UGe29+UGce30

UGC3=(-5.4615 +3.272e-01"t -1.0672e-04"t"*2)*"FM(3)*3.6e-04
UGC4=(-4.9462 +2.900e-01"t -6.9665e-05"t"*2)*"FM(4)"3.6e-04
UGC5=(-3.2016 +2.675e-01*t -6.6178e-05"t"*2)*"FM(5)*3.6e-04
UGC6=(-8.2223 +2.623e-01"t -5.7366e-05"t"*2)*"FM(6)*3.6e-04
UGC7=(-10.378 +2.441e-01"t -5.4003e-05"t"*2)*"FM(7)*3.6e-04
UGC8=(3.9404 +1.664e-01"t +1.4470e-05"t""2)"FM(8)"3.6e-04
UGC9=(-6.8021 +1.869e-01"t +3.4929e-07"t**2)*"FM(9)"3.6e-04
UGC10=(-7.2970 +1.8508e-01"t -4.8008e-068"t"*2)*"FM(10)*3.6e-04
UGC11=(-10.044 +1.8311e-01"t -6.9885e-06"t"*2)"FM(11)*3.6e-04
UGC12=(-12.217 +1.8099e-01"t -8.9955e-06"t""2)"FM(12)*3.6e-04
UGC13=(-10.691 +1.6482e-01"t -1.8752e-06"t"2)"FM(13)*3.6e-04
UGC14=(-10.397 +1.5708e-01"t +1.0229e-06*t"*2)"FM(14)"3.6e-04
UGC15=(-11.516 +1.5643e-01"t -6.6776e-07"t"*2)*"FM(15)*3.6e-04
UGC16=(-13.585 +1.6007e-01"t -5.5846e-06"t"*2)"FM(16)*3.6e-04
UGC17=(-6.1661 +1.2965e-01"t +1.9105e-05*t"*2)*"FM(17)*3.6e-04
UGC18=(-6.9467 +1.2597e-01"t +2.2320e-05"t""2)*"FM(18)*3.6e-04
UGC19=(-7.6815 +1.2181e-01"t +2.5813e-05"t""2)"FM(19)*3.6e-04
UGC20=(-7.9886 +1.1866e-01"t +2.7167e-05"t""2)"FM(20)*3.6e-04

UGC21=((2.8375e-7*1"*6.2562e-1)/(1+(7.0216e+21t)))*FM(21)*3600
UGC22=((2.7626e-7*1*6.2625e-1)/(1+(7.0084e+21t)))"FM(22)*3600
UGC23=((2.7013e-7"t""6.2634e-1)/(1+(6.9950e+21)))"FM(23)*3600
UGC24=((2.6670e-7"t"*6.2528e-1)/(1+(6.9999e+2/t)))*FM(24)*3600
UGC25=((2.6350e-7"1"*6.2421e-1)/(1+(6.9965e+21t)))*FM(25)*3600
UGC26=((2.6118e-7*1"*6.2258e-1)/(1+(6.9931e+2/t)))*FM(26)*3600
UGC27=((2.5989e-71*6.205%-1)/(1+(6.9898e+2/)))*FM(27)*3600
UGC28=((2.5860e-7*t**6.1860e-1)/(1+(6.9864e+2/t)))*FM(28)*3600
UGC29=((2.5833e-7"1"6.221 1e-1)/(1+(6.9823e+2/)))"FM(29)*3600
UGC30=((2.5806e-7*t"6.2562e-1)/(1+(6.9843e+2/1)))*FM(30)*3600

CALCULATION OF THE AVERAGE UG OF THE
HIDROCARBONS (OULET)
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UGC2H2=UGc1+UGc2+UGc3+UGc4+UGe5+UGe8+UGE7+UGc8+UGc9+UGe10+

1

1

c
C CALCULATIONS OF VISCOSITY OF THE GAS SINTESIS (UNREACTED) AND

Cc

Ci

c
C

THE H20
UCO=(23.8114 + 5.3944e-01"t -1.544 1e-04"t**2)*3.6e-04
UH2=(21.87 + 22.2e-02"T - 37.51e-06"T*"2)*3.6e-04
UCO2=(11.8109 +4.9838e-01"t -1.0851e-04"t"*2)*3.6e-04
UH20=(-31.89 + 41.45e-02"T - 8.272e-06"T"*2)"3.6e-04

UG=(UCO*NCO"28"*0.5 + UH2*NH2*2"*0.5 + UGC2H2*"NC2H2*NCP**0.5
1 + UH20*NH20*18**0.5)/((NCO*28**0.5 + NH2*2"*0.5 +NC2H2*NCP**0.5

1 + NH20*18**0.5)

-

THERMAL CONDUCTIVITY OF THE PRODUCTS
KG = KCAL / (H M K)
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HYDROCARBON GAS PHASE +

C  CALCULATION k MEAN FOR THE GAS FRACTION
GKC1=(-0.00935 +1.4028E-04"t +3.3180E-08"t**2)*FM(1)
GKC2=(-0.01936 +1.2547e-04"t +3.8298e-08"t"*2)*FM(2)
GKC3=(-0.00869 +6.6409e-05" +7.8762e-08*t"2)*FM(3)
GKC4=(-0.00182 +1.9396e-05"t +1.3818e-07t"2)*FM(4)
GKC5=(-0.00137 +1.8081e-05" +1.2136e-07*t"2)*FM(5)
GKCB=(-0.002 +7.7788e-06"t +1.3824e-07t**2)*FM(6)
GKC7=(-0.00172 +1.6565€-05" +1.0525e-07*t*2)*FM(7)
GKC8=(-0.00213 +1.8456€-05"t +9.4775e-08t**2)*FM(8)
GKC9=(-0.00655 +3.2637e-05"t +7.7150e-08"t**2)*FM(9)
GKC10=(-0.00113 +8.1090e-06"t +9.6092e-08"t**2)*FM(10)
GKC11=(0.01364 -4.83030e-05"t +1.4396e-07"t*2)*FM(11)
GKC12=(-0.00812 +2.9150e-05"t +7.1085e-08*t**2)*FM(12)
GKC13=(-0.00784 +2.7116e-05" +7.0226e-08"t**2)*FM(13)
GKC14=(-0.0018 +1.0242e-05"t +7.7727e-08*t**2)*FM(14)
GKC15=(-0.00723 +2.3158e-05"t +6.7125e-08"**2)*FM(15)
GKC16=(-0.00671 +2.0080e-05"t +6.7235e-08"t**2)*FM(16)
GKC17=(-0.00124 -6.3091e-06"t +8.1047e-08"t**2)*FM(17)
GKC18=(-0.00172 +6.6775e-07"t +7.2881e-08"t**2)*FM(18)
GKC19=(0.00153 -7.5609e-06"t +7.4184e-08*1**2)*FM(19)
GKC20=(0.00154 -7.5268e-06"t +7.0837e-08"t**2)*FM(20)

(o]

GKC21=((-2.6715e+2*t**1.0733E+0)/(1+(-6.5516E+9/t)))*FM(21)
GKC22=((-3.0066e+2"t**1.0755E+0)/(1+(-7.7071E+9A)))*FM(22)
GKC23=((-2.5776e+2*t**1.0776E+0)/(1+(-6.8755E+9/t)))"FM(23)
GKC24=((-2.4993e+2"t**1.0794E+0)/(1+(-6.9191E+9/t)))*FM(24)
GKC25=((-2.8856e+2"t**1.0812E+0)/(1+(-8.2449E+9/t)))"FM(25)
GKC26=((-1.7616e+2"t**1.0827E+0)/(1+(-5.2175E+9/t)))"FM(26)
GKC27=((-1.8902e+2"t**1.0833E+0)/(1+(-5.7749E+9/t)))*FM(27)
GKC28=((-2.0188e+2"t**1.0853E+0)/(1+(-6.3323E+9/t)))*FM(28)
GKC29=((-2.3715e+2*t**1.08733E+0)/(1+(-6.3516E+9/t)))*FM(29)
GKC30=((-2.7402e+2"t**1.00876E+0)/(1+(-9.0319E+9/t)))*FM(30)
C CALCULATION OF THE AVERAGE K OF THE
C HIDROCARBONS (OULET)
C2H2KG=GKc1+GKc2+GKc3+GKcd+GKeS5+GKe8+GKe7+GKe8+GKe9+GKe10+
1
GKC11+GKC12+GKC13+GKC14+GKC15+GKc16+GKc17+GKc18+GKc19+GKc20
1
+GKc21+GKc22+GKc23+GKc24+GKc25+GKe26+GKC27+GKe28+GKe29+GKc30
C CALCULATIONS OF THERMAL CONDUC. OF THE GAS SINTESIS
(UNREACTED) AND
C THEH20
KCO=(-0.012 + 1.0208e-04"T -2.2403e-08*T**2)
KH2=8.099E-3 + 6.689E-4"T - 4.158E-7*T**2 + 1.562E-10*T**3
KH20=7.341E-3 - 1.013E-5*T + 1.801E-7*T**2 - 9.1E-11*T**3
KCO2 = -7.215E-3 + 8.015E-5*T + 5.477E-9*T**2 -1.053E-11*T**3

KG=(KCO*NCO"28"*0.33 + KH2*NH2*2**0.33 + C2H2KG*NC2H2*NCP**0.33
1+ KH20*"NH20*18**0.33)/(NC0*28**0.33 + NH2*2**0.33 +NC2H2*NCP**0.33
1 +NH20*18*0.33)



KG = KG*0.8598

Ct***“t“imﬂimﬁt“'m“if.*m’"*“mﬁ”i*ﬁm‘"i"tﬂmiﬂ

C CALCULATION COOLANT HEAT CAPACITY ( KCAL / (KG K) )
CPC=0.00035*TC+0.348

C."ﬁ"iﬂ"ﬂmimwtﬁﬁ*i”mﬂmi”m"*mimﬁi"ﬂi

C CALCULATION OF THE COOLANT DENSITY (KG /CUB.M)
DCOL=-0.4125*TC+1141.5

Ct*wm#mtmntmmmnnntmntnfntmnanmmm

C CALCULATION OF THE COOLANT VISCOSITY (KG/ (H M) )
UC=-0.0026*TC + 3.137

C.ﬁi*m“'*'”i*hm.ﬁt“itm‘l"i“mﬂ“tﬂ'mﬁiﬁ*"'"i"'mt'

C COOLANT THERMAL CONDUCTIVITY ( KCAL/(HMK))
KC=-0.00005*TC + 0.1267

Ctﬁi“ﬁt'ﬁ"ﬁi"“ﬁ"mtimltm"ﬁm”m.ﬁm'ﬂt“*."ii

C CALCULATION COOLANT FLUX (KG/(H SQM))

c WC = COOLANT FLOW (KG/H)
WMC=(WC)/(3.14159/4.*(D2**2-D1**2))

Cnmtnmammmamnnnt“tmntnwnmmn'nmntnth

C CALCULATION DIAMETER EQUIVALENTE
DE=(D2**2-D1**2)/D1

C RERRRARARARERAREARAAAAARER AR ARARAAARARAAAAAARAARAAARAARARAANAASAAARARRY

C CALCULATION U FROM CORRELATION
Cmmmmnmtnmnﬁmcnm ARARNRAARARAARRARRNRRARE N
Cc CATALYST EQUIVALENT DIAMETER

DP=0.0028
C REYNOLDS COOLANT

REC = 0.0015*WMC/UC
C PRANDTL COOLANT
Cc

PRC=CPC*UC/KC
sessersssanes JACKET HEAT TRANSFER PARAMETERS ****+**retsressressss
HOUT=KC/0.0015*(0.203*REC**(1./3.)"PRC**(1./3.)+0.22"
1 REC*0.8'PRC*0.4)
GAS FLUX
GG=V"GASD
REYNOLDS GAS
REG=DP*GG/UG
PRANDTL GAS
PRG=CPGAS"UG/KG
EFFECTIVE DIFFUSIVITY
DER=V*DP/(10.*(1.+19.4*(DP/(2."R))*2))
PECLET GAS
PEMR=V*DP/DER
EFFECTIVE THERMAL CONDUCTIVITY
KER=KG*(6.7+PRG*REG/PEMR)
WALL HEAT TRANSFER PARAMETER
AW= KG/DP*EXP(0.077+0.523*ALOG(REG))
BIOT NUMBER
BIOT=AW'R/KER
sewsreamens O\ERALL HEAT TRANSFER PARAMETER
U1 = 1./(1./HOUT+1./AW+R/(4.*KER))
u=u1

RRAARNRY

0O O O O O O O O O
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C CALCULATION OF COEFFICIENTS OF THE DIFFERENTIAL EQUATIONS
A=(3.14158"R""2)
B1=(-AHR)/(V*CPGAS"GASD)
C=(2.0*U)/((V*CPGAS*GASD"R)
D=(2.0*3.14159"R*U"tn)/(WC*CPC)

C ARRARRAR AR AR A AN AN AR REARANAAARARREAAARIAAERTA A AAOAAAARRAT AR NRN AN NAY

o]
c

Cc

DIFFERENTIAL EQUATIONS RESOLUTION WITH RUNGE-KUTTA
AXIAL STEP PROGRESSION
22=2Z+DZ

CALL RUNGE (EA,CORR1,AK10,AK30,AK40,X1,T,TC,P,NH2i,

1 NT,ALPHA,NCO,NCOi,NH2,NC2H2,NC2H2i,NH20,NH20i,OMEGA Pt, NTi)
X11=X1+AK10/2.0"DZ
T1=T+AK30/2.0"DZ
TC1=TC+AK40/2.0"DZ

CALL RUNGE (EA,CORR1,AK11,AK31,AK41,X11,T1,TC1,P,
1NH2i,NT ,ALPHA NCO,NCOi,NH2, NC2H2,NC2H2i,NH20,NH20i,0MEGA,Pt,NTi)
X12=X1+AK11/2.0"DZ
T2=T+AK31/2.0*DZ
TC2=TC+AK41/2.0'DZ

CALL RUNGE (EA,CORR1,AK12,AK32 AK42,X12,T2,TC2,P,
1NH2i,NT , ALPHA ,NCO,NCOi,NH2,NC2H2,NC2H2i,NH20,NH20i,O0MEGA, Pt, NTi)
X13=X1+AK12"DZ
T3=T+AK32'DZ
TC3=TC+AK42'DZ

CALL RUNGE (EA,CORR1,AK13,AK33,AK43,X13,T3,TC3,P,

1NH2i,NT ALPHA, NCO,NCOi,NH2,NC2H2,NC2H2i,NH20,NH20i,0MEGA, Pt, NTi)
EXTENT OF REACTION

DX1=(DZ/6.)*(AK10+(AK11*2.0)+(AK12*2.0)+AK13)
X1=X1+DX1

GAS TEMPERATURE
DT1=(DZ/8.)*(AK30+(AK31*2.0)+(AK32*2.0)+AK33)
T=T+DT1

COOLANT TEMPERATURE
DTC=(DZ/6.)*(AK40+(AK41*2.0)+(AK42"2.0)+AK43)
TC=TC+DTC

CENTER TEMPERATURE
TCTR=T+(T-TC)*.25"BIOT/(1+0.25*BIOT)

TEMPERATURE CONVERSION FROM KELVIN TO CELSIUS
CT=T-273
CTC=TC-273
CTCTR=TCTR-273

Pco(NNN)= (NCOINT)*P
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CONVCO(NNN) = ((NCOI-NCO)/NCOI)*100
VCT(NNN)=CT

VCTC(NNN)=CTC

VTCTR(NNN)=CTCTR

VZ(NNN)=2Z

Cc COUNTER
IF (ZZ.LT.ZT) GOTO 9500

NRAAAEARANRBARANAARA AR AR ARAARAAANAR AR ARARAAARAR AW

C OUTPUTFILE
[ Shiibibibddddi bbb bbb b bttt
OPEN (6,FILE="CALOR")
WRITE (6.,6)
6 FORMAT (///'20x| "*"'i“iﬁﬁﬂ’“mimﬁmﬁmm.lIl'zox'
1 ' SIMULATION ONE-DIMENSIONAL MODEL',/,20X,
1 l"'"'“im“m"“'mm.“'""!)
WRITE (6,11) NUM
11 FORMAT (//,5X, 'EXPERIMENT NUMBER',14)
WRITE (6, 12)
12 FORMAT (”/'zox‘ vman'mmnw"annnwntnamnv' /.20X,
1 ' INPUT VALUES FOR THE SIMULATION'/,20X,
1 ISR ARERANRES ARERR l'I,)
WRITE (6,16) TIN
16 FORMAT ('INITIAL TEMPERATURE OF GAS '20X,F6.2' C"
WRITE (6,18) FLOW

18 FORMAT (INITIAL GAS FLOW 18X,F8.2, liter/min')
WRITE (6,20) BETA

20 FORMAT ('H2/CO RATIO ",20X,F6.2)
WRITE (6,22) P

22 FORMAT (TOTAL PRESSURE "19X,F6.1, MPa)
WRITE (6,34) TCOLI

34 FORMAT ('INITIAL TEMPERATURE OF COOLANT ',17X,F6.1,' C')
WRITE (6,36) WC

36 FORMAT (COOLANT FLOW ' 19X,F6.1," Kg/h')
WRITE (6,28) NTi

28 FORMAT(INLET MOLES TOTAL ' 20X,F9.6," Kmol/hour')
WRITE (6,30) NH2i

30 FORMAT(INITIAL MOLES OF H2 ' 20X,F9.6,* Kmol/hour')
WRITE (6,32) NCOi

32 FORMAT(INITIAL MOLES OF CO ' 20X,F9.6, ' Kmol/hour')
WRITE (6,38) AHR

38 FORMAT (ENTHALPY OF REACTION',25X,F9.2,' Kcal/kmol CO converted')
WRITE (6,40) CORR1

40 FORMAT ('KO OF THE REACTION ',21X,E20.3,' m3/m3 cat/s',/)
WRITE (6,42)

42 FORMAT (///,20X,' TR = 1,20X,
1 ' CALCULATED VALUES DURING THE SIMULATION',/,20X,
1 [} tnmmmmtt)
WRITE (6,50) NT

50 FORMAT (MOLAR FLOW "21X,F6.3,' Kmolhour')

WRITE (6.52) GASD



52 FORMAT('GAS DENSITY '20X,F6.3,' Kg/m3')
WRITE (6,54) V

54 FORMAT('GAS SUPERFICIAL VELOCITY  '13X,F15.5," m/h)
WRITE (6,56) CPGAS

56 FORMAT('GAS HEAT CAPACITY '119X, F8.4,' Kcal/ C/Kg')
WRITE (6,58) UG

58 FORMAT('GAS VISCOSITY OUT '21X,F5.3,"' Kg/m/h')
WRITE (6,60) KG

60 FORMAT('GAS THERMAL CONDUCTIVITY OUT'21X,F7.3,' Kcal/ C/ m/h')
WRITE (6,70) REG

70 FORMAT (REYNOLDS GAS ',19X,F10.4)
WRITE (6,72) PRG

72 FORMAT('PRANDTL NUMBER GAS ',18X,F8.4)
WRITE (6,74) PEMR

74 FORMAT('PECLET GAS 19X,F5.2)
WRITE (6,76) BIOT

76 FORMAT ('BIOT GAS "20X,F5.2)

Cc

WRITE (6,62) DCOL

62 FORMAT('COOLANT DENSITY ‘19X, F5.1,' Kg/m3')
WRITE (6,64) UC

64 FORMAT('COOLANT VISCOSITY "21X,F5.3, ' Kg/m/h')
WRITE (6,66) KC

66 FORMAT('COOLANT THERMAL CONDUCTIVITY' 21X,F7.3,' Kcal/ C/ m/h')
WRITE (6,80) REC

80 FORMAT ('REYNOLDS COOLANT ",19X,F5.1)
WRITE (6,82) PRC
82 FORMAT ('PRANDTL COOLANT 20X, F5.2)
C
WRITE (6,78) KER

78 FORMAT (EFFECTIVE RADIAL THERMAL CONDUCTIVITY ',11X, F6.3,' Kcal
1/HIm/ C")
WRITE (6,84) HOUT

84 FORMAT('JACKET HEAT TRANSFER COEFFICIENT',16X,F8.3, Kcal/h/m2/ C'
1)
WRITE (6,86) AW

86 FORMAT(WALL HEAT TRANSFER PARAMETER °,18X,F8.3,' Kcallh/m2/ C')
WRITE (6,88) U1

88 FORMAT (‘U FROM CORRELATIONS ' 23X,F8.2 Kcalh/m2/ C'
1

C

WRITE (6,90)

90 FORMAT (20X, "*+++++rress ' 1,20X,
1 ' SIMULATED TEMPERATURE PROFILE' /20X,
1 IRERRRARR mmn’”)
WRITE (6,92) NUM

92 FORMAT (//,15X,'/RUN NUMBER ',i4,//)
WRITE (6,94)
DO Il = 1, NNN, 25
WRITE(8,98)VZ(IIl),VCT(I), VTCTR(I), VCTC(IN),Peo(lil),
1 CONVCO(lH)

224
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96 FORMAT(2X,F8.3,6X,F6.2,6X,F6.2,6X,F6.2,6X,F9.5,6X,F9.2)
94 FORMAT (6X, '2',10X, 'T", 11X, T",10X, 'Tc¢',14X,'Pco’,11X,'Xco',/)
end do
CLOSE (6)
END
Cmwmmmwmt”"“ﬁ"ﬁ"'“tﬁtﬁtmtﬁt”t”t"i*'
C SUBROUTINE RUNGE
SUBROUTINE RUNGE (EA,CORR1,AK1,AK3,AK4,X1,T,TC,P,NH2i,
1 NT,ALPHA,NCO,NCOi,NH2 NC2H2,NC2H2i,NH20,NH20i,OMEGA,Pt,NTi)

IMPLICIT DOUBLE PRECISION (A-H,0-2)

REAL AK1,AK3,AK4,X1,T, TC,NH2i,NT,ALPHA EA,CORR1,P,PT,NTi
REAL NCO,NCOi,NH2,NC2H2,NC2H2i,NH20,NH20i,OMEGA
REAL RCO

DOUBLE PRECISION KCO

c
C  EA=ACTIVATION ENERGY
C  AA=PRE-EXP.KIN. FACTOR
C  KCO =KINETIC PARAMETER
AA= (-EAT)
KCO=(0.4"60)*CORR1*EXP(AA)
c
C CALCULATION OF RCO
RCO=KCO*((NH2i-ALPHA*X1)/((0.0082°T)/PT)*(NTi+(1-ALPHA)*X1))
c
NH2=(NH2i-ALPHA*X1)
NCG=(NCO-OMEGA*X1)
NC2H2=(NC2H2i+X1)
NH20=(NH20i+OMEGA*X1)

¢ Calculation of Partial pressure
pcof=((abs(nco/nt))*P)**( 0.45)
ph2f=((nh2/nt)*P)**(0.945)

¢ model 1
Rco=Kco*pcof*ph2f

c model 2

C...... b=38.53

c Deno=(1+b"pcof)

¢  Rco=(Kco*pcof*ph2f)/deno

c model 3

Cuenen b=19.32

c Deno=(1+b"pcof)**2

¢ Rco=(Kco*pcof*ph2f)/deno

¢ model 4

Cenen b=12.22

¢ Deno=(1+b*pcof)**3

¢  Rco=(Kco*pcof*ph2f)/denc



model 5

...... b=4.6

Den6=(1 +b*pcof*ph2f)
Rco=(Kco*pcof*ph2f)/deno

DX1DZ=A*RCO
DTDZ=(B1*RCO)-C*(T-TC)
DTCDZ=D*(T-TC)
DTRCO=DTCDZ*1
OUTPUT
AK1=DX1DZ
AK3=DTDZ
AK4=DTCDZ
ALEX1=DTRCO
RETURN
END

226
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APPENDIX G.2. Program for estimation the heat of reaction

C PROGRAM HEAT
Cﬂ

dedrdrdririe i e Rk e dr ik ki ok

THIS PROGRAM IS USED FOR CALCULATE THE HEAT OF REACTION FOR
THE SYNTHESIS GAS CONVERSION TO HYDROCARBONS

UPDATE 02-15-97 Version 4.0
WE USED
AH1= MOLES IN (EACH REACTANT) * CP IN (AVERAGE) * (T2-T1)
AH2= MOLES (EACH PRODUCTS)*AH for(EACH PRODUCTS)
AH3= MOLES OUT (EACH PRODUCTS)" CP OUT (AVERAGE) * (T3-T2)

AHR = AH1 + AH2 + AH3 (KJ/Kmol)

ARRRRAREARRRRAAT RN A ANEAAARAARN NN AN ARNRANRARRNRANARAAR AR RAAAAARARAANS R AR TRAR RN

QOO O000O0000O00O00O0

DIMENSION NC(50)
REAL NC, NHCT

REAL NTi,NT,NH2i,NCOi
REAL MOL(6)

C AARARRAAANARRAANRARAAARRARRARA AR A AARA RN A ARA AR RAARAAARA R AR RARRARNAAAAARARANAASAR

Cc INPUT DATA
Cti"”t"'"i"ti'*"i*"mt*ﬁ*“'m"t"*"'"mﬁ"ﬂ"i"im.*it""*ﬁ*

WRITE (6,”) 'Experiment number’

read (6,") num

write (6,”) Temperature gas in (C )’

read (6,") tgin

write (6,") Temperature gas out (C )’

read (6,") tgout

write (6,”) 'Inlet gas flow rate (Liters/minute)’

read (6,*) flow

WRITE (6,*) 'CO Conversion '

read (6,") Conv
c
Cc
C INITIAL VALUES

TGIN=TGIN+273

TGOUT=TGOUT+273
Cmnﬁmn
Cc
C OPEN FILE DATA2.TXT (MOLES OF HIDROCARBONS FROM C1 TO C30)
C

R

AAERRARAWATRAARAR A AL RAAAARAERAANRARAARARARARRNRNAR

RARRERRRNR

RARRR

W

OPEN (5, FILE = 'DATA6.TXT)
REWIND (5)

I=0

NT=0



DO 5 1=1,30
READ (5,10) NC()
10 FORMAT(16x,F19.17)
NHCT=NHCT+NC(!)
5 CONTINUE
C RATIOH2/CO
BETA=2.0
C INLET MOLES
NTi=FLOW"60.0/(0.082*298.0*1000.0)
NT=NTi
C INLET MOLES OF CO E H2
NCOi=NT/(1+BETA)
NH2i=NCOi*"BETA
¢ CPGASIN
T1=tgin
T2=298
CPCO0=30.842-(0.012839/2)*(T1+T2)+(2.78767e-05/3)*(T1""2+
1 T1*T2+T2**2)-(1.271e-08/4)*(T1**3+T1**2*T2+T1*T2**2+T2**2)

CPH2=27.14+(0.009274/2)*(T1+T2)-(1.381e-05/3)*(T1**2+

1 T1*T2+T2**2)+(7.645e-09/4)"(T1**3+T1**2*T2+T1*T2"*2+T2**2)

CPMIN=NCOI*CPCO + NH2I*CPH2
C  AH1=AH REACTANTS

AH1= CPMIN*(T2-T1)
C  AHF1=AH FORMATION REACTANTS

AHF1=-110.54*1 + 0*NH2|
cttﬁﬁmtQt'"'*mW'ﬁt.itﬁﬂmn‘**mm’*ﬁ*“mﬁ“
c
C  OPEN FILE XMOL.TXT ( MOLES OF CO,H2,CO2,AND H20)
c

OPEN (1, FILE ="'XMOL1.TXT"

REWIND (1)

DO13N=15

READ (1,1000) MOL(N)
1000 FORMAT(16x,F15.12)
SMOL=SMOL+MOL(N)
13 CONTINUE

CLOSE (1)
c
C AH FORMATION OF THE PRODUCTS (HYDROCARBONS)
c

HFC1=-74.850.07960

HFC2=-84.680.00266

HFC3=-103.85%0.01143

HFC4=-126.15%0.00505

HFC5=-146.4470.00757

HFC6=-167.19*0.00866

HFC7=-187.78*0.00545

HFC8=-208.477%0.00402

HFC9=-229.147%0.00402

HFC10=-249.82*0.00389

228



229

HFC11=-270.487"0.0035

HFC12=-291.157"0.00324
HFC13=-311.827"0.00272
HFC14=-332.497"0.00246
HFC15=-353.167*0.00220
HFC16=-373.837°0.00195
HFC17=-394.507*0.00169
HFC18=-415.177"0.00156
HFC19=-435.847"0.00143
HFC20=-456.517"0.00130
HFC21=-477.187"0.00117
HFC22=-497.857"0.00104
HFC23=-518.527"0.00091
HFC24=-539.197"0.00078
HFC25=-559.867*0.00071
HFC26=-580.537"0.00065
HFC27=-601.207"0.00058
HFC28=-621.877"0.00052
HFC29=-642.547"0.00047
HFC30=-663.217"0.00043

SHFC=HFC1+HFC2+HFC3+HFC4+HFC5+HFC6+HFC7+HFC8+HFC9+HFC10+

1
HFC11+HFC12+HFC13+HFC14+HFC15+HFC16+HFC17+HFC18+HFC19+HFC20+

1
HFC21+HFC22+HFC23+HFC24+HFC25+HFC26+HFC27+HFC28+HFC29+HFC30

C AHFORMATION OF THE PRODUCTS
AHF2=(-110.54*0.0)+ (0.0*1.97) +(-393.51*0.01167)
1 + (-241.99*0.97774) + (SHFC)

C AH2=AH FORMATION (PRODUCTS - REACTANTS)
AHF1=AHF1*1000
AHF2=AHF2*1000
AH2=(AHF2-AHF1)*NCOi*CONV/100.0

Ci*“ﬁmtﬁmt” RARAARARARRARAAARARAARRRXLAR A ARTRRRAREARARRAARARARANRAR SR AR R A RRAN

CALCULATION OF HEAT CAPACITY

CALCULATION OF HEAT CAPACITY OF THE HYDROCARBONS (OULET)
HYDROCARBON GAS PHASE

oo XoNoNeNoNoNe

T2=tgout

T1=298
cpc1=(25.36+(168.678E-04/2)*(T1+T2)+(713.121E-07/3)*(T1**2+T1*T2
1+T2**2)~(408.371E-10/4)*(T1**3+T1**2*T2+T1*T2"2+T2**2))*"NC(1)
cpc2=(8.181+(161.465e-03/2)"(T1+T2)-(400.710e-07/3)*(T1**2+T1*T2
1+T2%2)-(694.209e-11/4)*(T1**3+T1*2*T2+T 1*T2*2+T2**2))*"NC(2)
cpc3=(-5.338+(310.239e-03/2)*(T1+T2)-(164.64e-06/3)*(T1"*2+T 1+T2
1+4T2**2)+(346.908e-10/4)*(T1**3+T 1**2*T2+T1*T2"*2+T2**2))*"NC(3)



cpcd=(-1.78+(386.961e-03/2)*(T1+T2)-(193.255e-06/3)*(T1**2+T1*T2
1+4T2%2)+(348.326e-10/4)*(T1+*3+T1**2*T2+T1*T2"*2+T2"*2))*NC(4)
cpc5=(-3.411+(485.008e-03/2)*(T1+T2)-(251.94e-06/3)"(T17*2+T1*T2
1+4T2+*2)+(486.76Te-10/4)*(T1**3+T1**2°T2+T1*T2*2+T2"2))*NC(5)
CpCB=(-4.738+(582.41e-03/2)*(T1+T2)-(310.64e-065/3)*(T1"*2+T1*T2
14T2%2)+(629.232e-10/4)*(T1+*3+T1**2*T2+T1*T2*2+T2**2))*NC(6)
Cpc7=(-5.619+(676.93e-03/2)*(T1+T2)-(363.95e-06/3)*(T1**2+T1*T2
1+4T2%2)+(740.735e-10/4)*(T1**3+T1**2*T2+T1*T2**2+T2**2))*NC(7)
CpCB=(-7.477+(777.47e-03/2)*(T1+T2)-(428.442e-06/3)"(T1**2+T1*T2
14T272)+(917.635e-10/4)*(T1+*3+T1**2*T2+T1*T2"2+T2"*2))*NC(8)
cpcg=(-8.386+(872.155e-03/2)*(T1+T2)-(482.164-06/3)*(T1**2+T1*T2
1+4T2%*2)+(103.11€-00/4)*(T1**3+T1*2T2+T1*T2"2+T2**2))*NC(9)
cpc10=(-9.30+(968.713e-03/2)*(T1+T2)-(535.09¢-06/3)*(T1**2+T1*T2
14T2%2)+(113.89e-09/4)*(T1**3+T1+*2*T2+T1*T2**2+T2**2))*NC(10)
cpc11=(-11.24+(106.784e-02/2)*(T1+T2)-(600.95€-06/3)*(T1**2+T1*T2
1+T2*2)+(132.4e-00/4)*(T1**3+T1**2*T2+4T1*T2"2+T2*2))*'NC(11)
cpc12=(-12.18+(116.265e-02/2)*(T1+T2)-(654.55€-06/3)*(T1**2+T1*T2
1+T2%2)+(143 6€-09/4)*(T1*3+T12*T2+T1*T2*2+T2"2))*NC(12)
cpc13=(-13.15+(125.77e-02/2)*(T1+T2)-(708.69e-06/3) (T1**2+T1*T2
14T2%*2)+(155.1-091/4) (T 13+ T1*2*T2+T1*T2"*2+T2**2))*NC(13)
cpc14=(-14.95+(135.79e-02/2)*(T1+T2)-(772.74e-06/3)*(T1**2+T1*T2
1+T2%2)+(172.59e-09/4)*(T1+*3+T1+*2*T2+T1*T2"2+T2**2))*NC(14)
cpc15=(-15.97+(145.32e-02/2)*(T1+T2)-(826.97€-06/3)* (T1**2+T1*T2
14T2+*2)+(184.07e-09/4)"(T1**3+T1"*2*T2+T1*T2*2+T2*2))*NC(15)
cpc16=(-17.07+(154.83e-02/2)*(T1+T2)-(880.61e-06/3)*(T1**2+T1*T2
14T2%2)+(195.15€-09/4)*(T1**3+T1**2*T2+T1*T2+2+T2**2))*NC(16)
cpc17=(-18.72+(164.83e-02/2)*(T1+T2)~(945.0e-06/3)*(T1**2+T1*T2
1+T2%2)+(213.020e-09/4)*(T1*3+T1**2*T2+T1*T2"2+T2**2))*NC(17)
cpc18=(-19.57+(174.25e-02/2)*(T1+T2)-(997.55€-06/3)*(T1**2+T1*T2+T
12+*2)+(223.64e-09/4)*(T1*3+ T1*2*T2+T1*T2**2+T2**2))"NC(18)
cpc19=(-20.5+(183.732¢-02/2)*(T1+T2)-(105.14e-05/3)*(T1**2+T1*T2+
1T2**2)+(235.09e-09/4)*(T1"*3+T1*2*T2+T1*T2**2+T2**2))*NC(19)
Cpc20=(-22.42+(193.82¢-02/2)*(T1+T2)-(111.63€-05/3)*(T1*2+T1*T2+
1T2*2)+(252.93€-09/4)*(T1+*3+T1*2*T2+T1*T2**2+T2**2))*NC(20)
Ccpc21=(-16.201+(1.9984/2)*(T1+T2)-(0.001186/3)(T1+*2+T1°T2+
1T2*+2)+(2.391e-07/4)*(T1**3+T12*T2+T1*T2**2+T2**2))"NC(21)
cpc22=(-17.11+(2.09384/2)*(T1+T2)-(0.001173/3)*(T1**2+T1*T2
14T2+2)+(2.51e-07/4)*(T1"*3+T1*2*T2+T1*T2**2+T2**2))*"NC(22)
CcpC23=(-18.019+(2.18884/2)*(T1+T2)-(0.0012274/3)*(T1**2+T1*T2
14T2+*2)+(2.629-07/4)*(T17*3+T1**2°T2+T1*T2**2+T2*2))*NC(23)
Ccpc24=(-18.928+(2.28384/2)*(T1+T2)-(0.0012818/3)*(T1**2+T1*T2
14T2+2)+(2.748e-07/4)*(T1™3+T12*T2+T1*T2"*2+T2**2))'NC(24)
Ccpc25=(-19.837+(2.37884/2)*(T1+T2)-(0.0013362/3)*(T1**2+T1*T2
14T2*42)+(2.867E-07/4)*(T1**3+T172°T2+T1*T2**2+T2"*2))"NC(25)
Ccpc26=(-20.746+(2.47384/2)*(T1+T2)-(0.0013906/3)*(T1+*2+T1*T2
1+T2%2)+(2.986€-07/4)*(T1"*3+T1*2*T2+T1*T2"*2+T2"2))*NC(26)
CPC27=(-21.655+(2.56884/2)*(T1+T2)-(0.001445/3)"(T1*"2+T1*T2+
1T22)+(3.105e-07/4)*(T1**3+T1**2°T2+T1*T2**2+T2*2))'NC(27)
CPC28=(-22.564+(2.66384/2)*(T1+T2)-(0.0014994/3)*(T1-2+T1*T2+
1T2**2)+(3.224€-07/4)*(T1**3+T1**2*T2+T1*T2"2+T2*2))*NC(28)
CPC29=(-23.473+(2.75884/2)"(T1+T2)-(0.0015538/3)* (T 172+ T1*T2+

230
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1T2**2)+(3.3433e-07/4)*(T1**3+T1"2*T2+T1*T2**2+T2**2))*"NC(29)
cpc30=(-24.382+(2.85384/2)*(T1+T2)-(0.0016082/3)*(T1*"2+T1*T2+
1T2**2)+(3.462e-07/4)*(T1**3+T1**2*T2+T1*T2**2+T2**2))*NC(30)

CALCULATION OF THE AVERAGE HEAT CAPACITY OF THE
HIDROCARBONS (OULET)

(eReNeNe]

¢pC2H2=cpc1+cpc2+cpc3+cpcd+cpeS+cpcB+cpe7+cpce8+cpcd+cpciO+
1 cpcli+cpci12+cpc13+cpctd+cpc1S+cpe16+cpecl17+cpci1B8+cpc19+cpc20
1 +cpc21+cpc22+cpc23+cpc24+cpc25+cpc26+cpc27+cpe28+cpc29+cpc30

C
C CALCULATIONS OF HEAT CAPACITY OF THE GAS SINTESIS (unreacted),C02
AND
C H20
o
CPCO=30.842-(0.012839/2)*(T1+T2)+(2.78767e-05/3)*(T1**2+
1 T1'T2+T2**2)~(1.271e-08/4)*(T1**3+T1"*2*T2+T1*T2*'2+T2"*2)

CPH2=27.14+(0.009274/2)*(T1+T2)-(1.381e-05/3)*(T1**2+
1 T1'T2+T2**2)+(7.645e-09/4)*(T1**3+T1**2*T2+T1*T2**2+T2**2)

CPH20=32.24+(0.00192/2)*(T1+T2)+(1.055e-05/3)*(T1**2+
1 T1'T2+T2**2)~(3.596€-09/4)*(T1"3+T1""2*T2+T1*T2""2+T2**2)

CPCO2=19.774+(7.344E-2/2)"(T1+T2)-(5.602E-5/3)*(T1**2+
1 TATT2+T2"2)+(1.715E-8/4)*(T1*3+T1*"2* T2+ T1*T2"2+T2"2)

CALCULATIONS OF THE AVERAGE HEAT CAPACITY (CPM OUT)

0000

CPMout = (CPCO*MOL(1)+ CPH2*MOL(2) + CPCO2*MOL(3)
1 + CPH20*MOL(4)+ CPC2H2*MOL(5) )
C AH3 =AH OF THE PRODUCTS
AH3= CPMOUT*(T2-T1)*2
C AHR = AH OF THE REACTIONS
AHR= AH1+AH2+AH3
AHRR = (AHR*0.2389)/(NCOi*CONV/100.0)
¢ OUTPUT
open (200, file="AHR")
write (200,200)
200 format (////,22x,"******
1 ' HEAT OF REACTIONS ' ,/.22X,
1 ' 'mnm”)
WRITE (200,202) NUM
202 FORMAT (25X,'EXPERIMENT NUMBER',15,//)
write(200,204) NTi
204 format('MOLES IN',32X,F10.6,/ Kmoles/h')
WRITE (200,230) NCOi
230 FORMAT('MOLES CO IN',29X,F10.6,' Kmoles/h')

m*mnmnv'llzzx'




WRITE (200,240) NH2i

240 FORMAT('MOLES H2 IN',29X,F10.6,/ Kmoles/h')
write (200,250) CPMIN

250 format('CP GAS in (mean) ',118X,F15.6,' Kj/kmol')
write(200,210) CPMOUT

210 format('CP PRODUCTS (mean)',17x,f15.6,' Kj/kmol')
write (200,220) AHF1

220 format('AH FORMATION REACTANTS', 12X,F15.5" KJ/kmol')
wRITE (200,260) AHF2

260 FORMAT ('‘AH FORMATION PRODUCTS '8X,F15.5,' Kj/Kmol')
WRITE (200,290) AH2

290 FORMAT('AH FORMATION OF THE REACTIONS',5X,F15.5,' KJ/h")
WRITE (200,280) AH1

280 FORMAT ('AH REACTANTS '8X,F15.5; Kj/h)
WRITE (200,300) AH3

300 FORMAT (‘AH PRODUCTS '10X,F15.5," Kjh')
WRITE (200,310) AHR

310 FORMAT (‘AH OF THE REACTION ' 9X,F15.5,' Kjh')
WRITE (200,320) AHRR

320 FORMAT ('AH OF THE REACTION  '9X,F15.5,' Kcal/lKmol CO CO
1NV h')

CLOSE (200)
END

232
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